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FOREWORD

These proceedings describe in detail the status and range of R&D activities in coal conversion supported by Energy,
Mines and Resources Canada through CANMET’s contract research programs. Government participation is either
through the Shared-Cost Energy Conversion Program or the Unsolicited Proposal route. Both programs are adminis-
tered by the Science Branch of Supply and Services Canada and are highlighted in the February 1985 issue of its
Research and Development Bulletin.

The five sessions of these proceedings cover a wide spectrum of CANMET R&D interests from direct coal liquefaction
to gasification and coprocessing. However, not all contract work could be included for presentation due to time and
budget constraints. Also, the special session on coprocessing (Session V) was not based on contracts but on invited
presentations by current leaders in the field.

Some of the major accomplishments of the contract programs since the last contractors' review meeting held in 1982
are discussed. The Sandwell Group have brought their CENTRAX deashing process much closer to demonstration.
B.C. Research and NSRFC have been able to continue their programs to evaluate the liquefaction behaviour of their
coals. The cooperative program with Japan has evolved into a second stage with a new group of Canadian coal
samples sent to Japan for experimental evaluation and study. The production of gasoline from coal rejects has been
shown to have economic potential in Western Canada using the gasification-synthesis route. Past emphasis at
CANMET on coprocessing has been justified based on the rapidly expanding increase in R&D activity worldwide.

Future directions of the contract program will place increased emphasis on fundamentals both in liquefaction and
coprocessing. For coal liquefaction, the aim will be to investigate novel concepts that might lead to reduced capital and
operating costs. In coprocessing, there is a need to bridge fundamental gaps with respect to basic understanding of
the complex interactions between the simultaneous liquefaction of coal and upgrading of heavy oil.

No attempt was made to enforce a uniform style on the authors. It was felt that due to the wide background among
participants from different countries, a more interesting and readable set of proceedings would be obtained with
minimum editing. Each session was followed by a discussion period which was recorded and transcripts are included
with the proceedings. An updated Contractors' Final Report List and Attendee List are also included for those seeking
more information.

James F. Kelly
Head, Coal Liquefaction
Energy Research Laboratories







AVANT-PROPOS

Le compte rendu donne une description detaillée de I'état actuel et de I'envergure des contrats de recherche et
développement sur la conversion du charbon appuyés par Energie, Mines et Ressources par l'intermédiaire des
programmes de recherche subventionnés du CANMET. La participation du gouvernement fédéral se situe soit a
I'intérieur d'un programme de conversion de I'énergie a frais partagés ou par voie de propositions non sollicitées. Les
deux programmes sont gérés par la Direction générale des sciences de Approvisionnement et Services Canada et
mis en relief dans le bulletin Recherche et Développement de février 1985 publié par ce Ministére.

Le compte rendu est divisé en cing parties (5 sessions) qui englobent les principales activités de R-D du CANMET, y
compris les procédeés de liquéfaction directe du charbon, la gazéification et le cotraitement. Cependant, en raison des
délais limités et des restrictions budgétaires, il a été impossible d’inclure des exposés sur tous les travaux effectués a
contrat. En outre, l'information contenue dans la partie traitant du cotraitement (Session V) ne provenait pas de
rapports d'activités effectuées a contrat mais de présentations données par des spécialistes dans la matiere.

Certains des principaux travaux exécutés dans le cadre du programme de recherche a contrat depuis la derniére
Réunion d'étude des entrepreneurs tenue en 1982 font I'objet de discussions. Le Sandwell Group a perfectionné son
procédé d'élimination des cendres (CENTRAX) au point d’en faire la démonstration prochaine. Le Groupe de
recherche de la C.-B. et la N.S.R.F.C. ont pu poursuivre des programmes ayant pour objectif I'analyse du comporte-
ment du charbon durant la liquéfaction. L'envoi d'un nouveau lot d'échantillons de charbon canadien au Japon a des
fins d'essais et d'évaluation a permis au programme de recherche conjoint avec le Japon de franchir une nouveile
étape. La production d'essence a partir de résidus de charbon semble étre économiquement rentable dans I'Ouest
canadien au moyen des procédés gazéification-synthése. L'importance accordée dans le passé au cotraitement par
le CANMET se justifie par I'accroissement rapide a I'échelle mondiale des activités de R-D dans ce domaine.

A Tl'avenir, les objectifs visés par le programme d’activités a contrat comprendront les éléments de base de la
liquéfaction et du cotraitement. En ce qui concerne la liquéfaction du charbon, on recherchera des concepts nouveaux
qui permettraient de réduire les colts des immobilisations et les colts opérationnels. Quant au cotraitement, il est
nécessaire d'améliorer la compréhension des interactions complexes entre la liquéfaction simultanée du charbon etla
valorisation de I'huile lourde.

Le compte rendu n’a fait 'objet d’aucune révision visant a améliorer le style des auteurs. Vue la vaste expérience des
participants des différents pays, on a cru qu'il serait ainsi possible de présenter des exposés plus intéressants.
Chaque session a été suivie d'une période de discussions lesquelles ont été enregisirées et dont copie est jointe au
compte rendu. Les documents renferment également une mise a jour de la liste des contrats, laquelle fait partie du
Rapport final des entrepreneurs, de méme qu'une feuille de présence, le tout a des fins d'information.

James F. Kelly
Chef, Section de la liquéfaction du charbon
Laboratoires de recherche sur I'énergie
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SESSION I: PAPER 1
THE SANDWELL CENTRAX DEASHING PROCESS

P.G. Groeneweg, S.L. Hodd"* and G. Teodosiu
Sandwell Beak Research Group (SBRG)

ABSTRACT

The separation of ash and unconverted coal from products of coal liquefaction or coprocessing of coal and heavy oil/
bitumen is a critical operation, significantly affecting the net yield of liquid products. The need for effective and cost-
efficient product recovery has stimulated the search for advanced deashing processes. This need is particularly acute
for the higher ash lignite and subbituminous coals of western Canada. The Sandwell Centrax Process, by extraction of
liquid products from solids using a process-derived extractant in specially configured stages, achieves complete liquid
product recovery and liquid free solids.

This paper reviews the importance of effective deashing in liquefaction and coprocessing, the current state-of-the-art
in the field, Centrax process concepts and the performance of Centrax deashing on coal liquefaction products derived
from Saskatchewan lignite and lllinois #6 bituminous coal. Preliminary economic models are presented that show the
Centrax process can reduce the cost of coal liquids by about 20%. Current programs to demonstrate and scale-up the
process are also described.

*denotes speaker




PRESENTATION 1
LE PROCEDE D’ELIMINATION DES CENDRES SANDWELL CENTRAX

P.G. Groeneweg, S.L. Hodd* et G. Theodosiu
Groupe de recherche Sandwell Beak (GRSB)

RESUME

La séparation de la cendre et du charbon non converti des produits provenant de la liquéfaction du charbon ou du
cotraitement du charbon et du pétrole lourd/bitume est une opération critique qui affecte sérieusement la production
nette de produits liquides. La nécessité d’'une méthode de récupération de produits efficace et rentable a stimulé la
recherche sur les procédés avancés d'évacuation des cendres. Ce besoin savére particulierement pressant dans le
cas du lignite et des charbons sub-bitumineux de I'Ouest du Canada qui produisent plus de cendres. Le procédé
Sandwell Centrax, qui consiste & extraire les produits liquides des solides en utilisant un produit d’extraction retiré a
des stades spécifiques du processus, permet la récupération compléte du produit liquide et des solides libres de
liquide.

La communication porte sur 'importance d'un procédé efficace d'élimination des cendres dans la liquéfaction et le
cotraitement, I'état actuel des connaissances dans ce domaine, les concepts propres au procédé Centrax et le
rendement de ce procédeé dans le cas des produits provenant de la liquéfaction du lignite de la Saskatchewan et du
charbon bitumineux lilinois n° 6. Les modéles économiques préliminaires qui sont présentés démontrent que le
procédé Centrax peut réduire d’environ 20 % le colt des liquides de charbon. On présente également les pro-
grammes en cours qui ont pour but de faire la démonstration du procédé et de le réaliser sur une grande échelle.

*indique le conférencier




THE SANDWELL CENTRAX DEASHING PROCESS

INTRODUCTION

The efficient separation of coal liquids from ash and residual unreacted coal is a long-standing problem in coal
liquefaction and a major obstacle to economic production of coal synfuels (1). Overcoming difficulties in deashing coal
liquefaction products has been the objective of many research investigations. At the last “Coal Liquefaction Con-
tractors' Review Meeting” we discussed the direction being taken by Sandwell to develop an advanced deashing
process aimed at the complete recovery of liquefied products from residual solids. Our approach, called Centrax*
separation, represents an innovative approach to the effective recovery of all synthetic hydrocarbons, including oil,
asphaltenes and pre-asphaltenes from solids, yielding an essential dry ash concentrate. In the course of our work we
have been able to demonstrate at bench-scale the effectiveness of the process with primary coal liquefaction products
derived from bituminous coal as well as lignite coals.

The Centrax process has complete flexibility with respect to its use as an inter-stage deashing step or as a final product
separation stage after closely coupled two-stage liquefaction. The performance of the process by its very nature is
independent of coal type, solids loading, and degree of product hydrogenation over a very wide range of variables.

This paper reviews the current status of Centrax development and describes the on-going development program.

STATE-OF-THE-ART IN DEASHING TECHNOLOGY

Several approaches to deashing have been taken and are discussed here as a background to the Centrax process.
The only commercially proven method is by vacuum distillation which serves to recover only distillable oils leaving an
unseparable mixture of solids and non-volatile liquid hydrocarbons. In order to reduce the amount of inseparable non-
volatile components remaining in the residual products, a high degree of hydrogenation is required prior to separation
by distillation. In order to maintain fluidity in the vacuum bottoms, the solids cannot be concentrated above 50%. The
residual vacuum bottoms are subsequently gasified to produce process hydrogen.

Advanced processes such as Critical Solvent Deashing and Anti-Solvent Deashing achieve a very high level of solids
separation from liquid products at the expense of precipitating some of the asphaltenes and most of the pre-
asphaltenes to increase the settling ability of residual solids. The ash concentrate can be concentrated to only about
50-70% requiring its ultimate gasification to obtain some residual value from this material (2).

The direct filtration of primary liquefied coal slurries has proved to be quite difficult as a result of high specific flow
resistance giving low average flow rates per unit area. Cycle times for filtration are in the order of three hours. The
addition of filter aids does not appear to be beneficial because of quantities required combined with the further
additional liquid retained by the expanded cake (1).

Centrifuges have also been tried with mixed success. Although separating efficiencies are higher than with hydro-
cyclones, high ash levels in the overflow (centrate) still result. The addition of an anti-solvent improves the centrate
clarity at the expense of a greater loss of liquid product in the centrifuge cake. A high-quality centrate cannot be
achieved if a large proportion of the pre-asphaltenes are to be recovered (3).

Finally, efforts are being made to minimize the need for deashing by removal of mineral matter prior to liquefaction or by
achieving high levels of distillate conversion prior to separation as a final stage. While beneficiation will reduce the level
of ashinthe liquefaction feed, it will not eliminate the need for the removal of solids from liquid products. Achange in the
mixture of the slurry solids composition could be detrimental to thermal conversion and solids' removal. Coal pre-
treatment in coal liquefaction or co-processing will in addition be feedstock dependent. Closely coupled two-stage
liquefaction reduces the amount of the non-distillable coal liquids prior to deashing. This should improve the operation
of solids' recovery but does not eliminate the need for final deashing. This improvement in product recovery is achieved
at the expense of catalytic hydrocracking in the presence of solids, and puts some limitation on the final product slate
and on the choice of recycle solvent properties.

The ability to recover coal liquids is dependent upon the extent to which the residual solids {ash and unconverted coal)
can be concentrated. Figure 1illustrates the relationship between primary product recovery in coal liquefaction and the
final solids concentration in the ash concentrate for both high ash Canadian lignite (20.4% ash MAF and 95.4%
conversion, MAF basis) and lllinois #6 coal (12.4% ash and 93% conversion, MAF basis).

This figure also shows that about 20% or more of the gross liquid product remains unrecovered when either vacuum
distillation or the external solvent deashing processes are employed. The Centrax deashing process features
complete liquid recovery by producing a cake essentially free of all liquids.

*Centrax is a Sandwell and Company Limited registered name.




CENTRAX PROCESS DESCRIPTION

Complete product recovery is accomplished in the Centrax process by the displacement of all the fiquids, including
oils, asphaltenes and pre-asphaltenes, from the solids using a specially selected but process-derived extractant.
Extraction and separation occurs in one or more integral stages using centrifugal forces to positively settle and
compact the cake. All coal-derived liquids are kept in solution by the extractant so that the process asphaltenes and
pre-asphaltenes are not co-precipitated with the solids in any part of the process.

In the final stage, the volatile extractant is recovered from the interstitial spaces of the solids cake, yielding a dry and
friable ash concentrate. Figure 2 illustrates one arrangement of the Centrax process that achieves the objectives of
complete product recovery.

PROCESS FEATURES
The Centrax deashing process features a number of significant and desired features, namely:

— complete product recovery

— minimal energy rejection in ash concentrate

— no external solvent use

- no evidence of retrogressive reactions occurring during deashing

— complete flexibility of incorporation into any coal liquefaction process arrangement
— high throughput.

Each of these is discussed separately.

Complete Product Recovery

The Centrax deashing process is totally effective in recovering oils, asphaltenes and pre-asphaitenes. This has been
demonstrated by a simulation of the Centrax process with products derived from Saskatchewan lignite and lllinois #6
bituminous coal. In the case of lignite product deashing, fresh materials were produced in Sandwell's 0.1 TPD PDU
using Estevan lignite and separated using the Centrax Deashing Process. The block diagram for this case is shown in
Figure 3 along with the results of the separation. An essentially liquid-free ash concentrate was produced.

Another series of tests were conducted with aged samples of products from Run 243 at the Wilsonville 6TPD pilot
plant. lllinois #6 bituminous coal was used in this run (4). In this series of tests a large number of Centrax
arrangements were studied at the laboratory bench-scale. These tests were conducted to optimize the Centrax
process variables with respect to the type and quantity of extractant, process conditions and configuration. Figure 4
illustrates that the Centrax process can achieve an ash concentrate devoid of liquid products. This complete product
recovery is significant in view of the short contact time operation (25-50% of normal SRC dissolver residence time) of
the Wilsonville plant during Run 243 as reflected in the high concentration of both asphaltenes and pre-asphaltenes in
the deashing feed.

Table 1 summarizes the liquid product recovery for both the case of Estevan lignite and lllinois #6 bituminous coal.
Within the limits of analytical accuracy, the liquid recovery was essentially 100% for both cases. The process
successfully extracted all the fractions, including the pre-asphaltenes, which are not recovered by other processes,
and the process-derived extractant.

In both series of tests, the ash concentrate was produced dry and free of liquids and the centrate contained less than
0.1% ash. In the case of the Wilsonville samples, some organic solids were present in the centrate. These solids are
denoted as quasi-solids (cresol soluble and THF insoluble) and are likely the result of sample aging. They are
expected to be reconverted to liquids upon subsequent upgrading.

Because the Centrax process recovers all liquids essentially free of solids there are numerous advantages in coal
liquefaction and coprocessing, namely: easier recycle solvent balancing, greater selectivity of recycle solvent streams
including those fractions with well-known, excellent solvent properties, as well as opportunities to tailor downstream
processing to the solids-free recovered products.

Minimal Energy Rejection in the Ash Concentrate

Energy rejection is defined as the fraction of feed coal heating value lost with the ash concentrate. It is an excellent
measure of the deashing efficiency. The heating value rejected in the ash concentrate is the sum of that available from




unreacted coal and unrecovered liquid products and solvents. The minimal level of energy rejection can be achieved by
the complete recovery of liquid products.

Figure 5 illustrates the significance of increasing the level of solids in the ash concentrate in order to reduce the amount
of energy rejected in the ash concentrate. Centrax deashing results in the minimum loss of energy in the ash
concentrate.

It can be argued that the energy remaining in the ash concentrate is required for hydrogen production and thus does
not represent an economic loss.

This is not so for several reasons:

— the majority of the energy is in the form of liquid hydrocarbons, which have already undergone at least
partial hydrogenation and heteroatom removal;

— due to recent advances in catalyst development for high molecular weight fractions the extra material
recovered by Centrax can be upgraded into valuable products;

— in the Canadian economic context, where the production of hydrogen by natural gas reforming is a
viable alternative, the complete recovery of liquid has a significant impact on the economics of coal
liquefaction, as will be shown later.

No External Solvent

In an attempt to increase the recovery of asphaltenes and pre-asphalienes, some processes employ the use of
external solvents. The use of these solvents adds to the operating cost of deashing and to the capital investment for
handling and recovering these valuable materials.

Centrax deashing uses only modest quantities of process-derived solvent as extractants. They are readily recovered in
the process without any measurable loss.

Product Stability

One disadvantage of inter-stage deashing for iwo-stage coal liquefaction which has been experienced by others is the
recondensation of reactive coal liquids into high molecular weight products between stages. This is often evident by an
increase of asphaltenes, pre-asphaltenes and even unreacted coal between the stages of coal dissolution and
hydrogenation. For this and other reasons, closely coupled process configurations are being investigated by several
process developers. ‘

One of the major benefits of Centrax deashing is that its process steps tend to stabilize the products so that no
evidence of regression into larger molecular weight fractions is found. In fact, Centrax deashing would appear to offer
the same advantage as close-coupling, namely: product stabilization and retention of asphaltene and pre-asphaltene
for further upgrading, without the need of carrying solids through the catalytic processing stages.

Process Flexibility

In order to make coal liquefaction a versatile and efficient process, it is necessary for the deashing step to be effective
for a wide variety of properties as could be expected from various coals and processing conditions. Table 1 has shown
that equally complete deashing can be achieved for such diverse coals as Saskatchewan lignite and lilinois #6
bituminous coal. In both cases, products of the non-catalytic solvent extraction process were successfully deashed.

In an exireme test of the Centrax process, primary products of Wilsonville Run 242 were processed. In this run, the
coal slurry bypassed the dissolver and received only a short contact time (SCT) reaction in the preheater(5). In this
case, for a Centrax process arrangement similar to Run 243 in Figure 4, the final ash concentrate was concentrated up
to 98.8% solids, with only a small amount of liquid product rejected.

Thus Centrax technology offers the potential of making solids separation efficient and independent regardless of the
severity of initial processing and creates the prospect for upgrading of deashed products, using conventional
hydrocracking technology in a solids-free environment.

High-intensity Deashing

Centrax separation is designed to occur rapidly with minimal space requirement. Separation is accomplished
positively and quickly without the need to reduce the volume of material to be deashed by prior vacuum distillation, an
operation which is also thought to contribute to product degradation.




ECONOMIC IMPACT OF IMPROVED DEASHING

The benefits of improved deashing technology are not illusory. A study conducted by Mitre Corporation (2) concluded
that in the general range of deasher performance, each per cent reduction in the rejection of liquid 450°C plus material
results in about a 1% reduction of the final product cost.

Our own study of the economics of two-stage liquefaction with Centrax deashing confirms this estimate. Figure 6
shows the positive impact of Centrax deashing on the cost of producing liquid fuels from lignite. The before tax cost per
barrel of coal liquid product for two levels of solid separation efficiencies and associated coal liquefaction processing
configurations have been computed using an interactive coal liquefaction financial model. The model calculates the
costper barrel on a 20-year life and levelized cost basis as applied to the case of two-stage liquefaction with inter-stage
deashing. Costs have been divided into capital charges, coal costs, other operation costs and the cost of purchased
natural gas, if required.

In case A, the ash concentrate contains 57% solids which are gasified to produce process hydrogen. Case B is defined
by 100% product recovery, as can be achieved by Centrax deashing, with hydrogen generated by gasification of coal
and residuals. Cases C and D examine the cost advantage of steam reforming natural gas, an option made possible by
efficient Centrax deashing. A natural gas price of $4.00 and $2.00 CDN/1000 SCF is used in cases C and D,
respectively.

This model confirms that product recovery through more effective deashing results in a substantial reduction in the cost
of synthetic coal liquids. Centrax deashing results in a lower cost per barrel of liquid product due to a reduction in plant
investment, amount of coal required and other operating costs. Hydrogen generation by natural gas further reduces
capital costs and coal requirements.

Figure 7 illustrates even more dramatically the impact of complete deashing by examining the before-tax return using a
discounted cash flow model at a debt/equity ratio of 40/60. The internal rate of return for a coal liquefaction project can
be increased by 7% due to complete product recovery by Centrax and up to 16% if natural gas at $2.00 CDN/1000 SCF
is used in place of gasification.

The economics of coal liguefaction is highly dependent on the effectiveness of the deashing step. Complete liquid
product recovery unique to Centrax deashing, impacts beneficially on the economics of coal liquefaction, making it an
economically attractive route to producing new liquid fuels.

FURTHER DEVELOPMENT OF CENTRAX TECHNOLOGY

The technical and economic benefits of Centrax deashing are such that it provides a strong incentive to proceed with
its development.

The strategic advantages of Centrax deashing, such as the options for hydrogen production from gas, flexibility in
location of the deashing step, obviation of the need to beneficiate coals, greater product mix capabilities and simpler
and proven plant unit operations, put the Centrax at the center of liquefaction process improvements.

At present a prototype Centrax separation/extraction unit is nearing completion and is planned to be operational later
this month. The prototype unit has a throughput capacity compatible on an intermittent basis with Sandwell's 0.1 TPD
coal liguefaction PDU and with much larger units on a continuous basis. Our program in 1985 calls for further process
and hardware development and demonstration of the Centrax process.
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Table 1 — Centrax liquid product recovery — test resuits

TABLE

Feed slurry Lignite (Estevan)* Bituminous (lllinois #6)**
component Feed Overflow  Ash conc. Recovery  Feed Overflow Ash conc. Recovery

Oils 88.0 89.1 nil 101.3% 50.2 49.6 nil 98.8%

Asphaltenes 4.3 3.6 nil 83.7% 24.2 233 nil 96.3%

Preasphaltenes 2.4 2.0 0.01 83.3% 15.2 14.8 nil 97.4%

Total liquids 947 947 0.01 100.0% 89.6 87.7 97.9%

2.9*** to 101.1%***

Solids 53 041 5.2 10.4 _01 9.3

Total 100.0 94.8 5.2 100.0 90.6 9.3

Extractant X X 100.0% X X 100.0%

Solids in Ash Concentrate 99.8% 100.0%

* Products of Sandwell’s 0.1 TPD Continuous Coal Liquefaction PDU
** Samples from Run 243 Wilsonville 6 TPD piiot plant

*** Quasi-solids (not present in fresh samples, part of liquid fraction)
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Product Recovery (% of Gross Liquid Yield)
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Fig. 1 - Product recovery vs ash concentrate

11




l Extracion!

Slurey I S?qu ! -
I | I Ligud Product 8
I I Exlractant
| Stage ( -~
] 2 H Lquid Praduct & .
I | Extractant
-
Stage [exractant
o 3
Dry Ash Cancentrate
Fig. 2 — Centrax deashing process
Extraciant
Y
Slurry o Liquid
0 880 o] 891
A 43 A 36
oa 24 Centrax on 20
s 53 Process s o
ToooY 948 vV
Extractant o
Ash Cancentrate o
o] 00
A
PA( 001
S 50
V9 Totals are ngrmahized 52

7 Unils gre scated tg 10D uniis of slurry feed to the
Ceniror Process on a weight bgsis

Fig. 3 - Separation of lignite-derived liquefied coal slurry (SBRG PDU product)




Extractont

Statry o Liqud
9 502 o 496
A 24 A 233
ra |25 22 Centrax PA U8B
B! Process w29
ASH 43 ASH_009
1000 507
Extraciant

o] 00
A 00
PA 00
uc 46
ASH 4.7

93

-4
Q
73
60 [ 4 [
=
=
. |
a
=
5
3
g
>
50
—
z
]
v\ I3
40 \\ hoi N —_
=
z z
¥
\ <]
= @
2 \ o
S S
3 N, = =
¢ 30 N\ \§ 2
k] \ g
8 \ z
3 N\ E
S \ =z
> NS 8
g N
g 20 N @
5 \\ ;
\LL
N %
\\ £
0 o~y
\
~
0 lao 50 ] 70 80 90 100
Solds 1n Ash Concentrate (%a)
Ligmie Mnors No &
Bn(eMAF] 204 2 N
Converslan_(%MAF)_ 954 930 _
Gross Liqud Yield (% MAF) 670 760 _

Fig. 5 — Energy rejection vs ash concentrate

Ash Concenlrate

Fig. 4 — Separation of lllinois No. 6 bituminous-derived liquefied coal slurry (Wilsonville samples, run 243)

Lignite
Hiinais No 6




Cost Per Barrel {§US)

14

Two Stage Liquefaction with Inter-Stage Deashing

35

20

.............

1 Other Operating Costs

Natural Gas Cost

Coal Cost {$35./MF Tonne)

10 RN
R TEEEE T Tﬁ Capital Costs {13%,20 yrs.)
5 e I e B
0 B o D
CASE
DEFINITION
Ash Concentrate 57% 100% 100% 100%
(%o Solids)
Residuals Gasified Gasified Fuel Fuel
Ho Generation Residuals Residuals 8 Natural Gas Natural Gas
Coal
Price of Gas $4.00 $2.00

($ CDN/100O SCF)

Fig. 6 — Impact of deashing performance on the cost of lignite synfuels










SESSION I: PAPER 2

CONTINUOUS BENCH UNIT LIQUEFACTION OF HAT CREEK SUBBITUMINOUS COAL

J. Jezko and R.O. McEiroy*
B.C. Research
3650 Wesbrook Mall
Vancouver, B.C. V6S 2.2

ABSTRACT

Hat Creek (B.C.) subbituminous coal was treated in a continuous 1 L/h bench autoclave unit using pre-hydrogenated
solvent. Liquid phase products, separated by countet-current centrifugation with THF solvent, were hydrotreated in a
1 L/h fixed-bed continuous hydrotreater. Locked cycle, four-stage tests were done in which startup solvent was a wide
cut (+180°C) hydrogenated creosote oil; recycle solvent for succeeding cycles was topped ( -+ 180°C) hydrotreated
product.

Fourth-stage products from this sequence approached equilibrium with respect to product composition, coal con-
version (> 90% daf under optimum conditions) and primary product bottoms which were recycled without hydrotreat-
ing.

Resuits are presented for overall hydrogen consumption, and byproduct gas composition. Analyses of net liquid
product (naphtha and middle distillate) are presented and discussed.

*denotes speaker
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PRESENTATION 2

INSTALLATION DE LIQUEFACTION EN CONTINU DU CHARBON
SUB-BITUMINEUX DE HAT CREEK, A L’ECHELLE DU BANC D’ESSAI

J. Jezko et R.O. McEiroy*
B.C. Research
3650, Wesbrook Mall,
Vancouver, (C.-B.)
V6S 2.2

RESUME

On atraité du charbon sub-bitumineux de Hat Creek (C.-B.) dans un autoclave au banc de 1 L/h en continu, utilisant du
solvant pré-hydrogéné. Les produits de la phase liquide, séparés par centrifugation & contrecourant avec un solvant
THF, ont été hydrotraités dans un hydrotraiteur en continu & lit fixe de 1 L/h. Des essais & quatre étapes, en cycle
ferme, ont été faits; le solvant de démarrage était un pétrole de créosote hydrogéné (+ 180°C) trés dilué, et le solvant
de recyclage pour les cycles successifs était un produit hydrotraité de téte (+ 180°C).

Les produits de la quatrieme étape de cette séquence se rapprochaient de 'équilibre relativement a la composition du
produit, & la conversion du charbon (> 90 % daf dans des conditions optimales) et aux fonds de produit primaire qui
furent recyclés sans hydrotraitement,

Les résultats concemant la consommation générale d’hydrogéne et la composition du gaz obtenu comme sous-
produit sont présentés. Les analyses des produits liquides nets (naphte et distillat moyen) sont présentées et
examinées. :

*indique le conférencier
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CONTINUOUS BENCH UNIT LIQUEFACTION OF HAT CREEK SUBBITUMINOUS COAL

INTRODUCTION
Background

British Columbia has large resources of coal in all ranks from subbituminous to anthracitic (see Fig. 1), as well as some
poorly defined lignite resources. However, results of a reactivity survey (1) indicated that most of the currently mined
coal is not suitable for direct liquefaction.

Currently mined coals from northeast and southeast B.C. are essentially all of low- to medium-volatile bituminous rank
and are mainly sold as coking coals. Tests on these coals indicated relatively low total conversions and poor yields of
distillate oils.

in other areas of the province there are deposits of high-volatile bituminous coals which show much more favourable
response to direct liquefaction. None of these coals are, however, currently mined. Deposits which are being
developed are those which — for reasons of location and/or low mining cost — are expected to be saleable into Pacific
Rim thermal coal markets.

Hat Creek coal showed good reactivity in initial direct liquefaction tests. Due to its low rank, high mineral matter
content, and poor response to conventional beneficiation methods, it is not a likely candidate for export as solid fuel.
Studies and preliminary planning for a mine-mouth thermal generating plant have been completed, but the provincial
electricity supply situation is such that a development of this type is at least a decade away. In any event, reserves at
the site are large enough to support both power generation and liquefaction on a large scale.

A feasibility study of indirect liquefaction by SASOL technology with concurrent thermal power generation has been
completed and recently published (2). The current work on direct liquefaction is complementary to this published work
since — to evaluate alternative development schemes — it is necessary to have suitable test data on the coal to be used.

General information on the Hat Creek depost is presented in Table 1 and its location is shown in Figure 1. It is
worthwhile to note that much of the infrastructure required for major development is already in place. Existing roads,
rail and pipelines are adjacent or conveniently accessible to the site. Availability of these facilities is an important factor
in comparison of alternate energy developments. Coal conversion itself may be a relatively costly technology
compared to — for example — distillation of light crude oil. However, if the oil supply requires a massive investment in
infrastructure, the overall least cost option may well be to use the accessible resource.

Obijective

The objective of the current work on Hat Creek coal is to develop a base of technical information on direct liquefaction of
Hat Creek coal so that this option can be considered in comparison to other liquid fuel supply options. Specific aspects
include:

— identification (or development) of suitable direct liquefaction technology

— determination of practical operating conditions and raw material utilization

— determination of yields and product slates.

MATERIALS AND METHODS

Representative coal analyses are presented in Table 2; schematics of the bench-scale continuous liquefaction unit
and hydrotreater are presented in Figures 2 and 3.

Start-up solvent for reported testwork was hydrotreated creosote oil, after distillation to remove all material boiling
below ~180°C.

The locked cycle procedure for separation of net product, residue and recycle solvent is shown in Figure 4.

RESULTS AND DISCUSSION
System Operation

With reference to Figure 4, feed to the hydrotreater was not the total soluble fraction of reactor product. After distillation,
removal of the tetrahydrofuran (THF) solvent and cooling to ambient temperature, an insoluble sludge was precipi-
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tated. The hydrotreater feed system was not capable of feeding this material as a uniform slurry due to the lack of
agitation/recycle, so the sludge — separated by centrifugation — was recycled with hydrotreated, distilled solvent.

It should also be noted that the liquefaction unit (Fig. 2) is single stage and totally back-mixed. Thus short circuiting of
feed through the system is an important factor. Longer nominal residence times were required than in batch tests to
minimize the amount of material passing through the reactor with inadequate residence time. The importance of this
problem with a single-stage reactor will be discussed bélow in comparison to batch test results.

Locked Cycle Test Results

Table 3 presents the results of a four-stage locked cycle test on Trench B coal which was partially beneficiated in the
laboratory (see Table 2).

These results clearly show that high total conversions are obtainable under the indicated test conditions.

‘The discrepancy in conversion data between gravimetric and calorific values is due to the specious contributions of
mineral matter components to volatile matter and fixed carbon contents of coal as measured by conventional
proximate analyses. The largest component of mineral matter in Hat Creek coal is clay which decomposes, releasing
its structural water on heating to 900°C. Thus, calorific value (CV) conversion (residue versus feed coal) is a more valid
measure of conversion. However, weight data are still required to compute CV conversion and the ash balance
conversion can be obtained more rapidly for test evaluation.

Imperfect control over the solvent hydrotreating operation is shown by the variations in tetralin:naphthalene ratio of the
recycle solvents used. These data suggest that total conversion is insensitive to solvent donor content above some as
yet unidentified minimum value.

Similar results were obtained for Trench A coal.

Product Slate

Atmospheric distillation data for water-free, fourth-cycle hydrotreater product from Trench B coal are presented in
Table 4. These results indicate that ~24% of hydrotreater liquid is light material —i.e., boiling below ~200°C — which is
not suitable for recycle and must be regarded as part of net product.

Thermogravimetric analyses of the +200°C hydrotreated material indicate that this is also good quality material as
indicated by low content of non-distillables (3.4%) and low carbon residue (0.7%).

Table 5 shows the weight distribution of liquefaction products from feed coal. These data show that to maintain the
required weight of recycle solvent, only 20-25% of the gross liquid product can be removed as net product. The
observed gas plus light liquid yields are equal to or slightly larger than the allowable net offtake. Thus, under the test
conditions, the only net products are hydrocarbon gases and light distillate.

Table 6 shows the composition of light distillate from second-stage hydrotreater product as determined by gas
chromatography/mass spectroscopy (GC/MS). Roughly two thirds of this material consists of readily identifiable
hydrocarbons which would not require further upgrading for use as motor gasoline feedstock. It will also be noted that
ibp-180°C material accounted for ~40% of total liquid in this test, which indicates the need for careful control of
hydrotreater operation to maintain recycle solvent inventory.

Distribution of net product by calorific value is shown in Table 7. From the data it is clear that C,-C, hydrocarbon gases
are a significant co-product. Most of (>>90%) of these gases are generated in the liquefaction stage and gas production
is roughly porportional to residence time at reaction temperature (440°C). The range of 12-20% is derived from batch
(tubing bomb) tests of 25 and 60 minutes duration at which total conversions of >90% are obtained. The high (20%)
hydrocarbon gas production value relates 60-minute batch tests and to the continuous unit which — to minimize short
circuiting — is operated at a nominal residence time of ~1 h. It is expected that in a continuous reactor designed for
(approximately) plug flow, better control of residence time would allow the lower range of hydrocarbon gas production
to be obtained.

Itis of interest to note that the higher range of hydrocarbon gas production would allow an overall process to generate
required hydrogen by steam reforming of co-product gas. Thus, while present relative fuel prices would favour
maximum liquid production and purchase of methane for hydrogen manufacture, the overall process could be self-
sufficient in gas supply.

Hydrogen Consumption

Due to limitations on accuracy of gas measurement, and experimental emphasis on obtaining high conversions,
hydrogen consumption is the least well-defined parameter in the study to date, Overall, hydrogen consumption is
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estimated to be ~4% versus daf coal (3% versus dry, clean coal) with about one third of the hydrogen consumed in
liquefaction and two thirds consumed in hydrotreating. Depending on conditions, hydrocarbon gas yields can be
sufficient to provide all the hydrogen necessary, although higher total product value may be obtained by separation
and marketing of C,-C, gases.

CONCLUSIONS AND DIRECTION OF CURRENT WORK

The results presented indicate clearly that direct liquefaction is a technically viable process for conversion of (low
quality) Hat Creek coal to light distillate and hydrocarbon gas products.

As a potential synthetic fuel development site, the Hat Creek deposit has advantages including large reserves, low
mining costs, and existing infrastructure which would compensate to some degree for the cost of two-stage
liquefaction.

Current laboratory work on Hat Creek coal is directed towards obtaining detailed material balances, especially in
regard to hydrogen consumption, and to optimization of liquid product yield and quality.

REFERENCES
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TABLES

Table 1 — Hat Creek coal — general description

Reserves: ~4 x 109 tonnes (high ash, subbituminous)

Transport access:

Rail: Minesite

Highway: Minesite

Water: ~16 km {North Thompson
River)

Power: Minesite

Pipelines: ~16 km

(gas & oil)

Social infrastructure: Existing towns within
commuting distance

Climate: Semi-arid, interior plateau

Alternate uses: Power generation
Conversion (direct or indirect
liguefaction)

Table 2 - Hat Creek coal proximate analyses

Dry basis, wt %

Volatile Fixed
matter carbon Ash
Trench A Run of mine 31.1 25.5 43.4
Laboratory
Beneficiated 35.5 33.3 31.3
(Reject, 62% ash)
Trench B Run of mine 34.7 30.1 35.2
Laboratory
Beneficiated 36.4 37.4 26.2
(Reject, 53% ash)
Mine test blend” 9.4 mm x 0.6 mm ’
(@in x 28mesh) = eeeeceeeeeeas ND** c-memmmmacae 30.6
WOC product ~ eseeeeeeene ND  -=emmmecmmmaen 20.7
WOC tailing = semeeeceeeee. N B 57.7
0.6 mm X 0.15mm  eeeeeeeeenaes ND  ~ecmmmmemeana- 40.6
WOC product 0 emceemneenae. ND  --eeemaoemenas 26.1
WOC tailing e Y] o JR 56.7

* EPRI-CCTF data (3)
** not determined
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Table 3 — Trench B coal — locked cycle test data

Total conversion

Solvent Weight
TN* recovery
Ash balance Calorific
Initial Final (wt %, daf) value (%) (% of feed)

C-25, 26 2.7 ND 90 92 ~94
c-27 2.2 0.9 90 92 93
Cc-28 5.6 1.3 92 96 93
C-30 3.8 ND 92 95 96

* Tetralin:Napthalene ratio (index of solvent donor capability)

Tabie 4 — Hydrotreater product distillation

IBP — 105°C 0.6% (wt)
105 — 165°C 4.1%
165 — 180°C 6.2%
180 - 200°C 13.1%
iBP — 200°C 24.0%
+200°C 76.0% (TGA non-distillable 3.4%)
(TGA carbon residue 0.7%)
Table 6 - Light liquid product composition by GC

peak area (Hydrotreated second recycle)

% of %

total iBP—decalin
Toluene 0.95 2.3
Xylenes 4.25 10.2
Trimethyl benzene 1.46 3.5
Phenol 1.09 2.6
indan 17.6 42,2
Cresols 0.72 1.7
Decalins 0.72 1.7
Identified 26.8 64.2
Unidentified 14.9 35.8
Total 41.7 100.0

Table 5 — Weight distribution of coal liquefaction

product
Dry coal Residue
(100) (mineral & organic) ~30%
CO, 12%
C,-C, gas 2-4%
Cs+ liquid 54-56%

Solvent: Dry coal feed ratio ~2
Allowable net liquid product = 20-25% of gross liquid

IBP-200°C product =24% of gross liquid

Table 7 — Net product distribution by calorific

value
% total CV
Coal (16.27 GJ/tonne as tested) 100
Residue ~6
C,-C, hydrocarbons 12-20
Liquid 74-82
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STUDY RELATING TO THE TECHNICAL AND ECONOMIC FEASIBILITY OF LIGNITE
LIQUEFACTION IN SASKATCHEWAN

J.A. Mikhlin*, FA. Ashraf and J.A. Dhawan
' SNC Inc.

ABSTRACT

The study was carried out by SNC Inc., in 1981-82 on behalf of Saskatchewan Oil and Gas Corporation (SASKOIL) and
Canada Centre for Mineral and Energy Technology (CANMET). The study included review and evaluation of advanced
coal liquefaction processes in all three major routes (direct liquefaction, indirect liquefaction and pyrolysis) for
designated Saskatchewan lignites. Assessment of coal gasification processes being developed (or commercialized)
in the USA, FRG and UK for production of synthesis gas from the designated lignites (first step of indirect liquefaction)
was also included in the study. In addition, preliminary evaluation of the processes and concepts in coal liquefaction
considered for commercialization around 1995 was carried out.

Two Saskatchewan lignites, Estevan and Willow Bunch as-received, were designated as a feedstock (Ash 15.4 wt %
and 21.0 wt %, dry lignite basis, correspondingly; moisture 35 wt % for both lignites). No pretreatment/beneficiation of
the lignites was considered in the study.

Technical assessment, prescreening and ranking in each route for both Estevan and Willow Bunch lignites followed by
comparative techno-economic evaluation of selected processes for designated Willow Bunch lignite were carried out
for advanced processes. A commercially proven SASOL-type Fischer-Tropsch process (South Africa) was also
considered for comparison.

Twenty-five thousand tonnes per day of as-received lignite was assumed as the design basis in the study. Synthetic
crude via direct liquefaction and pyrolysis and transportation fuels (gasoline, diesel and jet fuels) via indirect
liquefaction were the product criteria for process prescreening. Production of pure methanol (99.5%) was included in
the study as an alternative to indirect liquefaction. For comparative techno-economic evaluation of the selected
processes the production of transportation fuels such as gasoline, diesel and jet fuels was considered for all the
processes (except methanol plant) with the emphasis on maximization of gasoline production.

The major results of the study are presented in the paper.

*denotes speaker
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PRESENTATION 3

ETUDE SUR LA FAISABILITE TECHNIQUE ET ECONOMIQUE DE LA LIQUEFACTION
DU LIGNITE EN SASKATCHEWAN

J.A. Mikhlin*, FA. Ashraf et J.A. Dhawan
SNC Inc.

RESUME

L'étude a été faite par la SNC Inc., en 1981-1982, pour le compte de la Saskatchewan Oil and Gas Corporation
(SASKOIL) et le Centre canadien de la technologie des minéraux et de I'énergie (CANMET). L'étude a compris un
examen et une évaluation des procédés avancés de liguéfaction du charbon par les trois grands voies (liquéfaction
directe, liquéfaction indirecte et pyrolyse) pour les lignites désignés de la Saskatchewan. L'évaluation des procédés de
gazéfication du charbon, en voie d'élaboration (ou de commercialisation) aux Etats-Unis, en RFA et au RU, pour la
production de gaz de synthése a partir de lignites désignés (premiere étape de la liguéfaction indirecte), figurait
également dans le mandat d’étude. L'évaluation préliminaire des procédés et des concepts de liquéfaction du charbon
dont on envisage la commercialisation vers 1995, a également été faite.

Deux lignites de la Saskatchewan, i.e., Estevan et Willow Bunch, tels gue regus, ont été désignés comme charge
d’alimentation (cendre: 15,4 wt % et 21,0 wt %, sur une base de lignite sec, respectivement; humidité 35 wt % pour les
deux lignites). Dans I'étude, on n’a envisagé aucun prétraitement ou enrichissement des lignites.

L'évaluation technique, le pré-examen et I'attribution de la cote dans chaque voie, aux deux lignites Estevan et Willow
Bunch, suivis par une évaluation techno-économique comparative de procédés choisis dans le cas du lignite désigné
de Willow Bunch, ont été faits dans le cas des procédés avancés. Un procédé Fischer-Tropsch de type SASOL,
commercialement éprouvé (Afrique du Sud), a également été envisagé a des fins de comparaison.

On aretenu comme base conceptuelle, pour I'étude, un tonnage quotidien de 25,000 tonnes de lignite tel que regu. Le
brut synthétique obtenu via la liquéfaction directe et Ia pyrolyse et les carburants de transport (essence, diesel et
carburéacteurs) obtenus via la liquéfaction indirecte ont été les criteres de produits retenus pour le préexamen du
procédé. La production de méthanol pur (99,5 %) a été incluse dans I'étude comme une option de liquéfaction
indirecte. Pour établir une évaluation techno-économique comparative des procédés choisis, la production des
carburants comme 'essence, le diesel et le carburéacteur, a été envisagée pour tous les procédés (sauf dans le cas
de l'usine de méthanol), en mettant I'accent sur la maximisation de la production d'essence.

La communication présente les principaux résultats de I'étude.

*indique le conférencier
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STUDY RELATING TO THE TECHNICAL AND ECONOMIC FEASIBILITY OF LIGNITE
LIQUEFACTION IN SASKATCHEWAN

INTRODUCTION

A study relating to the technical and economic feasibility of lignite liquefaction in Saskatchewan was carried out by
SNC Inc. during 1981-82 on behalf of Saskatchewan Qil and Gas Corporation (SASKOIL) and Canada Centre for
Mineral and Energy Technology (CANMET). The study included review and assessment of coal liquefaction pro-
cesses in application to two designated Saskatchewan lignites (Estevan and Willow Bunch) in all three major routes:
direct liquefaction, indirect liquefaction, and pyrolysis (the last one may be considered as partial liquefaction). The
study report comprises five volumes.

The processes evaluated were sub-divided into two categories:

1. Processes considered for commercialization by 1990.
2. Processes and concepts considered for commercialization around 1995.

The advanced processes selected by the Saskatchewan Coal Liquefaction Committee in the first category are
presented in Table 1. Processes and concepts considered for commercialization around 1995 are listed in Table 2.

The evaluation of advanced processes (commercialization around 1990) was carried out in two stages. Stage | covered
technical assessment, process pre-screening and ranking for both Estevan and Willow Bunch lignites. The objectives
for Stage | were:

— updated technical review and evaluation of the processes

— prediction of liquefaction behaviour and suitability of Estevan and Willow Bunch lignites for the
processes considered

— ranking and selection of the processes for technical and economic assessment (Stage Il).

The objectives of Stage 11 included both technical and economic assessment of processes selected in Stage | for
Willow Bunch lignite. '

The scope of work in the second category (commercialization around 1995) was to review the state-of-the-art
technology and ascertain the process applicability for Saskatchewan lignite as well as prospects for further develop-
ment required.

In addition, an experimental program was carried out concurrently with the study to determine comparative reactivity of
Estevan and Willow Bunch lignites. These tests were made by the Chemical Technology Division of B.C. Research.

In this presentation, the main emphasis is on advanced processes selected by the Saskatchewan Coal Liquefaction
Committee for the study. Technical criteria for process pre-screening (Stage 1) are discussed below.

As mentioned earlier, two Saskatchewan lignites from Estevan and Willow Bunch deposits as-received were desig-
nated as feedstocks for process pre-screening. Typical ultimate, proximate and petrographic analyses of the desig-
nated Estevan and Willow Bunch lignites are presented in Table 3. Both coals have high moisture and ash content.
While the average moisture content is the same for both coals, the ash content of Wiliow Bunch lignite and inertinite
content are higher. Also, both lignites have high oxygen and relatively low sulphur content. For conceptual design,
plant size of 25,000 tonnes per day of as-received lignite was assumed. Synthetic crude (C5-525°C) via direct coal
liquefaction and pyrolysis were accepted as the desired products; for indirect liquefaction, transportation fuels such as
gasoline, diesel, etc. were considered. For all cases, light hydrocarbon gases (C,-C,) were taken as co-products. For
pyrolysis, char was also taken as a co-product. Other major process ranking criteria were:

— product yield and distribution

— product efficiency (overall and liquid)

— availability of process inputs (water, electricity, etc.)
— development status

— commercialization prospects and constraints.
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Technical and economic criteria for Stage Il of the study also included the following. For conceptual design, all
processes were considered as grass-root facilities. The plant comprises a self-sufficient, integrated operation
requiring coal, water and electricity as major raw material and process inputs. The as-received lignite supplied to the
plant was assumed to be of similar composition as shown in Table 3. No pretreatment/beneficiation of coal to reduce
moisture and ash (minerals) contents was considered. The desired products for both direct and indirect route were
transportation fuels.

Preliminary or budget-type capital cost estimates, operating, maintenance and product cost evaluations were carried
out for each of the selected coal liquefaction processes. All costs were calculated in constant mid-1982 Canadian
dollars and no forward escalation beyond mid-1982 was included. Cost estimates and data received from process
developers or licensers were used and these cost estimates were converted and adjusted to designated Saskatche-
wan locations. Product costs for pre-selected coal liquefaction processes are calcuiated using the methodology
developed by the Engineering Society Commission on Energy Inc. (ESCOE) for comparisons and ranking of energy-
related processes. Product costs were calculated on Energy Value and Product Value bases. The first method is based
only on the heating value of the products whereas the second also considers the preferences and market value of the
individual products. By-product credits were taken for sulphur, ammonia and mixed phenols.

ADVANCED DIRECT COAL LIQUEFACTION PROCESSES

A generalized typical block diagram of a seif-sufficient, integrated, conceptual, commercial direct coal liquefaction
plant is shown in Figure 1. The main processing areas are:

— coal preparation

— coal liquefaction

— gas treatment and light ends separation

— hydrogen production

— oxygen plant

— emission control

— effluent control

— utilities and offsites

— product storage and shipping (not shown).
Most of the process areas listed above, except coal liquefaction, have many common features for any of the processes

considered. The coal liquefaction section is the most characteristic area for a specific process. Distinguishing features
of the processes are highlighted below.

H-coal process: The process is a one-stage direct catalytic hydrogenation process. Dried and pulverized coal is
mixed with recycled coal-derived oil and the coal-oil slurry is fed together with hydrogen into a high temperature and
pressure ebullated-bed catalytic reactor (Co/Mo has been mostly used). In the reactor, the coal is liquefied at high
temperature (425-455°C) and pressure (15-21 MPa) in the presence of hydrogen.

The reactor effluents leaving the top of the reactor are cooled and then separated into gases, liquids and residual slurry
by conventional flash separation, fractionation and vacuum distillation techniques. Hydrocyclones have been used to
separate the slurry into lean-solids and rich-solids streams prior to vacuum distillation.

The unique feature of the H-coal process is application of the commercially proven ebullated-bed reactor originally
developed by HRI for the H-oil process to convert heavy oil residue into lighter fractions. The spent catalyst is
periodically withdrawn and replaced by fresh catalyst through the on-line addition and withdrawal system.

RAG/Veba and Rheinbraun Processes: In these one-stage direct catalytic hydrogenation processes, a tubular up-
flow reactor operating at high temperature and pressure is employed. Disposable red mud is added as a catalyst to the
coal-oil slurry in the presence of molecular hydrogen.

Exxon Donor Solvent (EDS) Process: The main feature of this process is the role of the recycled solvent which
donates hydrogen during coal liquefaction. Liquefaction of crushed coal is done in a non-catalytic tubular reactor in the
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presence of molecular hydrogen and hydrogen donor solvent. The donor solvent is a 205 to 545°C boiling range
material which is hydrogenated in a separate, fixed-bed catalytic hydrogen reactor. The liquefaction reactor operates
at 405 to 470°C temperature and 10.3 to 13.8 MPa pressure. The reactor effluents are separated by distillation into
gaseous products, naphtha, distillates and vacuum bottoms slurry. The slurry is fed into the Flexicoking unit to recover
additional distillate products. The coke is then gasified to produce syngas for hydrogen production. In this study, the
EDS Design Update Case, which includes patented Flexicoking, was considered. Recent developments in the EDS
process with bottoms recycle and gasification of remaining bottoms slurry for hydrogen production, etc., are evaluated
in the later study on Onakawana lignite liquefaction.

Liquid Solvent Extraction (LSE) Process: The LSE process is a two-step process comprising an extraction stage
where lignite is extracted with a solvent and the extract is separated from mineral matter and ash. The extraction
reactor operates at a relatively low temperature and pressure (400°C and 2 MPa) and separation of solids is done by
filtration to allow maximum recovery of coal-derived liquid (extract).

In the second extract hydrogenation stage, the coal-derived liquid hydrocracked at high pressure (20 MPa) and
stabilized prior to fractionation.

Table 4 presents the typical reaction parameters, type of catalysts used, and hydrogen consumption for the direct coal
liquefaction processes. All the processes, except LSE, employ more or less the same temperature (450-475°C). LSE
(extraction stage) operates at a slightly lower temperature (400°C) and considerably lower pressure (2 MPa) com-
pared with the H-coal and EDS processes (14-15 MPa) or the RAG/Veba and Rheinbraun processes (30 MPa).

The high operating severity required in the RAG/Veba or Rheinbraun processes is due to use of low quality but cheap
and readily available red mud as a disposable catalyst (a waste clay obtained from processing of bauxite in aluminum
production).

H-coal uses cobalt moiybdate (American Cynamid, HDS-1442A) as a catalyst during coal liquefaction which is
expensive but has better selectivity and hydrocracking activity. However, the spent catalyst must be periodically
removed from the reactor (normally once a day) and replaced by fresh and/or regenerated catalyst through an on-line
catalyst addition and withdrawal system. Results of catalyst regeneration and evaluation tests indicate that at best 80%
to 90% of initial catalyst activity may be restored. Catalyst consumption is about 0.5 kg/t MF coal or 0.6 kg/t MAF coall
processed and at this rate the annual requirement without regeneration will be approximately 2.6 Gg (2600 t). The
supply of catalyst in such an amount is a concern, especially the availability of cobait.

Table 5 presents the type of coals investigated extensively in the processes. A complete list of coals tested is
presented in Volume !l of the report. Bituminous and subbituminous coals have been tested in bench-scale, PDU, and
demonstration pilot plants. However, in so far as low-rank coals are concerned, only EDS process has beentestedona
larger scale (227-t/d pilot plant) using Texas lignite as a feedstock. Other processes have mainly been tested with the
low-rank coals in bench-scale units only.

Estimated product yield and distribution for a conceptual commercial plant processing 25,000 t/d of designated
Saskatchewan lignites is given in Table 6. For Willow Bunch lignite (21 wt % ash MF), only H-coal and LSE processes
were considered since RAG/Veba, Rheinbraun, and EDS (Design Update Case) processes have low estimated liquid
yield even with Estevan lignite containing 15.4 wt % ash MF.

For comparison of the processes on a consistent basis, the total liquid product yields and the desired liquid product
(naphtha and mid-distillate) yield expressed in unit coal feed basis, i.e., bbi/t coal fed to the reactor and bbl/t coal
supplied to the plant, are presented in Table 7. Product yield per tonne of coal supplied to the plant has been adjusted
to zero electricity input for the RAG/Veba and EDS processes using the conversion factor of 10,000 Btu/kWh (10,550
kJ/kWh) and a fuel oil equivalent factor of 6 MM Btu/bbl (6.33 GJ/bbi).

Process Status

H-coal, EDS and RAG/Veba processes have been advanced to a pilot-plant scale (227-t/d H-coal plant at
Catlettsburg, 227-t/d EDS plant at Baytown, and 200-t/d RAG/Veba plant at Bottrop).

The LSE process has been demonstrated on a continuous bench-scale installation having a capacity of processing
0.7-t/d (30 kg/h) of coal. Some of the process steps such as 2-t/d solvent extraction of coal and 0.7-t/d filtration unit
have also been separately demonstrated in other installations.

The Rheinbraun process has been tested on a bench-scale unit of 0.25-t/d of coal only. Process design of a pilot piant
(360-t/d of coal) was considered.
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Process Ranking (Stage | of the Study)

The LSE process appeared to have the highest priority, especially for Willow Bunch lignite which was designated by
the Study Committee as a feedstock for techno-economic assessment of preselected coal liquefaction processes
(Stage |l of the Study). The main concern in this respect is the development status of the LSE process, particularly due
to the financial difficulties experienced by the process developer for continuation of the pilot-plant program.

The product yield, overall and liquid product efficiencies for the LSE process are higher than for the next competing
H-coal process. The quality of primary products in the LSE process is also better and would require less upgrading to
transportation fuels. The LSE process employs milder operating conditions during the extraction phase. Rapid
deactivation of the catalyst in the H-coal process due to high ash content in Saskatchewan lignites could affect the
catalyst regeneration efficiency and may lead to higher catalyst consumption. Also the two-step approach used in the
LSE process offers operational advantages, in the sense that individual stages can be selectively optimized. Absence
of mineral matter and ash in the hydrocracking stage (LSE process) prevents rapid deactivation of catalyst.

The third candidate appears to be the EDS process. It has lower product yields and efficiencies than LSE or H-coal but
higher efficiencies than the RAG/Veba or the Rheinbraun processes. The EDS process has also been tested with
high-ash content Texas lignite on a pilot-plant scale. If the ash content can be economically reduced by beneficiation/
pretreatment to about 10 wt % MF coal, the one-step approach may be attractive.

New developments in H-coal (two-step concept) and EDS (bottoms recycle mode) processes should be considered in
future work.

PYROLYSIS

The Lurgi-Ruhrgas (L-R) process is the advanced pyrolysis process selected by the Study Committee for evaluation of
the designated Saskatchewan lignites.

The Lurgi-Ruhrgas (L-R) process is a flash carbonization process developed by Lurgi Kohle und fur Mineraloltechnik
GmbH, in cooperation with Ruhrgas AG. The process has been used for carbonization of coals, oil shales, tar sands
and asphaitic rocks. Cracking of hydrocarbons to produce olefins has also been tested.

The novelty of the L-R process is the use of hot, fine-grained product char as a heat carrier. Hot char is intimately mixed
with the feed coal in a mechanical screw-mixer/carbonizer resulting in carbonization of the coal. Another essential
feature is that char is simultaneously heated and pneumatically conveyed to the carbonizer, thus eliminating the need
for a separate heater. The coal-to-char mixing ratio is kept between 4 and 8 to maintain the mixing temperature of
approximately 600°C. The residence time in the mixer/carbonizer is kept very short to suppress secondary decom-
position reactions and thus allow a higher liquid product yield.

Modified Fischer-Schrader Assay tests made by the Chemical Technology Division of B.C. Research indicated that
low tar yields for Willow Bunch (Coronach) lignite (=6-7 wt % MAF coal) and somewhat higher tar yields for Estevan
lignite (=9.5 wt % MAF coal) may be expected. Char yields for both lignites are high (64-66 wt % MAF coal).
Therefore, in pyrolysis route, the Lurgi-Ruhrgas (L-R) process may be viable for Estevan lignite if a limited amount of
liquid product is acceptable and surplus char can be marketed or utilized effectively in a power plant. For Willow Bunch
lignite, the L-R process is not viable because of low predicted liquid product yields based on laboratory pyrolysis tests
(Fischer-Schrader Assay). The L-R process was not considered for techno-economic assessment (Stage Il of the
Study).

INDIRECT COAL LIQUEFACTION

Indirect coal liquefaction, as distinguished from direct coal liquefaction (hydrogenation), involves gasification of the
coal to produce synthesis gas (CO + H,) as the first step, followed by conversion of the purified syngas to liquid
hydrocarbons or to methanol in the subsequent steps. At present, there are three main process alternatives for the
conversion of coal to liquid fuels via indirect coal liquefaction: Fischer-Tropsch synthesis, methanol synthesis and
Mobil Methanol-to-Gasoline process. The following process alternatives in indirect coal liquefaction were selected by
the Study Committee:

® SASOL-type plant with Fischer-Tropsch synthesis using Synthol reactor (F-T process)
® Coal-based Methanol-to-Gasoline plant with Mobil MTG process using fixed-bed reactor

® Coal-based plant for production of pure methanol (99.9% purity) as transportation fuel and/or blendstock for
gasoline.
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in order to determine the suitability of Saskatchewan lignites for liquefaction through an indirect route, emphasis was
given to selection of an appropriate gasification process (including raw gas pretreatment required). After coal is
converted into synthesis gas, any of the three process alternatives considered for the study may be technically feasible
and the final overall process selection was made on the basis of the product yield and quality required, overall process
economics, and readiness for commercialization.

For the gasifier evaluation, the following criteria were considered:
— coal feed requirement (fines, moisture)
— methane content in the raw gas
— steam consumption
— oxygen consumption
— H,/CO ratio in the product gas
— operating pressure.

From the gasifiers evaluated (see Table 1), entrained-flow Koppers-Totzek gasifier appeared to have the highest
priority for production of syngas from Saskatchewan lignite since the methane content in the gas produced is negligible
and there are no restrictions on handling of coal fines. This gasifier is commercially proven on lignites with ash content
up to 32 wt % MF coal.

The second-generation fiuidized-bed gasifiers, High-Temperature Winkier (HTW) and Westinghouse, appear to be
next best for gasification of Saskatchewan lignites. Experimental tests required by process developer to confirm the
gasification behaviour of Saskatchewan lignites were beyond the scope of the study. Based on the experimental
results, a techno-economic comparison of these gasifiers' configuration with entrained-flow K-T gasifier was recom-
mended.

TECHNO-ECONOMIC ASSESSMENT OF PRE-SELECTED PROCESSES (STAGE Il OF THE STUDY)

in Stage I, techno-economic assessment was carried out for pre-selected processes, i.e., LSE in the direct coal
liquefaction route and three process alternatives in the indirect coal liquefaction route (methanol plant, Mobil MTG
plant and SASOL-type plant) with Koppers-Totzek gasifier for production of synthesis gas. For consistent comparison
of direct and indirect coal liquefaction routes, the transportation fuels such as gasoline, diesel and jet fuel with
emphasis on the production of gasoline are considered for all cases (except methano! plant). Other technical and
economic criteria applied were presented earlier.

A summary of techno-economic results is shown in Table 8. For LSE process, two cases representing the lower (65%
on MAF basis) and upper extraction levels (82% MAF basis) are presented.

Analyzing the product output and distribution, it may be seen that different products in varying amounts are produced
in the processes. However, all the products meet the standard liquid fuel specifications. Comparison of the total
amount of desired liquid products (gasoline, jet fuel, diesel and fuel oil) shows that the LSE process has the highest
yield (4154 to 4387 t/d) followed by Mobil MTG (2245 t/d). The lowest yield is for SASOL-type F-T plant (1332 t/d).
However, all the liquid produced in Mobil MTG is gasoline while in the LSE process 36 wt % is gasoline, 34 wt % jet
fuel and the remaining 30 wt % is diesel fuel. The product yield from the methanol plant is not compared with other
processes because of the different nature of the product.

The total product yield is highest for the LSE process, followed by Mobil MTG, and the lowest for SASOL-type F-T
plant. Similar trends are observed in overall and liquid product efficiencies™.

The total capital investment for a self-sufficient, integrated plant processing 25,000 t/d of as-received Willow Bunch
lignite is nearly the same for LSE and SASOL-type F-T plants and is lowest for Mobil MTG plant. However, investment
per daily production of desired products is lowest for LSE, followed by Mobil MTG and F-T plants. In other words, a
plant based on equal output of products wouid have the lowest capital investment for the LSE process and highest
capital investment for F-T plant. If gasoline was the only desired product, the capital investment per daily production of
gasoline wouid be by far the lowest for Mobil MTG piant.

The product costs for LSE and Mobil MTG process are nearly the same but for the SASOL-type plant it is quite high.
However, the breakdown of product cost into main components shows that they are of the same proportionin all cases.

*In this study, a modified version of thermal efficiency widely used in the energy-related process is employed. The modified
definition of the efficiency is the total gross-calorific-value (GCV) of all the products divided by the total input energy of the lignite
feed and electric power,
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The status of the LSE process was discussed earlier. The development status is a main concern. The Mobil MTG
process has better commercialization prospects since the only part of this process that was not demonstrated
commercially is the methanol-to-gasoline conversion step. The SASOL-type F-T plants are commercially proven. The
SASOL-type plant, although commercially proven, has very low desired product yield and is expensive.

For the methanol plant, the product yield is 2.69 bbl/t MF coal whereas the product efficiency is relatively low (about
39%), primarily due to the indirect method of liquefaction. Capital costs are relatively lower and the product costs are
comparable to present market prices (which are based on the use of methanol as chemical feedstock only). The
disadvantages are that methanol has low energy content and several practical problems are associated with its use as
a fuel, such as uncertain market demand, distribution and storage difficulties, cold starting problems, lower tolerance
for water, etc.

PRELIMINARY EVALUATION OF NEW PROCESSES OR CONCEPTS

In addition to assessment of advanced direct and indirect coal liquefaction and pyrolysis processes, a preliminary
review of new processes or concepts listed in Table 2 was carried out to determine the state-of-the-art, demonstration
scale and R&D status, including funding available. A summary is presented in Table 9. While some of the processing
steps and features are attractive, process development work has been abandoned in most cases due to financial
constraints. In view of the slowdown and present oil glut in the world, the prospects for commercialization of these
processes around 1995 are uncertain.

The coprocessing option has potential merits, especially for the Province of Saskatchewan where lignite and heavy oil
are available. However, at the time of the study, the development work was on the autoclave/bench-scale level. Further
R&D work was recommended.
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TABLES

Table 1 — Processes selected by the Saskatchewan Coal Liquefaction Committee and considered for
commercialization by 1990

Process Process developer (licenser) Country
Direct coal liquefaction
H-coal Hydrocarbon Research Inc. U.S.A.
RAG/Veba Ruhrkohle AG and Veba Oel AG FR.G.
Rheinbraun Rheinische Braunkohlenwerke AG FR.G.
Exxon donor solvent (EDS) Exxon Research and Engineering Company U.S.A.
Liquid solvent extraction (LSE) National Coal Board, Coal Research Establishment U.K.
Coal pyrolysis
Lurgi-Ruhrgas Lurgi Mineraloltechnik GmbH and Ruhrgas AG FR.G.

SASOL-type Fischer-Tropsch

Mobil Methanol-to-Gasoline (M-MTG)

Lurgi (dry bottom)

British Gas/Lurgi (slagging)

Koppers-Totzek
Texaco
Winkler (high temperature)

Westinghouse

Indirect coal liquefaction

SASOL Ltd.

Mobil Research and Development Corporation

GQasifiers for Production of Synthesis Gas

Lurgi Mineraloltechnik AG

British Gas Corporation and Lurgi Mineraloltechnik AG

Krupp-Koppers GmbH
Texaco Research and Development Corporation
Rheinische Braunkohlenwerke AG

Westinghouse Electric Corporation

South Africa

U.S.A.

FR.G.

UK.
FR.G.

FR.G.
US.A.
FR.G.
U.S.A.
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Table 2 — Processes and concepts selected by the Saskatchewan Coal Liquefaction Committee and
considered for commercialization around 1995

Process Process developer (licenser) Country
Direct coal liguefaction
Zinc halide Consolidation Coal Co. US.A.
Dow coal liguefaction Dow Chemicals Co. U.S.A.
Consol synthetic fuel (CFF) Consolidation Coal Co. U.S.A.
Solvent refined coal (SRC-1) International Coal Refining Co. U.S.A.
Solvent refined lignite (SRL) University of North Dakota U.SA.
CO-steam Grand Forks Energy Technology Center USA.
Two-step liquefaction Cities Service Co. U.S.A.
C-E Lummus Co.
Coal pyrolysis
Occidental Pyrolysis Occidental Research Corporation U.S.A.

Indirect coal liquefaction

Gasifiers for production of synthesis gas

Shell gasifier Shell International Petroleum The Netherlands

U-gas Institute of Gas Technology US.A.
Coprocessing

Coil Hydrocarbon Research Inc. USA.

Solvolysis Mitsubishi Heavy Industries Ltd. Japan
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Table 3 — Typical ultimate, proximate, and petrographic analysis of Saskatchewan lignites

Estevan Willow Bunch***
Moisture (as received), wt % 35.0 35.0
Gross calorific value (GCV) 24 270 20 270
Proximate analysis, wt % MF coal
Volatile matter 42.0 39.6
Fixed carbon 42.2 38.5
Ash 15.4 21.0
Sulphur 0.6 0.9
Ultimate analysis, wt % MF coal
Carbon 61.2 52.1
Hydrogen 45 4.0
Nitrogen 1.0 0.5
Sulphur 0.6 0.9
Oxygen 17.3 215
Ash 15.4 21.0
Petrographic analysis, vol %
Vitrinite™ 81.2 77.6
Exinite 7.9 1.7
Inertinite 9.9 18.7
Mineral matter 0.9 2.0
Ash analysis, wt %
Silica, SiO, 47 1 421
Alumina, Al,O, 17.8 15.6
Titania, TiO, ** 0.9
Ferric oxide, Fe,O4 2.5 6.7
Lime, Ca®O 11.7 14.3
Magnesia, MgO 2.9 5.0
Potassium oxide, K,O 0.5 1.3
Sodium oxide, Na,O 5.0 1.8
Phosphorus pentoxide, P,04 1.0
Sulphur trioxide, SO, 1.0 12.3
Undetermined 10.5

* Equivalent to huminite in low-rank coals
** Undetermined
*** Particle size distribution shows that up to 25% of crushed coal is fines

Source: Letter to Dr. FM. Mourits, Coal Liquefaction Study Management, Saskoil, dated December 15, 1981, to Dr. J.A. Mikhlin,
SNC Inc.
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Table 4 — Typical reaction parameters of advanced direct coal liquefaction processes

H-coal RAG/Veba Rheinbraun EDS LSE
Temperature, °C 455 475 460 450 400*
Pressure, MPa 15.5 30.0 30.0 14.0 2.0*
Catalyst used
~ Type Co/Mo Red mud Red mud Co/Mo Co/Mo

(HDS-1442A) (34% Fe,0,) (84% Fe,0,)
— Amount, kg/t MAF coal 0.6 65 50 N/A# 0.06##
(22) (17.5)

Space velocity, kg/h/m? 480 530 590 750 N/A
Oil/coal ratio 1.2 1.8 1.3 1.6 20

Hydrogen consumption
kg/100 kg MAF coal 6.8 6.3 6.0 4.4* 0.0*

# Not available, but the consumption would be in the range of 0.05 to 0.1 kg/t MAF coal
## Catalyst consumption has been estimated assuming replacement every two years
* Conditions reported for first stage. For second stage, pressure in hydrocracking operating is 20 MPa, temperature about
450°C, and H, consumption is in the range of 5.0 to 6.5 kg/100 kg MAF coal
** Refers to design update case; the total hydrogen consumption including solvent hydrogenation is 5.7 to 6.3 kg/100 kg MAF
coal

Table 5 — Types of coals* tested in advanced direct coal liquefaction processes

H-coal RAG/Veba Rheinbraun EDS LSE
Bituminous lllincis No. 6 Ruhr coal ~ lllincis No. 6 U.K. coal
Kentucky No. 9 (CRC-702)
Subbituminous Wyodak - - Wyodak
Wandoan
Lignite/Brown Texas Rhenish Brown Texas Australian
North Dakota North Dakota Brown

Australian Brown

* Coals that were tested briefly or only in preliminary tests are not included. A complete list of coals tested is covered in
the detailed technical review given in Volume [l of the report
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Table 6 ~ Product yields and distribution
(Basis: 25,000 t/d of lignite to the plant)

Estevan lignite Willow Bunch lignite
Processes H-coal RAG/Veba Rheinbraun EDS LSE*" H-coal LSE* LSE*"
MF coal, T/D
— to Reactor 16 250 12 505 10 860 15 625 11 640 14 428 14 152 11 640
— for fuel gas and make-up
H, production - 1 555 - 3925 1267 3 926

— to utilities - 3 745 3835 625 685 1822 831 684

Electricity from outside
source, MW - 160 - 110 - - - -

Gaseous products, T/D

— propane/butane 132 952 592 322 495 - 469 447
Liquid products, T/D

~ Naphtha 2327 1 058 1 323 2210 1770 1420 1 390 1 457
- Mid-distiliate 2 000 3 653 2 397 2 746} 3 049 1 660 2780 2 926
— Heavy oil 865 - - - - 286 - -

Byproducts, T/D

~ Sulphur 145 57 56 84 87 142 125 125
— Ammonia 87 116 76 114 76 88 64 64
— Phenols 17 - - - - 20 32 32

* 65% extraction on MAF based on experimental test with a Willow Bunch lignite
** 82% extraction on MAF based on preliminary prediction by process developer by comparison of typical analysis of Saskatche-
wan lignites with other similar coals tested in LSE process
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Table 7 — Product yield and efficiency of advanced direct coal liquefaction processes

Coal Estevan lignite Willow Bunch lignite
Processes H-coal RAG/Veba Rheinbraun EDS LSE** H-coal LSE* LSE**
Percentage of total coal fed
to reactor 100 77 67 96 72 89 87 72
Total liquid product yield
bbl/t as-received coal to
reactor 1.52 1.57 1.64 1.42 1.79 1.11 1.19 1.51
bbl/t MF coal to reactor 234 2.41 2.52 219 275 1.71 1.83 2.33
bbl/t MAF coal to reactor 2.76 2.85 2.98 2.59 3.25 2.17 2.32 295
Adjusted total liquid product
Yield #
bbl/t as-received coal
to plant 1.52 0.95 1.10 1.19 1.29 0.99 1.03 1.09
bbl/t MF coal to plant 234 1.47 1.69 1.83 1.98 1.52 1.59 1.68
bbl/t MAF coal to plant 2.76 1.73 2.00 2.16 2.34 1.93 2.02 2.12
Adjusted total liquid product
Yield including LPG ##
bbl/t as-received coal
to plant 1.56 1.25 1.28 1.29 1.43 0.99 1.17 1.22
bblt MF coal to plant 2.40 1.92 1.97 1.99 220 1.52 1.80 1.87
bblt MAF coal to plant 2.84 2.27 2.33 2.35 2.60 1.93 2.28 2.37
Adjusted desired liquid product
Yield (Naphtha and mid-distillate)
bbl/t as-received coal
to plant 1.29 0.95 1.10 1.03 1.29 0.92 1.03 1.09
bbl/t MF coal to plant 1.99 1.47 1.69 1.58 1.98 1.41 1.59 1.68
bbit MAF coal to plant 2.36 1.73 2.00 1.87 234 1.79 2.02 2.12
Product efficiency
Overall 62.0 55.7 52.2 53.4 62.0 46.8 58.9 61.2
Total liquid product
(excluding LPG) 59.0 44.0 43.2 48.2 55.0 45.7 51.4 54.0
Desired liquid product 49.7 44,0 43.2 35.4 55.0 45.7 51.4 54.0

# For RAG/Veba and EDS processes, the yields in bbl/t coal to plant have been adjusted to zero electricity import using 10,000
BtulkWh (10,550 kJ/kWh) and fuel oil equivalent factor of 6 MM Btu/bbl (6.33 GJ/bbl)
## For LPG produced in the processes, the number of barrels has been added using fuel oil equivalent factor of 6 MM Btu/bbl

(6.33 GJ/bbl)

* Represents product yields for 65% extraction on MAF basis
** Represents product yields for 82% extraction on MAF basis
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Table 8 — Summary of techno-economic assessment

LSE process Mobil SASOL-type Methanol
65% extraction  82% extraction MTG F-T plant Plant
MAF basis MAF basis plant
Product output and distribution, t/d
Fuel gas - - 64 784 -
Propane - - 117 69 -
Propane/butane (LPG) 389 410 - - -
Butane - - 186 11 -
Heavy fuel oil - - - 63 -
Jet fuel 1402 1 481 - - -
Diesel 1262 1334 - 214 -
Gasoline 1490 1572 2245 1055 -
Mixed alcohols - - - 133 -
Methanol - - - - 5714
Desired liquid product yield*
bbl/t as-received coal to plant 1.11 1.17 0.77 0.46 1.75
bbl/t MF coal to plant 1.71 1.80 1.19 0.71 2.69
bbl/t MAF coal to piant 2,16 227 1.50 0.91 3.41
Total product yield*”
bbl/t as-received coal to plant 1.12 1.19 0.94 0.94 1.75
bbl/t MF coal to plant 1.73 1.83 1.45 1.44 2.69
bbit MAF coal to plant 2.19 2.32 1.84 1.82 3.41
Product efficiency
Desired liquid product 51.0 54.0 31.4 18.0 -
Total liquid product 51.0 54.0 314 18.9 39.1
Overall product 57.5 60.7 43.5 36.0 39.5
Capital investment, $ million 2639 2639 2213 2545 1926
Investment, $/daily bbl of 95 054 90 000 114 750 219 245 44010
desired liquid product*
Investment, $/daily bbl of 93 740 88 765 93 770 109 035 44 010
total products™*
Average product cost, $/108kJ
Energy value basis 9.48 8.97 11.28 15.27 11.14
Product value basis 12.43 11.76 13.92 2272 8.70
Individual product cost (product value basis)
Fuel gas $/108kJ - - 4.87 7.95 -
Propane $/bbl - - 2237 36.61 -
Propane/butane $/bbl 22.03 20.84 - - -
Butane $/bbl - - 35.64 62.45 -
Heavy fuel oil c/L - - - 83.54 -
Jet fuel c/L 29.3 27.7 - - -
Diesel c/L 411 38.9 - 66.1 -
Gasoline c/L 43.6° 41.2 453 727 -
Mixed alcohols ¢/bbl - - - 86.4 -
Methanol $/bbl - - - - 32,97
Components of product cost, %
Coal cost 13.8 13.8 15.1 13.4 16.9
Operating and maintenance cost 32.6 32.6 341 34.9 33.8
Capital cost 53.6 53.6 50.8 51.7 49.3

* Desired liquid products are gasoline, diesel, jet fuel (pure methanol in methanol plant)
** Total product refers to all the products listed above
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Table 9 — Process demonstration scale and status of new processes or concepts considered for
commercialization around 1995

Demonstration R&D Funding
Process scale status status

Direct coal liquefaction (one-stage hydrogenation)

— Dow 0.1 t/d In progress Current
(till Dec. 82) (till Dec. 82)
— CO-steam 2.3 kgth Abandoned None
(Dismantled)

Direct coal liquefaction (two-stage hydrogenation)

— Consol Synthetic Fuel (CSF) 9.0 t/d Abandoned None
(Dismantled)
— Two-stage liquefaction (TSL) 0.5 td In progress Current
(till Dec. 82)
— Solvent-refined coal (SRC) 45 td Demo. plant Current
Eng. Design (till Dec. 82)
In progress
— Zinc halide (Z-H) 1.0 t/d Abandoned None
— Solvent-refined lignite (SRL) 0.5 t/d Abandoned None
(Dismantled)

Indirect coal liquefaction (gasification processes)

— Shell * 150 td In progress - Not determined

- U-gas 25 td In progress Not determined

Coal-oil coprocessing

— Caoil 30 bbid Abandoned None

— Japanese solvolysis coal 1.0 t/d. In progress Not determined
liquefaction (JSCL)

— Veba coal/oil process Auto-clave In progress Not determined

Pyrolysis

— Occidental 2.5 td Abandoned None
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Fig. 1 - Typical block diagram of integrated coal liquefaction commercial plant







SESSION I: PAPER 4

AN ASSESSMENT OF TECHNOLOGIES FOR THE DIRECT LIQUEFACTION
OF ONAKAWANA LIGNITE

E. Stobart
Ontario Ministry of Energy
Dr. J. Mikhlin &

The S.N.C. Group

ABSTRACT

Lignite, found in the Onakawana area of northeastern Ontario, is a low-rank, high-ash coal. The Onakawana depositis
estimated to contain approximately 170 million tonnes.

In October 1982, the Ontario Ministry of Energy awarded a contract to S.N.C. to carry out an assessment of
technologies for the direct liquefaction of Onakawana lignite. The assessment was divided into three phases.

Results of Phase | and Phase |lIA are presented as well as preliminary data on Phase [IB.

*denotes speaker
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PRESENTATION 4

UNE EVALUATION DES TECHNIQUES DE LIQUEFACTION
DIRECTE DU LIGNITE D’ONAKAWANA

E. Stobart*
Ministere de I'Energie de I'Ontario
M.J. Mikhlin
Le Groupe S.N.C.

RESUME

Le lignite de la région d'Onakawana, dans le nord-est de I'Ontario, est un charbon a forte teneur en cendre de faible
rang. On a estimé que le gisement d’'Onakawana renferme quelque 170 millions de tonnes.

En octobre 1982, le ministére d’Etat & I'Energie confiait par contrat & la S.N.C. le mandat d’établir une évaluation des
technologies susceptibles d’assurer la liquéfaction directe de ce lignite. L'évaluation a été faite en trois phases. Le
rapport présente les résultats de la Phase | et de la Phase 1A de méme que les données préliminaires de la Phase 1IB.

Les résultats de la Phase | et de la Phase llA sont présentés et certaines données préliminaires concernant la
Phase 1B de I'étude sont discutées.

*indique le conférencier
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AN ASSESSMENT OF TECHNOLOGIES FOR THE DIRECT LIQUEFACTION
OF ONAKAWANA LIGNITE

INTRODUCTION

In 1979, The Ontario Ministry of Energy issued a document entitled “"Energy Security for the Eighties: A Policy for
Ontario”. This document identified security of crude oil supply as Canada’s, and Ontario's, primary concern. The
province recognized that this potential problem could be minimized by the use of its indigenous energy resources.
Lignite, Ontario’s only known coal deposit, could serve this purpose by being converted to synthetic crude oil.

Slide 1

These deposits are in the James Bay Lowlands in northern Ontario. Onakawana, where the lignite was first discovered,
is located alongside the Ontario Northland Railway tracks, about 100 km south of Moosonee and 200 km north of
Cochrane. The deposit is estimated to contain 170 million tonnes of lignite. Recently, the Ontario Energy Corporation
completed a three-year drilling program west of the Onakawana deposit and estimated that there were potential
additional resources of 700 million tonnes.

In 1982, the Ministry of Energy commissioned an assessment of the technologies for the direct liquefaction of
Onakawana Lignite. This study was divided into three phases:

Phase |

Phase | is a preliminary evaluation of the Onakawana lignite as feedstock for direct liquefaction, including a detailed
laboratory assessment of the fundamental analytical properties such as ultimate, proximate and petrographic
analyses.

Phase Il
Phase |l is a technology assessment and prescreening of processes for the as-received (high-ash) Onakawana lignite.
It was divided into two sub-phases:
1. In Phase lIA, the as-received lignite (ash content 19.5 wt % on a moisture-free lignite basis) was
considered as a feedstock.
2. In Phase 1B, the beneficiated lignite having reduced ash content (around 10 wt % on a moisture free
lignite basis) is considered as a feedstock.
A novel concept of coal beneficiation as an integral part of a direct liquefaction process, proposed by Mikhlin (1983),
was incorporated in Phase |IB.

The design calculations are based on experimental data obtained with Onakawana lignite samples in the program on
beneficiation of low rank coals using the above concept. The program is funded by CANMET.

Phase Il

Phase Il is a techno-economic evaluation of the best direct liquefaction process selected as the most suitable for
Onakawana lignite.

At present, Phase | and Phase lIA are completed. The work of Phase IIB of the study is still being carried out.
Therefore, only some Phase 1IB data availabie will be discussed.

DISCUSSION AND PRELIMINARY RESULTS
Phase | '

It was decided, at the start of the study, not to undertake expensive drilling at the Onakawana site. Instead, an
assessment took place using the remainder of the lignite which had been taken from a test pit for a study conducted in
1980.

it was necessary to ensure that the sample of the lignite used for analyses was representative of the lignite deposit.
Proximate, ultimate and petrographic analyses of this sample were carried out and results compared with the

49




representative quality of the Onakawana deposit. The representative quality of the deposit was determined through
statistical evaluation of the lignite analyses obtained in the course of drillings carried out in 1972 and 1980.

Typical analyses of Onakawana lignite are shown in the next slide.

Slide 2

Onakawana lignite as-received has high ash and moisture content which would adversely affect the net liquid product
yield, efficiency and overall economics of a coal liquefaction plant.

The ash is disseminated to a very fine state. Therefore, reduction of ash content by conventional gravity separation is
not sufficient to warrant the loss of lignite and the cost of the process, as it was confirmed by a sink-float test of
Onakawana lignite made by the Ontario Research Foundation.

Phase I
The following four direct liquefaction processes have been selected for technology assessment and prescreening:

Process Developer

Exxon donor solvent (EDS) Exxon Research & Engineering Company, U.S.A.
Liquid solvent extraction (LSE) National Coal Board, U.K.

H-coal Hydrocarbon Research, Inc., U.S.A.

RAG/VEBA Ruhrkohle AG and Veba Qel Ag, FR.G.

Technology evaluations of the above processes were carried out in the study of the technical and economic feasibility
of lignite liquefaction in Saskatchewan, discussed in the previous paper. However, during the past three years these
processes have been improved through ongoing research and development carried out by the process developers.
The most recent developments and data available on each of these processes have been taken into account in the
current study. Also, the liquefaction test carried out with Onakawana lignite by the National Coal Board, UK.
(developer of LSE process), revealed that this fignite has higher reactivity (conversion to liquid and gases without use
of catalyst or hydrogen is about 87-90 wt % vs about 65 wt % MAF for Willow Bunch Saskatchewan lignite at similar
conditions).

In light of recent developments in the above processes and the NCB test results, the EDS process in bottoms recycle
mode of operation and the LSE process have a potential for relatively more economic liquefaction of as-received high
ash Onakawana lignite as compared to other direct liquefaction processes considered.

EDS is a one-step, non-catalytic direct hydroliquefaction process in which hydrogen donor solvent is mixed with feed
coal and the coal-oil slurry is fed to the liquefaction reactor. In the bottoms recycle mode of operation, a portion of the
vacuum bottoms residue is also recycled to the liquefaction reactor. According to the EDS process developer’s data,
the conversion of high ash lignite to liquid products sufficiently increases at a high ratio of recycled bottoms residue to
feed lignite (about 1.0). This phenomenon was demonstrated in a 227 metric tons per day EDS coal liquefaction plant
in Baytown, Texas using high ash Texas lignite as a feedstock.

LSE is a two-stage process. The first stage includes coal extraction followed by solids separation from the extract. The
second stage entails catalytic hydrocracking of the solids-free extract. Filtration is used for separation of solids (ash
and unreacted coal). This allows the disposal of solids with much lower losses of liquid products in comparison to other
coal liquefaction processes where non-mechanical, liquid-solid separation techniques are used (e.g., vacuum
distillation, etc.).

Thus, the EDS process in bottoms recycle mode of operation and the LSE process were selected for technology
assessment using as-received (high ash) Onakawana lignite as a feedstock (Phase A of the study).

Selection of an appropriate process configuration and solid-liquid separation method is one of the ways to reduce
negative influence of high ash content in the feed coal. However, the most radical approach is to reduce ash content in
the coal prior to its liquefaction, i.e., by beneficiating the coal. A technology assessment of all four processes listed
above, using beneficiated Onakawana lignite, was included in Phase 1IB of the study.

As previously mentioned, conventional beneficiation by washing is not acceptable economically for Onakawana lignite
due to dissemination of ash in the lignite to a fine state. A novel concept of coal beneficiation as an integral part of the
direct liquefaction process proposed by Mikhlin (1983) was incorporated in Phase 1B of the study.
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According to the suggested concept, a portion of the oil (or combination of oils) used for coal-slurry preparation in a
coal beneficiation plant will first be applied to beneficiation of the ground high ash coal and then proceed with cleaned
coal particles as agglomerates directly to preparation of the coal-oil slurry to be fed into the liquefaction reactor. This
way, generally, the coal grinding and oil costs for beneficiation may mostly be written off from the product cost of the
technological complex comprising integrated direct liquefaction and beneficiation plants, while the net liquid product
yields and overall efficiency and economics of the complex would be substantially improved due to processing
beneficiated coal having reduced ash content.

The preferential wetting and agglomeration of coal by oil is based on differences in surface properties of ash forming
(usually hydrophilic) and carbonaceous constituents (which should be hydrophobic or at least less hydrophilic than
ash constituents). A decrease in rank from bituminous coal to subbituminous to lignite is usually associated with a
gradually less hydrophobic (more hydrophilic) balance of the coal surface properties. However, experimental research
being conducted by SNC has given promising results with low rank coals using model coal derived oils and chemicals.
Tests carried out with Onakawana lignite resulted in up to 70% reduction of ash with recovery of carbonaceous
constituents up to 95-98 wt % at definite conditions.

The next slide presents a generalized biock diagram of a conceptual commercial plant for integrated beneficiation and
direct liquefaction of Onakawana lignite.

Slide 3

Apart from the beneficiation section, the plant comprises generally the same major processing areas as it does for
non-beneficiated (as-received) lignite. However, some adjustments and modifications of parameters, configuration
and design have to be made to facilitate recovery of coal-derived oils and chemicals suitable also for beneficiation of
low rank coals, thus forming a novel integrated beneficiation-liquefaction technological complex based on known coal
liquefaction technologies. The major plant areas are coal preparation, coal liquefaction, gas treatment and light end
separation, hydrogen production, emission and effluent control, utilities and offsites.

in the case of processing non-beneficiated Onakawana lignite, the lignite received at the plant-site after primary and
secondary crushing with about 20 wt % ash MF and 35 wt % equilibrium moisture, is pulverized and simultaneously
pre-dried. Pulverized, partially dried lignite is mixed with recycled oil, dried in slurry to about 4% moisture, pre-heated
and fed to a liquefaction reactor. Reactor effluent stream is treated in gas-liquid-slurry separation units to recover
gaseous and liquid products and separate unreacted lignite and ash. Excess hydrogen is also recovered and recycled
to the liquefaction reactor. The separated solids (ash and unreacted lignite) are gasified to produce make-up hydrogen.
Product liquids are upgraded to obtain stabilized naphtha, middle distillate and propane-butane LPG. Effluents
treatment and emission control limit the discharge of pollutants. By-products such as sulphur, ammonia, and phenols
are recovered.

In the case of beneficiation (reduction of ash content) of lignite as an integral part of liquefaction, the pulverized and
partially dried lignite and a portion of recycled oils are fed to the beneficiation section. The agglomerates containing
lignite with.reduced ash content are conveyed from the beneficiation section to the coal-slurry preparation units being
pre-dried at the same time to about 20 wt % moisture. Further processing of coal-oil slurry is similar for liquefaction in
both the non-beneficiated (as-received) and beneficiated lignite cases. The lignite rejects in beneficiation tailings are
separated and used for production of fuel gas or hydrogen make-up in the gasification section.

Some specific features of the EDS Bottoms Recycle and LSE processes have been discussed earlier. The major
features of H-coal and RAG/Veba processes were presented in the previous paper.

Technical and economic criteria for Phase |l of the study are shown in the next slide.

Slide 4

Technology assessment includes detailed technical evaluation of the processes and cost considerations. The
emphasis in the technical evaluation of the processes is on liquefaction of lignites, process models for lignites, design
studies of conceptual commercial plants which have been prepared by the corresponding process developers, as well
as on process status and commercialization prospects. For each of the processes, overall configuration of a
conceptual commercial plant for liquefaction of Onakawana lignite was developed. Product yield and distribution,
overall and liquid product efficiencies, quality and possible utilization of the products for substituting conventional fuels
(gasoline, diesel and jet fuel) are included. The technology assessment in Phase Il of the study was carried out using
the data on liquefaction behaviour of the coals tested by corresponding process developers and analytical properties
of Onakawana lignite.

For the LSE process, as previously mentioned, a liquefaction test with Onakawana lignite was also carried out.
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Cost considerations are based on the methodology for process prescreening cost estimation developed by SNC. The
methodology establishes a consistent basis for cost estimates in spite of differences in cost estimation philosophy,
methodology and bases used by different process developers.

The cost considerations include estimates of capital investment, operating, maintenance and product costs for each of
the processes. The capital investment calculations are based on the direct equipment costs reported by the process
developers per vendors quotations. These are the most reliable parts of different process developers’ estimates. The
most recent cost estimates obtained from the process developers, which reflect their experience gained through
operation of demonstration pilot plants, were considered. For the beneficiation section, where appropriate, preliminary
guotations obtained directly from equipment vendors were taken into account. The indirect cost and other components
of capital investment are calculated by taking relevant cost factors developed by Statistics Canada for construction of
capital intensive petrochemical plants.

The product costs are calculated using the methodology developed by the Engineering Societies Commission on
Energy Inc. (ESCOE) for cost comparisons of energy projects which take into account both the relative market
preferences of the individual products and the heating value of the products. In calculating the product cost, credits are
given for the by-products.

It should be noted that the objective of Phase i of the study is to rank the direct coal liqguefaction processes by their
relative technical and economic merits and to select the most promising technology for detailed evaluation. Therefore,
at this stage of the study, the methodology and accuracy considered for cost estimation and the resulting product costs
are adequate primarily for process pre-screening rather than for comparison with the current market prices of existing
fuels. More detailed and accurate financial analysis to be used for comparison with fuel cost in the market will be
carried out in Phase |1l of this study.

The preliminary results on technology assessment and process prescreening, incorporating the data on Phase 1I1B
available at the present, are presented in Table 1.

Since the study has not yet been completed, the final conclusions cannot be drawn. However, analysis of the
preliminary data presented in the summary table shows that the estimated net yield of naphtha and mid-distillate from
Onakawana lignite is in the range of 271 to 482 litres per tonne of moisture-ash-free lignite, depending on the direct
liquefaction process selected and ash content in the feed to liquefaction. If LPG is also considered, the estimated total
product yields are in the range of 329 to 482 litres per tonne of moisture-ash-free lignite. For non-beneficiated (as-
received) lignite, the two-step LSE process seems to be superior to the EDS process even in the bottoms recycle mode
of operation.

Comparing the data for processing non-beneficiated (as-received) and beneficiated Onakawana lignite, it is clear that
a substantial increase in liquid product yield may be expected in all the integrated beneficiation-liquefaction processes
considered. This is particularly true when solid-liquid phase separation techniques (e.g., vacuum distillation, etc.) are
employed which is the case for most of the direct liquefaction processes. For the EDS bottoms recycle process, for
example, the integrated beneficiation of Onakawana lignite would result in an increase of about 43% in liquid product
yields. The liquid product efficiency would increase by about 36%, and the capital investment per annual production of
total product would be reduced by about 34%.

Inthe LSE process, as an exception, filtration is used for separation of solids (unreacted lignite and ash) ftom lignite-
extracted liquid. As previously mentioned, in such a case the amount of liquid product to be used for solids handling will
be minimized, thus reducing the effect of high ash content in the feed coal. Therefore, if we assume that trouble-free
filtration may be achieved with high ash content in the feed coal, reduction of ash in the feed coal should not
substantially increase the product yield and efficiency, although some decrease in capital investment and product cost
would result.

Comparing the integrated beneficiation and liquefaction plants based on the LSE, EDS and H-coal processes (the
data on RAG/Veba are not available yet) it can be seen that in the plant based on H-coal technology, where a highly
active cobalt-molybdenum catalyst is used in ebullated-bed liquefaction reactors, the liquid product yields and the total
product yields are as high as about 482 litres per tonne of lignite delivered to the plant (on moisture-ash-free basis). The
investment per annual production of hydrocarbons is about 1.6 dollars per litre. The estimated average product price is
about 33 cents per litre of liquid product.

The main drawback of this process at the present stage of developmentis the large amount of Co/Mo catalyst required.
Laboratory investigation showed that deactivated Co/Mo catalyst may be regenerated and reused. However, this has
not yet been proven on a larger scale. Also, this process has not yet been demonstrated on a pilot-plant scale using
lignites.

The EDS process in the bottoms recycle mode of operation seems to be next in rank for an integrated beneficiation and
liquefaction plant using Onakawana lignite as a feedstock.
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The ranking may be changed after assessment of the four processes is completed. However, it can be seen from the
data presented that in some cases the liquid product costs may become comparable with the market prices. This may
be even more achievable, if we take into account the possibility of a modular approach for construction of an 8-10,000
tonnes per day plant which would reduce the construction time and the capital investment required. On the other hand,
if plant capacity could be increased, due to the predicted addition of about 700 million tonnes of lignite in Ontario, to
about 25,000 t/d of beneficiated lignite, the product costs presented in Table 1 would be reduced.

Concerning the quality and upgrading of the liquid products, as the recent data from process developers show, the
naphtha could be upgraded to gasoline quality by reforming and hydrotreatment or used as a blendstock with gasoline.
The mid-distillate can be upgraded to diesel fuel quality by hydrotreatment and addition of ignition improvers or used,
depending on market requirements, as heating oil.
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TABLE

Table 1 — Summary of technology assessment
(Feedstock input: 8096 tonnes per day of Onakawana lignite, dry lignite basis, 19.5 wt % ash)

Non-beneficiated
(as-received) Integrated beneficiation
lignite liquefaction liqguefaction
Process LSE EDS LSE EDS H-coal
Products m3d
Propane LPG 165 285 168 272 -
Butane LPG 56 98 56 89 -
Naphtha 919 1532 905 1396 1513
Mid-distiilate 1754 231 1834 1121 1626
Product yield, litre/tonne of
MAF lignite to plant
Naphtha and mid-distiliate 410.2 270.5 420.3 386.2 481.7
Total product (incl. LPG) 4441 329.2 454.7 4415 481.7
Product efficiency, %

Naphtha and mid-distillate 57.5 37.4 58.9 51.0 63.1
Total product (incl. LPG) 61.2 42.9 62.7 55.8 63.7
Capital investment, $ million 2288.06 1969.38 2226.01 1730.08 1541.61

Investment, $/annual litres of
Naphtha and mid-distillate 2.76 3.60 2.62 2,22 1.58
Investment, $/annual litres of
total product (incl. LPG) 2.55 2.96 2.42 1.94 1.58
Average product cost $/GJ 11.94 15.21 11.55 10.41 9.25
Individual product cost, Aitre
Propane LPG 44.86 44.83 43.50 32.56 -
Butane LPG 50.17 56.46 48.64 41.01 -
Naphtha 47.96 58.99 46.50 42.85 32.11
Mid-distillate 42.59 50.07 41.29 38.18 33.50
Average product cost, Aitre 44.57 56.03 43.15 40.00 32.83

Note: The cost estimates are presented in mid-1983 constant Canadian dollars
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Slide 1 — Onakawana lignite deposit
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Moisture (run-of-mine), wt % 49.4
Equifibrium moisture, wt % 35.17
Gross calorific value (GVC), 21,813
MJ/t MF lignite

Proximate analysis, wt % MF lignite

Volatile matter 38.9
Fixed carbon 41.6
Ash 19.5
Ultimate analysis, wt % MF lignite
Carbon 55.0
Hydrogen 3.9
Nitrogen 0.6
Sulphur 1.1
Oxygen 19.9
Ash 19.5
Petrographic analysis, vol %
Huminites 73.0
Liptinite 2.4
Inertinite 20.4
Mineral matter 4.2

Slide 2 - Typical ultimate, proximate and petrographic
analyses of Onakawana lignite
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Slide 3 — Typical block diagram of an integrated plant




Lignite feed:

Constant Canadian dollars:
Plant location:

Construction period:

Capital investment schedule:
Plant life:

Depreciation:

Salvage value:

Process contingency:

Project and estimating contingency:

Plant service factor:
Working capital:
Capital financing:
Debt cost:

Return on equity:
Lignite cost:
Electricity cost:

By-product credits:

Sulphur
Ammonia
Mixed phenols

8096 t/d to the plant (dry lignite basis)
Mid-1983

Within 4.5 km (3 miles) of the lignite mine
4 years

(S-type curve)

30 years

Straight-line method

Zero

5%

10%

0.85 (310 operating days per year)
3% of installed-plant cost

Debt/equity 70/30%

5% per annum (constant dollars)

10% per annum (before taxes)

$15 per tonne at equilibrium moisture

3.0 cents/KWH

$ 65/
$300/t
$250/t

Slide 4 - Financial assumptions and economic criteria
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SESSION I: PAPER 5

THERMAL AND CATALYTIC LIQUEFACTION OF NOVA SCOTIA COALS

J.J. Starzomski* and D.M. Jay
Nova Scotia Research Foundation Corporation
Dartmouth, Nova Scotia

ABSTRACT

Process studies on high-pressure donor solvent extraction and catalytic hydrogenation of Sydney area coals are
described. Lingan, Prince and No. 26 high-volatile bituminous coals were liquefiedin a2 kg/hour continuous-flow pilot
unit. Results of a statistical investigation to evaluate the effects of coal feedstock, reaction temperature and slurry
space velocity on product composition are presented. Hub seam coal from the Prince mine was found to be the most
reactive feedstock at thermal liquefaction conditions. Within the Harbour seam reactivity was observed to decrease
going from the Lingan mine to No. 26. Simple correlations were drawn between individual coal properties, both
chemical and petrographic, and product yields. Conversions and product distributions are reported for catalytic
hydrogenation using commercially available Ni/Mo and Co/Mo hydrotreating catalysts. A recently initiated test
program on a thermal/catalytic two-stage process configuration designed to improve hydrogen utilization, increase
distiliate yield and reduce the production of hydrocarbon gases is also discussed.

*denotes speaker
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PRESENTATION 5

LA LIQUEFACTION THERMIQUE ET CATALYTIQUE
DES CHARBONS DE LA NOUVELLE-ECOSSE

J.J. Starzomski* et D.M. Jay |
Fondation de recherche de la Nouvelle-Ecosse
Dartmouth (Nouvelle-Ecosse)

RESUME

Cette communication décrit les études sur les procédés d'extraction par solvant donneur a haute pression et les
procédés d’hydrogénation catalytique des charbons de la région de Sydney. Des charbons bitumineux tres volatils
Lingan, Prince et n® 26 ont été liquéfiés dans une instailation pilote en continu de 2 kg/heure. Elle présente les
résultats d'une étude statistique permettant d'évaluer les effets de Ila charge d'alimentation en charbon, de la
température de réaction et de la vélocité de I'espace semi-liquide sur la composition du produit. On a constaté que le
charbon du gite central de la mine Prince savérait la charge d’alimentation qui réagissait le plus aux conditions de
liquéfaction thermique. Pour le gite Harbour, on a constaté que la réactivité diminuait au fur et 2 mesure qu'on
séloignait de la mine Lingan, vers la mine n°® 26. On a étabii des corrélations simples entre les caractéristiques
spécifiques du charbon, tant chimiques que pétrographigues, et les rendements de produits. Les conversions et les
répartitions de produits sont présentées dans le cas de I'hydrogénation catalytique, en utilisant des catalyseurs
d'hydrotraitement Ni/Mo et Co/Mo disponibles sur le marché. Un programme d'essais récent, retenant un procédé
thermigue/catalytique en deux étapes, congu pour améliorer I'utilisation de I'nydrogéne, et qui accroit la production de
distillat tout en réduisant la production de gaz d’hydrocarbures est également présenté.

*indique le conférencier
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THERMAL AND CATALYTIC LIQUEFACTION OF NOVA SCOTIA COALS

INTRODUCTION

The production of liquid fuels from coal was practiced on an industrial scale in Germany during the second world war. In
the decade following World War |1 a direct coal liquefaction plant was built in the United States and a synthetic fuels
industry based on coal was established in South Africa. Development work on coal liquefaction in North America
diminished after a few years due to the low price and ready availability of crude oil. However, since the early 1970s the
United States and several other industrialized nations around the world have focused considerable attention on the
production of liquid fuels from coal.

The increased activity was stimulated by an upward trend in crude oil prices and a delicate supply’demand balance for
petroleum products. In the early 1980s a number of large pilot plants were operated in the United States to determine
the technical and economic feasibility of direct coal liquefaction. Within the last two years, however, crude oil prices
have stabilized and declined slightly. This has resulted in the cancellation or slowdown of most large-scale synfuels
projects in North America. Nevertheless, in other parts of the world industrialized countries, including Germany and
Japan, are actively pursuing and demonstrating advances in coal liquefaction technology.

Although Canada has abundant coal reserves, the Canadian Government has not made a commitment to developing
a coal liquefaction process because of the enormous costs involved. On the other hand, the Canadian way of life is
highly dependent on petroleum liquids. Since our existing crude supplies are not expected to meet our future liquid fuel
demands, it seems that we will have to rely on synthetic liquid fuels to some degree in the next few decades.
Furthermore, since long lead times are involved in process evaluation, detailed design and plant construction, it is
essential to understand the basic concepts of the promising liquefaction processes and verify their projected yield
structures as they apply to Canadian coals.

Process studies relating to the direct liquefaction of Nova Scotia high-volatile bituminous coals were initiated at NSRFC
in the latter part of 1977. Since that time five phases of work have been completed. Extensive experimental studies
have been carried out on a low-severity extractive coking process (1,2,3), medium-to high-pressure donor solvent
extraction (4,5) and single-stage catalytic hydrogenation (6). At present, efforts are being concentrated on a two-stage
thermal/catalytic process configuration. Since 1977 R&D activities at NSRFC have progressed from batch autoclave
work to the design, assembly and operation of continuous processing units for both coal liquefaction and the catalytic
upgrading of coal-derived liquids.

DONOR SOLVENT LIQUEFACTION

Historically, two routes have been used to produce liquid fuels from coal — a direct or degradation route and an indirect
or synthesis route. High-volatile bituminous coals, similar to those of the Sydney coalfield, are considered to be very
good feedstocks for direct liquefaction. Proximate and ultimate analysis of coals tested are presented in Table 1.
Petrographic analyses are given in Table 2.

Direct liquefaction via solvent extraction involves contacting coal at temperatures up to 500°C with a coal-derived liquid
containing hydrogen donor compounds. Molecular hydrogen may be supplied under pressure during the extraction
stage, and used to hydrogenate the recycle liquid or both. After the solvation step, techniques such as filtration,
centrifugation, coking, etc., are used to separate the coal liquids from the unreacted coal, ash and char. Much of the
work on direct liquefaction today is based on concepts originated in Germany more than 50 years ago. The Pott-
Broche process was the earliest development based on solvent extraction (7, 8).

Role of Donor Solvent

The solvent plays an important role in this process, serving as a transport medium, a coal solvent and a vehicle to
transfer hydrogen to the coal. Within the past few decades several investigators (9-13) have reported on the
mechanism by which hydrogen is transferred from a hydrogen donor solvent to coal during the liquefaction process. It
is widely accepted that coal is dissociated by thermal decomposition into free-radicals which achieve stabilization by
the capture of hydrogen atoms from donor molecules. Experimental work has proven hydroaromatic compounds to-be
effective hydrogen donors under liquefaction conditions.

Preparation of Donor Solvent

Anthracene oil was used as the starter feedstock to prepare hydrogen donor solvent. A highly aromatic coal-derived
oil, it was expected to perform adequately in coal extraction after its hydrogen content was adjusted in the range of
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8-9%. The characteristics of the raw oil are shown in Table 3. Solvents with varying hydrogen content have been
prepared from anthracene oil using a fixed-bed catalytic hydrotreater. The bench-scale unitis described eisewhere (3).

A commercial Co/Mo/Al hydrotreating catalyst, Nalcomo 479, was used to prepare solvents containing 7.5 and 9%
hydrogen. These oils were used for the catalytic and thermal liquefaction experiments described herein. The
characteristics of the hydrogenated oils are given in Table 3. Proton distribution illustrates that the 9% H oil, HAO 56,
contains a high level of transferrable hydrogen, H,,. The chemical and physical properties of Nalcomo 479 catalyst are
presented in Table 4. The operating conditions used to produce these solvents are reported elsewhere (6).

Effects of Process Variables on Donor Solvent Extraction Yields

In order to evaluate the effects of coal feedstock, reaction temperature, total pressure and slurry feedrate on product
composition, a series of sixteen experiments were conducted according to a 24 factorial design. The donor solvent
experiments were conducted in a continuous-flow unit with Prince Hub seam and Lingan Harbour seam coals. The
bench-scale unit has been described previously (5) and is shown in Figure 9. The runs were made in a once-through
mode using 9% H oil as donor vehicle. The concentration of coal in the feed slurry was fixed at 30 wt %. Hydrogen
treatrate was ca 7.5 wt % based on dry coal. The operating conditions investigated were as follows:

Reactor temperature, °C 440, 460
Back pressure, MPa 17.24, 20.68
Slurry feedrate, kg/hr 1, 2.

in this study the slurry hourly space velocity is 1.0 at a slurry feedrate of 1 kg/hr. A typical run was of 6-8 hours duration.
During the steady-state operating period vent gas streams were sampled and other product streams were collected for
analytical and material balance purposes.

In these experiments the following definitions for the product fractions isolated by solvent extraction were used:

e Oil — pentane solubles
® Agphaltenes — benzene solubles, pentane insolubles
® Preasphaltenes — THF solubles, benzene insolubles.

A direct extraction technique was used to determine these fractions. Individual samples of product slurry were
separately extracted with pentane, benzene, and tetrahydrofuran (THF). Conversions were calculated on the basis of
maf coal fed to the reactor during the steady-state sampling period and unconverted coal in the dry insoluble residues.

Table 5 summarizes the results of the coal hydrogenation parameter study. An examination of the data indicates that
the controlled variables studied certainly do affect product distribution. A statistical evaluation of the data was carried
out to determine the significance of the observed effects. The response variables selected for the statistical analysis
included gas make, oil yield, asphaltenes, preasphaltenes and hydrogen consumption. A standard analysis of
variance was used to establish confidence levels.

Temperature was found to have a significant effect on the conversion of coal to the products listed. Increasing the
operating temperature from 440 to 460°C produced higher yields of gases and oil and lower yields of asphaltenes and
preasphaltenes. For example, a comparison of run no. 3116 at 440°C and run no. 3111 at 460°C shows the following
shift in product distribution:

— gases increased from 9.3 to 13.3%

— oil increased from 24.7 to 30.8%

— asphaltenes decreased from 29.8 to 25.1%

— preasphaltenes decreased from 20.5 to 16.1%.
The effect of pressure was only significant with regard to gas make and hydrogen consumption. Increasing the
operating pressure from 17.24 to 20.68 MPa had a negative effect on gas make and a positive effect on hydrogen
consumption. For example, in run no. 3117 at 17.24 MPa the gas make was 20.4% compared with 17.7% in run

no. 3115 at20.68 MPa. Furthermore, the hydrogen consumption in run no. 3117 was 1.7% compared with 2.0% in run.
no. 3115, ‘
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Slurry feedrate was found to significantly affect the yields of gases, oil and preasphaltenes. Increasing the slurry
feedrate produced lower yields of gases and oil and higher yields of preasphaltenes. A comparison of run no. 3112 at
1 kg/hr and run no. 3116 at 2 kg/hr shows the following shift in product distribution:

— gases decrease from 12.1 to 9.3%

— oil decreases from 31.0 to 24.7%

— preasphaltenes increase from 15.6 to 20.5%.
The statistical evaluation shows that coal feedstock significantly affects product distribution and hydrogen consump-
tion. Continuous runs with the Prince coal produced higher gas makes, higher oil yields and lower yields of
preasphaltenes than runs with the Lingan coal at similar operating conditions. In general, hydrogen consumption was

higher with the Prince mine coal. The following comparison illustrates the effect of coal feedstock on yields and
hydrogen consumption:

Run no. 3115 Run no. 3125
Prince batch D Lingan batch K

Products, wt %

Gases 17.7 14.8
Qil 33.0 26.2
Asphaltenes 25.8 26.7
Preasphaltenes 11.9 19.4
Hydrogen consumption, wt % 2.0 1.4

Dependence of Product Distribution on Coal Properties

in addition to the feedstocks used in the coal hydrogenation parameter study, four other coals were tested (Prince
batch C, Lingan batch I, Lingan batch J and No. 26 batch B). Continuous experiments were carried out at operating
conditions judged best to maximize oil yield. Results are presented in Table 6. The product distributions show that oil
yield varied from 21.0 to 29.6% and product preasphaltenes ranged from 13.4 to 23.7%. Conversions for the Lingan
coals were quite similar. Run no. 3135 made with No. 26 colliery coal produced the lowest oil yield, 21.0%, and the
highest yield of preasphaltenes, 23.7%.

it is well recognized that the liquefaction behaviour of a coal is dependent on both its chemical and petrographic
characteristics (14,15). Figures 1-7 are presented to illustrate the variation of conversion with individual coal properties.

Figures 1 and 2 indicate that pyritic and organic sulphur both have a positive influence on coal conversion. At higher
concentrations of these constituents, oil yield is enhanced and there is a substantial decrease in the preasphaltenes
fraction. A similar trend is apparent for ash content as shown in Figure 4.

The influence of carbon on conversion is presented in Figure 5. The highest conversions to benzene solubles plus
gases were found for coals with 73-78% carbon. Plotting conversion against vitrinite content, Figure 6, gave scattered
points for coals containing 74-81 volume % vitrinite. Since five of the six points were in that region no correlation was
drawn. The effect of coal rank on conversion is shown in Figure 7. Coal rank is presented in terms of maximum
reflectance of vitrinite (% R, max.). Figure 7 shows that the degree of conversion to benzene solubles plus gases
increases significantly as rank decreases. The highest oil yield, 33%, was produced from Prince coal, 0.78% R, max.

Although Figures 1-7 suggest that simple correlations exist between coal conversion and individual coal properties. it
must be kept in mind that conversion is influenced by several properties interacting simultaneously.

CATALYTIC HYDROGENATION

Catalytic hydrogenation adds hydrogen to coal with the aid of a suitable catalyst. Bergius (16) conducted experimental
work on catalytic hydrogenation of brown coals from 1913-1924 and the first commercial plant was built in 1927.
However, during the past 10-15 years significant advances have been made relating to the catalytic hydrogenation of
coal. H-coal (17), one of the more advanced processes developed in the United States. utilizes a catalyst in particulate
form to hydrogenate a coal-oil slurry in an ebullated bed. In West Germany a direct liquefaction process is being
developed by Ruhrkohle AG and Veba Oel AG that utilizes an inexpensive disposable catalyst (18).
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Process Variable Study on Lingan Harbour Seam Coal

A series of experiments were carried out on Lingan Harbour coal at medium-severity operating conditions to
investigate conversion and product yields. In this study pulverized catalyst was added to the feed slurry to simulate
single-stage catalytic coal liquefaction. The experiments were conducted varying reaction temperature, slurry space
velocity, hydrogen treatrate, vehicle oil composition, catalyst type and catalyst concentration. Lingan batch L coal was
used. Runs were of 6-8 hours duration. A summary of operating conditions and performance is shown in Table 7.

The first three experiments, run no. 5005-5007, were carried out at 460°C and 17.24 MPa. The concentration of coal in
the feed slurry was fixed at 29.5 wt %. A commercially available Ni/Mo hydrotreating catalyst, Nalco NM 502, was
used. In run no. 5005 the slurry feedrate was 1 kg/hr. Catalyst concentration was fixed at 4 wt % based on maf coal
and hydrogen treatrate was 7.5 wt % based on dry coal. The coal conversion and oil yield produced were 91.0 and
29.9%, respectively. In run no. 5006 catalyst concentration was doubled to 8 wt %. Coal conversion to THF solubles
plus gases was similar to that of run no. 5005; however, oil yield increased to 33.1%. In run no. 5007 catalyst was held
at the 8 wt % level, hydrogen treatrate was doubled to 15 wt % and slurry feedrate was reduced to 0.8 kg/hr. The
changes in hydrogen treatrate and slurry feedrate affected a significant shift in product distribution. Oil yield increased
further to 38.2% while preasphaltenes decreased to 7.0%. The gas make in run no. 5007 was 21.9% compared with
17.1% in run no. 5006.

On completion of these baseline runs an optimization study was undertaken. Five experiments were’ carried out
according to a Simplex Self-Directing Evolutionary Operation (SSEVOP). The primary goal of SSEVOP is to locate the
optimum operating conditions as quickly as possible when several variables are being considered. In this case
temperature, catalyst level, hydrogen treatrate and slurry feedrate were the process variables of interest. The principal
response was oil yield.

An analysis of operating data was made to determine the average level and range for each factor. It was judged that a
shift of one standard deviation from the mean level in each direction would be acceptable for each factor. The original
Simplex design was prepared based on the resuits of this preliminary analysis. The run conditions established were as
follows:

Hydrogen Catalyst Slurry
Run treatrate level Temperature feedrate
no. {wt % dry coal) {wt % maf coal) °C (kg/hr)
5009 11 7 451 0.920
5010 15 , 7 451 0.920
5011 ' 13 10 451 0.920
5012 13 8 467 0.920
5014 13 8 455 1.320

Test results are presented in Table 7. Oil yield ranged from 33.1 to 36.5%. The results of these five runs were used to
calculate a new design point.

The operating conditions at the new design point were 455°C, 8% catalyst, 13% hydrogen treatrate and 0.5 kg/hr slurry
feedrate. These conditions were similar to those used in run no. 5014 with the exception of siurry feedrate. The new
design point could not be run, however, because previous attempts to operate the metering pump at this level were
unsuccessful. In consideration of these facts run no. 5015 was conducted at a slurry feedrate of 0.9 kg/hr, the mid-
point between the new design point and the feedrate used in run no. 5014. A comparison of results from run no. 5014
and 5015 shows that the decrease in slurry feedrate from 1.3 to 0.9 kg/hr did not affect oil yield substantially.

Two experiments were carried out to investigate catalyst type and vehicle oil composition. American Cyanamid
HDS-1442, a Co/Mo hydrotreating catalyst, was used in run no. 5016. A comparison cof run no. 5007 and 5016 shows a
higher oil yield with the Ni’Mo catalyst. These results are in agreement with our earlier findings using a batch autoclave
system for catalyst screening tests.

Hydrogenated anthracene oil containing 7.5 wt % hydrogen was used as vehicle oil in run no. 5005-5016 inclusive. In
run no. 5017 hydrogenated anthracene oil with a hydrogen content of 9% was used. A comparison of product yields
from run no. 5015 and 5017 shows that a small improvement in oil yield was achieved using 9% H vehicle oil. The
highest coal conversion and oil yield achieved at medium-severity operating conditions were 92 and 38%, respectively.
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Comparison of Lingan Harbour, Prince Hub and lilinois No. 6 Coal Reactivity

In this section duplicate runs conducted with Prince Hub and lllinois No. 6 (Burning Star Mine) are compared with a
single run on Lingan Harbour coal. The operating conditions were as follows: 451°C, 17.24 MPa, 13% hydrogen
treatrate and 0.92 kg/hr slurry feedrate. Nalco NM 502 catalyst was used ata 10 wt % level. Test results are presented
in Table 8.

An examination of the data shows that high levels of conversion to THF solubles plus gases were achieved with all
three coal feedstocks. In fact, total coal conversion ranged from 90.5 to 93.6%. However, product distributions were
significantly different. For example, run no. 5011 with Lingan coal produced 36.1% oil whereas the oil yields for Prince
and Illinois No. 6 averaged 41.8 and 57.3%, respectively. Furthermore, the results show that in the case of the Nova
Scotia coals the conversion products contain high levels of asphaltenes and preasphaltenes. The asphaltene-
preasphaltene components in Lingan raw product totalled 38.7%. This is more than double the 16% yield of these
components measured in lllinois No. 6 raw product.

The three coals differ in their chemical and petrographic characteristics as shown in Tables 1 and 2. With regard to
chemical characteristics Lingan has lower ash and sulphur levels than Illinois No. 6. Prince Hub, on the other hand,
has high ash and sulphur levels similar to those of lllinois No. 6. However, on the basis of results presented here and
our previous experimental work, the difference in reactivity is primarily attributable to rank. Product yields are plotted as
a function of coal rank in Figure 8. Coal rank is presented in terms of maximum reflectance of vitrinite (% R, max.).
Figure 8 shows that oil yield increases as coal rank decreases. The highest oil yield, 57%, was produced from lllinois
No. 6 coal, R, max. 0.62%. In conclusion, the order of reactivity was found to be: lllinois No. 6 > Prince
Hub > Lingan Harbour.

Improved Performance on Lingan Coal at Increased Severity

Additional experiments were conducted with Lingan coal at increased severity in an attempt to achieve higher oil
yields. The operating conditions and test results for the higher severity operations are given in Table 9.

Severity was increased step-wise in advancing from run no. 5021 to 5024. In run no. 5021 the level of Nalco NM 502
catalyst was increased to 20 wt %; other operating conditions were similar to those of run no. 5011. The effect of the
higher catalyst concentration on product distribution was small. Temperature was increased to 460°C in run no. 5022
and slurry feedrate was reduced to 0.7 kg/hrin run no. 5023. The changes in temperature and slurry feedrate resulted
in a gradual but persistent shift towards lighter products. In run no. 5024 pressure was increased to 20.68 MPa and
9% H vehicle oil was used. This run produced the highest oil yield, 47.1% and the lowest yield of asphaltene-
preasphaltene components, 18.5%. Run no. 5026 was carried out at 460°C, 20.68 MPa and 10 wt % catalyst. The
reduction in catalyst concentration had a significant negative effect on product distribution.

These catalytic hydrogenation runs suggest that oil yields in the range of 50% can be produced from Lingan Harbour
and Prince Hub coals in a single-stage catalytic process. Furthermore, the tests suggest that in order to achieve oil
yields in this range the Nova Scotia coals would require higher catalyst consumption rates than lllinois No. 6. In fact, it
appears that catalyst requirements would be 2-3 times higher for the Nova Scotia coals.

TWO-STAGE THERMAL/CATALYTIC LIQUEFACTION

In recent years advances have been made to improve so-called conventional coal hydrogenation. The new process
developments are centered on liquefying coal in two separate reaction zones. Chevron Research has used two
separate but closely coupled reaction zones to achieve high liquid yields and control hydrogen consumption (19). C-E
Lummus has reported on an integrated two-stage liquefaction process which combines short contact time thermal
liqguefaction of coal and LC-Fining hydrotreatment of the extract after it has been deashed (20). Additionally, Hydrocar-
bon Research Inc. is currently investigating two-stage catalytic/catalytic liquefaction (21) and Ker-McGee is develop-
ing a two-stage option utilizing their critical solvent deashing process (22).

In July 1984, NSRFC initiated studies on two-stage thermal/catalytic liquefaction. In the process ceal is solubilized in
the thermal first stage and subsequently upgraded in the catalytic second stage. By using two separate reaction zones
the thermal dissolution and the catalytic upgrading steps can be independently optimized to maximize efficiency and
control product distribution and quality. } is expected that the process will improve hydrogen utilization. increase
distillate yield and reduce the production of hydrocarbon gases. Testwork has been conducted on both stages
separately using our existing coal liquefaction unit.

First-Stage Dissolution Studies

A series of eight experiments were conducted according to a factorial design to investigate the effects of temperature,
pressure and coal space velocity on conversion in the thermal stage. Lingan batch L coal was used in these

65




experiments. Hydrogenated anthracene oil containing 9.0% H was used as the donor vehicle. The concentratior} of
coal in the feed slurry was fixed at 30 wt %. Hydrogen treatrate was ca. 7.5 wt % based on dry coal. The operating
conditions investigated were as follows:

Temperature, °C 440, 460
Back pressure, MPa 6.89, 10.34
Slurry feedrate, kg/hr 1, 2.

The objective in the thermal stage is to affect high coal conversion and low hydrocarbon gas production. Resuits
presented in Table 10 show that operating conditions can be selected to achieve the desired objective. A statistical
evaluation of the data was carried out to determine the significance of the observed effects. The response variables
selected for the statistical analysis included gas make, oil yield, asphaltenes and preasphaltenes. A standard analysis
of variance was used to establish confidence levels.

Temperature was found to be highly significant with respect to the production of gases and preasphaitenes. Increasing
the temperature from 440 to 460°C produced higher gas yields and lower yields of preasphaltenes. For example, a
comparison of run no. 5031 at 440°C and run no. 5029 at 460°C shows the following shift in product distribution:

— gases increased from 12.5 to 20.9%
— preasphaltenes decreased from 24.1 to 18.3%.

The statistical evaluation shows that the effect of pressure, over the range 6.89 to 10.34 MPa, is not highly significant
with regard to any of the response variables evaluated.

Slurry feedrate was found to significantly affect the yields of gases, asphaltenes and preasphaltenes. Increasing the
slurry feedrate produced lower yields of gases and asphaltenes and higher levels of preasphaltenes. For example, a
comparison of run no. 5031 at 1 kg/hr and run no. 5033 at 2 kg/hr shows the following shift in product distribution:

— gases decreased from 12.5 to 8.9%
— asphaltenes decreased from 27.3 to 25.2%
— preasphaltenes increased from 24.1 to 31.2%.

Non-Integrated Two-Stage Liquefaction Trials

A very limited number of non-integrated two-stage liquefaction trials have been conducted. In these experiments
thermal stage product was coliected over a 10-13 hr operating period and subsequently upgraded. The thermal
dissolution step and the catalytic upgrading step were separated by approximately 48 hours. The catalytic stage was
operated at temperatures of 390 and 430°C, 17.24 MPa and slurry feedrates of 1.15 and 0.75 kg/hr. The highest oil
yield achieved was 37% using 20 wt % Ni/Mo catalyst. Test results suggest, however, that higher oil yields can be
achieved with minimum gas production by reducing slurry space velocity in the catalytic stage.

It shouid be noted at this point that first-stage products may undergo regressive (condensation) reactions upon storage
and/or thermal cycling between stages. This can render the initial products unresponsive to subsequent catalytic
conversion and increase the production of light gas. Hence, a catalytic reactor is presently being added to the existing
unit. The two reactors will be closely coupled to permit integrated two-stage operations. The catalytic reactor will be
used to contain and control hydrocracking and hydrogenation reactions.

Future work includes further scoping of first- and second-stage operating conditions to optimize selectivity towards
distillate products, to be followed by continuous experiments with solvent recycle.
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TABLES

Table 1 — Analysis of coals tested

Lingan Lingan Lingan Lingan

Coal description: batch | batch J batch K batch L
Moisture, wt % 1.39 1.47 1.23 1.28
Proximate (dry basis) wt %

Ash 2.82 6.37 3.89 410

Volatile matter 38.14 37.02 37.36 34.83
Ultimate (dry basis) wt %

Carbon 81.40 78.84 81.47 81.78

Hydrogen 5.34 5.00 5.06 5.37

Nitrogen 1.63 1.62 1.70 1.56

Sulphur 1.00 2.69 1.80 1.67

Ash 2.83 6.37 3.89 4.10

Oxygen 7.80 5.48 6.08 5.85

(by difference)

Sulphur forms (dry basis) wt %

Sulphate 0.06 0.07 0.03 0.05

Pyritic 0.54 1.87 1.21 1.05

Organic 0.40 0.75 0.56 0.57

(by difference)

Total 1.00 2.69 1.80 1.67

Free swelling index 8 8 8 8
Prince Prince Prince lllinois

Coal description: batch C .batch D batch B No. 6
Moisture, wt % 2.43 1.98 0.88 3.17
Proximate (dry basis) wt %

Ash 6.42 9.23 4.00 11.13

Volatile matter 36.54 36.22 34.60 38.05
Ultimate (dry basis) wt %

Carbon 77.23 73.48 80.30 68.73

Hydrogen 4.86 4.80 5.20 4.73

Nitrogen 1.55 1.45 1.67 1.39

Sulphur 3.04 4.22 1.11 3.46

Ash 6.42 9.23 4.00 11.13

Oxygen 6.90 6.82 7.72 10.56

(by difference)

Sulphur_forms (dry basis) wt %

Sulphate 0.28 0.18 0.05 0.01

Pyritic 1.39 2.25 0.42 1.50

Organic 1.37 1.79 0.64 1.95

(by difference)

Total 3.04 4.22 1.11 3.46

Free swelling index 2% 2 8 1%
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Table 2 — Petrographic characteristics of coal tested

Lingan Lingan Lingan Lingan
Coal description: batch | batch J batch K batch L
Maceral composition
(% by volume)
Vitrinite 75.6 81.2 74.6 77.0
Exinite 6.2 5.3 7.4 4.2
Inertinite 18.0 9.9 17.4 16.4
Magcrinite (2.8) (1.5) (1.6) (2.6)
Micrinite (6.2) (1.7) (4.4) (4.4)
Semifusinite (5.8) (1.9) (6.6) (4.6)
Fusinite (3.2) (4.8) (4.8) (4.8)
Mineral matter 0.2 3.6 06 24
Pyrite (0.2) 3.2) (0.4) (0.6)
Quartz - - - (0.4)
Shale - (0.2) - . (1.4)
Calcite - (0.2) (0.2) -
% R, Max. 0.94 0.92 0.98 0.96
Prince Prince Prince llinois
Coal description: batch C batch D batch B No. 6
Maceral composition
(% by volume)
Vitrinite 76.8 74.7 85.2 79.2
Exinite 3.1 4.1 3.2 3.8
Inertinite 18.5 18.0 1.2 11.8
Macrinite (1.4) (0.8) (1.8) (0.6)
Micrinite (5.9) (5.4) (3.6) (4.6)
Semifusinite 4.1) (5.4) (3.6) (2.8)
Fusinite (7.1) (6.4) (2.6) (3.8)
Mineral matter 1.6 3.2 0.4 5.2
Pyrite (1.0) . (2.6) (0.2) (1.4)
Quartz - - (0.2) (1.4)
Shale ’ (0.4) (0.4) - (2.4)
Calcite (0.2) (0.2) - -
% R, Max. 0.83 0.78 1.08 0.62
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Table 3 -

Characteristics of raw and
hydrogenated anthracene oil

Table 4 — Chemical and physical properties of

hydrotreating catalysts

Sample Raw HAO HAO Nalco Nalcomo
description anthracene 55 56 NM 502 HDS-1442 479
Specific gravity, 60/60°F 1.135 1.073 1.033 MoO,, wt % 14.0 13.2 19.0
Carbon, wt % 91.03 91.58 90.36 NiO, wt % 4.0
Hydrogen, wt % 5.65 7.54 9.01 CoO, wt % 35 4.4
Nitrogen, wt % 0.97 0.41 0.13
Sulphur, wt % 0.62 0.062 0.006 Size, cm 0.16 0.16 0.16
Oxygen, wt % 1.29 0.96 1.06 Surface area, M2/g 240 300 180
Pore volume, cc/g 0.53 0.80 0.47
Proton distribution, % Density, g/cc 0.73-0.74 0.58 0.82-0.84
Hg, (9-6 ppm) 86.21 36.49 16.34 Crush strength, kg 6.4 -7.3 6.2 6.4 -7.3
Ho (3.5-2 ppm) 11.30 31.75 33.26 Nalco NM 502 and Nalcomo 479 are manufactured by the
HB(2-1.1 ppm) 1.48 24.57 37.77 Naico Chemical Company
Hy (1.1-0.4 ppm) 1.01 7.18 12.63
Distillation data, °C HDS-1442 is manufactured by American Cyanamid
(ASTM D-1160)
IBP 227 188 177
10% 270 251 251
20% 301 282 277
30% 320 300 294
40% 336 312 305
50% 348 323 314
60% 362 334 323
70% 375 347 336
80% 390 366 356
90% 416 387 384
95% 455 404 405
EP 470 438 437
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Table 5 — Summary of results from coal hydrogenation parameter study using continuous-flow unit

Run no. 3110 3112 3114 3116 3115 3117 3118 3111
Temperature, °C 440 440 440 440 460 460 460 460
Back pressure, MPa 20.68 17.24 20.68 17.24 20.68 i7.24 20.68 17.24
Slurry feedrate, kg/hr 1.034 0.995 1.968 2.039 1.017 0.982 2.020 2.060
H, consumption, wt % maf coal 1.6 1.3 1.6 1.1 2.0 1.7 1.6 1.3
Conversions, wt % of maf coal
Pentane solubles plus gases 43.9 431 35.8 34.0 50.7 50.1 452 44 .1
Benzene solubles plus gases 711 71.3 64.4 63.8 765 75.7 704 69.2
THF solubles plus gases 87.1 86.9 84.9 84.3 88.4 87.9 86.9 85.3
Product distribution, wt % of maf coal
C,-C, 3.8 4.6 2.9 3.1 7.3 8.0 5.1 5.5
C, 1.8 1.8 1.2 1.7 3.8 3.6 2.6 2.2
4 1.6 2.3 1.6 1.5 2.6 3.4 2.0 2.1
NH,, H,0, H,S, CO, 2.6 34 2.8 3.0 4.0 5.4 3.2 3.5
Qil 341 31.0 27.3 24.7 33.0 29.7 323 30.8
Asphaltenes 27.2 28.2 28.6 29.8 25.8 25.6 25.2 25.1
Preasphaltenes 16.0 15.6 20.5 20.5 11.9 12.2 16.5 16.1
Run no. 3129 3127 3126 3124 3125 3123 3122 3128
Temperature, °C 440 440 440 440 460 460 460 460
Back pressure, MPa 20.68 17.24 20.68 17.24 20.68 17.24 20.68 17.24
Slurry feedrate, kg/hr 0.999 1.042 2.020 1.984 1.038 1.087 1.996 2.045
H, consumption, wt % maf coal 1.4 1.0 1.4 1.0 1.4 1.3 1.4 1.4
Conversions, wt % of maf coal :
Pentane solubles plus gases 30.0 33.0 24.2 24.8 41.0 42.2 35.0 35.5
Benzene solubles plus gases 59.9 60.7 52.0 52.9 67.7 68.4 61.6 60.8
THF solubles plus gases 85.7 85.8 83.2 8t1.9 87.1 86.5 84.9 85.5
Product distribution, wt % of maf coal
C,-C, 4.0 3.9 25 2.9 7.0 7.6 4.8 5.0
C, 1.5 1.4 0.9 1.0 3.0 3.5 2.4 2.2
C, 1.8 1.9 1.3 1.5 2.4 2.8 2.2 2.1
NH,, H,0, H,S, CO, 2.1 21 2.1 1.8 2.4 2.1 1.9 2.9
Oil 20.6 23.7 17.4 17.6 26.2 26.2 23.7 23.3
Asphaltenes 29.9 27.7 27.8 28.1 26.7 26.2 26.6 25.3
Preasphaltenes 25.8 25.1 31.2 29.0 19.4 18.1 23.3 24.7
Prince coal (batgh D) used for run no. 3110-3118, inclusive Lingan coal (batch K) used for run no. 3122-3129 inclusive
Coal concentration in feed slurry; 30 wt % Coal concentration in feed slurry; 30 wt %
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Table 6 — Product distributions from continuous experiments with Prince, Lingan and No. 26
colliery coals

Run no. 3119 3120 313t 3132 3133 3134 3135 3136
Coal tested: Prince Lingan Lingan No. 26
batch C batch J batch | batch B
Temperature, °C 460 450 460 460 460 460 460 460
Back pressure, MPa 17.24 17.24 17.24 17.24 20.68 20.68 20.68 20.68
Slurry feedrate, kg/hr 1.022 1.025 1.029 1.007 1.072 1.005 1.031 0.995
H, consumption, wt % maf coal 1.5 1.1 1.8 1.5 1.5 1.2 1.3 14
Conversions, wt % of maf coal
Pentane solubles plus gases 47.3 45.1 47.0 45.1 41.8 440 36.3 37.0
Benzene solubles plus gases 73.7 70.5 71.7 71.3 67.3 68.9 61.4 62.8
THF solubles plus gases 87.1 86.5 89.4 88.9 87.0 87.7 85.1 85.7
Product distribution, wt % of maf coal
C,-C, 8.3 5.9 8.0 8.6 7.7 7.6 7.5 7.9
Cy 4.2 341 3.5 3.6 3.0 3.2 2.9 3.1
C, 27 2.6 2.8 341 2.9 3.8 3.6 3.4
NH5, H,0, H,S, CO, 4.8 4.0 3.1 3.3 2.0 24 1.3 1.5
Qil 27.3 29.5 29.6 26.5 26.2 27.0 21.0 211
Asphaltenes 26.4 25.4 24.7 26.2 25.5 249 25.1 25.8
Preasphaltenes 13.4 16.0 17.7 17.6 19.7 18.8 23.7 22.9

Coal concentration in feed slurry; 30 wt %
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Table 7 — Catalytic hydrogenation of Lingan coal at medium severity operating conditions

Run no. 5005 5006 5007 5009 5010 5011 5012 5014
Temperature, °C 460 480 460 451 451 451 487 455
Back pressure, MPa 17.24 17.24 17.24 17.24 17.24 17.24 17.24 17.24
Slurry feedrate, kg/hr 1.054 1.009 0.793 0.925 0.925 0.942 0.927 1.319
H, treatrate, wt % dry coal 7.5 8.0 15.1 1.0 14.9 12.8 13.0 13.0
Catalyst level, wt % maf coal 4 8 8 7 7 10 8 8
H, consumption, wt % maf coal 4.0 4.3 5.6 4.1 4.8 4.0 4.8 4.3
Conversions, wt % of maf coal
Pentane solubles plus gases 45.0 50.2 60.1 50.7 51.2 52.5 59.7 49.0
Toluene solubles plus gases 76.8 79.8 84.6 79.7 79.5 80.6 84.9 77.0
THF solubles plus gases 91.0 90.9 91.6 91.4 91.6 91.2 92.1 90.5
Product distribution, wt % of maf coal
C,-C, 6.9 7.7 9.8 6.5 6.7 6.8 11.0 6.4
a 2.8 3.2 3.8 2.6 26 25 4.5 24
C, 24 26 3.3 24 26 2.7 3.8 27
NH,, H,0, H,S, CO, 3.0 3.6 5.0 27 4.6 4.4 5.8 4.4
Qil 29.9 33.1 38.2 36.5 34.7 36.1 34.6 33.1
Asphaltenes 31.8 29.6 24,5 29.0 28.3 28.1 25.2 28.0
Preasphaltenes 14.2 11.1 7.0 1.7 12.1 10.6 7.2 13.5
Run no. 5015 5016 5017
Temperature, °C 455 460 480
Back pressure, MPa 17.24 17.24 17.24
Slurry feedrate, kg/hr 0.926 0.858 0.882
H, treatrate, wt % dry coal 12.0 14.0 12.2
Catalyst level, wt % maf coal 8 8 8
H, consumption, wt % maf coal 4.1 4.4 3.7
Conversions, wt % of maf coal
Pentane solubles plus gases 52.6 55.9 60.9
Toluene solubles plus gases 80.7 81.6 83.8
THF solubles plus gases 90.7 90.9 91.9
Product distribution, wt % of maf coal
C,-C, 7.4 9.4 9.4
3 2.9 3.6 4.3
C, 3.0 3.6 3.7
NHg, H,0, H,S, CO, 5.0 5.4 5.3
Oil 34.3 33.9 38.2
Asphaitenes 28.1 25.7 22.9
Preasphaltenes 10.0 9.3 8.1

Coal concentration in feed slurry; 29.5 wt %

Nalco NM 502 catalyst used in run no. 5005-5015 and 5017
HDS-1442 catalyst used in run no. 5016

7.5% H vehicle oil used in run no. 5005-5016

9.0% H vehicle oil used in run no. 5017
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Table 8 — Conversion and product distribution data for Lingan, Prince and lllinois No. 6 coals

Run no. 5011 5018 5019 5020 5020A
Coal used Lingan lNlinois llinois Prince Prince
batch L No. 6 No. 6 batch D batch D

Temperature, °C 451 451 451 451 451
Back pressure, MPa 17.24 17.24 17.24 17.24 17.24
Slurry feedrate, kg/hr 0.942 0.936 0.953 0.922 0.915
H, treatrate, wt % dry coal 12.8 13.1 13.0 13.2 13.0
Catalyst level, wt % maf coal 10 10 10 10 10
H, consumption, wt % maf coal 4.0 5.9 5.7 4.6 5.1
Conversions, wt % of maf coal
Pentane solubles plus gases 52.5 78.0 76.9 63.4 61.8
Toluene solubles plus gases 80.6 91.9 91.7 85.6 85.9
THF solubles pius gases 91.2 93.6 93.3 90.6 90.5
Product distribution, wt % of maf coal
C,-C, 6.8 5.7 5.6 741 6.4

s 25 2.8 2.9 2.9 25
C, 2.7 2.7 2.7 2.9 3.1
NH,, H,0, H,S, CO, 4.4 9.1 8.9 8.0 8.8
Qil 36.1 57.7 56.8 42.5 41.0
Asphaitenes 28.1 13.9 14.8 22.2 24.1
Preasphaltenes 10.6 1.7 1.6 5.0 4.6

Vehicle oil used: hydrogenated anthracene oil, 7.5% H
Coal concentration in feed slurry; 29.5 wt %

Table 9 — Catalytic hydrogenation of Lingan coal at increased severity

Run no. 5011 5021 5022 5023 5024 5026
Temperature, °C 451 451 460 460 460 460
Back pressure, MPa 17.24 17.24 17.24 17.24 20.68 20.68
Slurry feedrate, kg/hr 0.942 0.940 0.948 0.705 0.698 0.703
H, treatrate, wt % dry coal 12.8 12.6 12.3 13.0 13.0 13.0
Catalyst level, wt % maf coal 10 20 20 20 20 10
H, consumption, wt % maf coal 4.0 5.1 5.0 7.2 6.6 6.4
Conversions, wt % of maf coal
Pentane solubles plus gases 52.5 55.6 61.9 66.7 72.2 65.5
Toluene solubles plus gases 80.6 83.4 85.7 86.8 89.1 86.8
THF solubles plus gases 91.2 89.5 89.7 90.9 90.7 91.7
Product distribution, wt % of maf coal
C,-C, 6.8 6.5 9.0 10.1 9.2 9.4
a 25 24 3.0 3.9 4.2 4.1
C, 2.7 34 32 34 42 43
NH,, H,0, H,S, CO, 4.4 5.8 6.2 6.9 7.5 5.4
Oil 36.1 37.5 40.5 424 471 42.3
Asphaltenes 28.1 27.8 23.8 20.1 16.9 21.3
Preasphaltenes 10.6 6.1 4.0 4.1 1.6 49

Coal concentration in feed slurry; 29.5 wt %

Catalyst used: Nalco NM 502

7.5% H vehicle oil used in run no. 5021, 5022 and 5023
9.0% H vehicle oil used in run no. 5024 and 5026
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Table 10 — Summary of results from first-stage dissolution studies

Run no. 5027 5028 5029 5030 5031 5032 5033 5034
Temperature, °C 460 460 460 440 440 460 440 440
Back pressure, MPa 6.89 10.34 6.89 10.34 6.89 10.34 6.89 10.34
Slurry feedrate, kg/hr 2.010 1.042 1.005 2.024 1.026 2.008 2.064 1.036
H, consumption, wt % maf coal 1.0 0.9 0.4 0.4 0.4 1.0 0.8 0.9
Conversions, wt % of maf coal
Pentane solubles plus gases 35.0 38.5 38.7 23.7 32.0 36.0 253 32.0
Toluene solubles plus gases 60.8 65.2 65.5 50.8 59.3 61.7 50.5 60.3
THF solubles plus gases 83.4 84.6 83.8 82.3 83.4 84.8 81.7 84.4
Product distribution, wt % of maf coal
C,-C, 6.3 9.2 9.9 3.3 5.0 6.1 35 5.0
C, 2.2 3.5 3.8 1.1 1.9 24 0.9 1.6
C, 2.7 3.2 3.1 2.1 2.4 27 1.7 24
NH,, H;0, H,S, CO, 3.8 3.7 4.1 2.7 3.2 3.5 28 3.3
Oil 20.0 18.9 17.8 14.5 19.5 21.3 16.4 19.7
Asphaltenes 25.8 26.7 26.8 271 27.3 25.7 25.2 28.3
Preasphaltenes 22.6 19.4 18.3 31.5 241 23.1 31.2 241
Lingan coal used for run no. 5027-5034 inclusive
Coal concentration in feed slurry; 30 wt %
Table 11 — Results of non-integrated, two-stage liquefaction trials with Lingan coal
Run no. 5035 5035 5035 5036 5036 5036 5037 5037 5037
| Il F&n I i &1 I i 1& 1
Temperature, °C 460 390 460 430 440 430
Back pressure, MPa 10.34 20.68 10.34 17.24 17.24 17.24
Slurry feedrate, kg/hr 2.073 1.142 2.089 0.765 2.028 0.734
Catalyst, wt % maf coal 0.0 10 0.0 20 0.0 20
H, consumption, wt % maf coal 0.6 1.1 1.7 0.6 2.7 3.3 09 3.2 4.1
Conversions, wt % of maf coal
Pentane solubles plus gases 34.8 427 427 33.8 60.4 60.4 241 55.6 55.6
Toluene solubles plus gases 62.0 73.7 73.7 61.3 85.7 85.7 52.0 83.5 83.5
THF solubles plus gases 84.1 89.5 89.5 84.4 90.4 90.4 84.0 89.8 89.8
Product distribution, wt % of maf coal
C,-C, 6.1 1.3 7.4 53 3.0 8.3 3.1 3.2 6.3
C, 2.3 0.1 2.4 2.0 0.9 2.9 1.0 0.9 1.9
C, 2.9 25 5.4 26 2.8 5.4 2.4 29 53
NH,;, H,0, H,S, CO, 3.5 0.6 4.1 3.8 3.4 7.2 2.7 25 52
Oil 20.0 234 201 36.6 14.9 36.9
Asphaltenes 27.2 31.0 27.5 25.3 27.9 27.9
Preasphaltenes 221 15.8 23.1 47 32.0 6.3

Coal concentration in feed slurry; 30 wt %

Nalco NM 502 catalyst used in run no. 5035 i, 5036 Il and 5037 I
9% H vehicle oil used in run no. 5035 I, 5036 | and 5037 |
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SESSION |
DISCUSSION

MODERATOR: M.M. PAPIC, B.C. HYDRO

YAN (MOBIL): | would like to make a few comments on this morning’s session and try to share some ideas with you
and would appreciate your comments in return. Over ten years ago, | had the job of looking after the coal conversion
processes and in looking at the use of non-petroleum resources as an energy source at Mobil Oil Corporation. At that
time, to make a long story short, | was overwhelmed by the fact that in coal conversion the process cost is really very
large. The cost of the coal itself is a very minimal amount of the total cost of the product. This is particularly true in U.S.
economics; | don’t know what the situation is in Canada. Because of this | came to the immediate conclusion that if you
are to do coal conversion, whatever product you want to make, the first order of business is to choose the best coal,
regardless of the cost of the coal. Now this morning, | was surprised to find that here we are all looking at a very low-
quality coal, a very poor coal by U.S. standards. We are working very hard on it, whichis good for the human being as a
whole, but | think we are making our job extremely difficult. Now a second question is, if in a province we have this
resource, just like a company has this resource, what are we going to do with it? Generally, | would choose less cost-
intensive processes. In my opinion, | don't want to choose the most cost-intensive process such as coal liquefaction. |
was very impressed with Dr. Mikhlin struggling very hard to upgrade a low-quality lignite so that you canfit it into a cost-
intensive process, and | wish him a very successful upgrading process. | think | should stop here, so we can develop
more discussion. In fact, | have developed some criteria to relate a process to a coal, or the other way around, what is
the coal value if we are to make something or to use it in what kind of process? | hope | can publish this shortly with the
permission of Mobil.

McELROY (B.C. RESEARCH): In many senses | would agree with Dr. Yan's comments. Certainly process cost is a
key component. | guess my reaction is that | would like to turn it around to Mobil and similar process-oriented
companies and say we are limited by what God gave us in our resources. Can't you find us a cheaper process? in
terms of operating on the best coal, I'd just like to comment specifically on the B.C. scene. | pointed to it on the map this
morning. The Bowren River deposit in British Columbia is potentially a lovely feedstock for coal liquefaction. It is very
highin vitrinite, either low in ash or very readily washable, and gives very high conversions and very high oil yields. This
is published information. Unfortunately, mining costs in Canadian dollars {(depending on whether you believe the
optimists or the pessimists) are in the $90 to $120 per ton range. Again you need a cheap process if you are going to
compete with today’s hydrocarbon fuel prices, because you have only about $2.00 a gigajoule to convert it from a very
pretty solid to a runny liquid.

MIKHLIN (SNC): First of all, | would agree that the best thing is to have high quality and cheap coal. Unfortunately, we
don't have this possibility. At the same time, in Canada, as well as in other countries, there is a huge amount of not very
good coal {which is lignite) and at the same time it is not very good because it's very young coal (only 5 million years
old). What we are trying to do is to upgrade this coal cheaply which is definitely a difficult task. But we have had up to
this point, quite promising results. The idea as | think it was presented (without elaborating on how we are doing this) is
to use the same oil which is already required for the process. That means to write off the cost of oil and most of the
grinding costs. That is the situation. Now, the aggiomeration process itself is very expensive. As you likely know, in
Germany there was a semi-commercial or commercial plant working for a number of years with excellent results. The
plant was shut down for economic reasons when oil agglomeration was used as such for separate beneficiation. In our
approach where the oil really does not cost us anything, because it is required for the process, we see a way for cheap
beneficiation and to use what is available in large quantities. By definition a surface-mined coal is cheap, and that is
what we are trying to do.

On this occasion, | would also like to acknowledge that for our research we have had the privilege of CANMET funding.
I would also like to acknowledge the very good cooperation we got from the U.S. Department of Energy in supplying us
with samples of various coal-derived oils. At this time, we all know that very few coal liquefaction facilities are still
operating.

SCOTT (UNIV. OF WATERLOO): | would fike to ask Dr. McElroy what is the source of the carbon dioxide for Hat Creek
coal. Is this from the organic matter of the coal or from the mineral matter or partly both? And also, it was mentioned
that in the approximate analysis there were volatiles in addition to water. What were they?
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McELROY (B.C. RESEARCH): Well, our assumption is, in the absence of a lot of detailed chemistry, that the carbon
dioxide originates from oxygen in the organic component of the coal. Regarding sperious contributors to volatile
matter; normal moisture | don't regard as a sperious contributor. We drive that out as part of the procedure. There is
chemically bound water in the structures of the clay, which is the principal component of the ash. That's the major onein
this particutar coal. There are quite a number of others in other coals like carbonates, both dolmite and calcite which
give up their carbon dioxide over the temperature interval where you do volatile matter analysis. That's an initial outline.
Other than that you have to look at the mineralogy of the coal.

SCOTT (UNIV. OF WATERLOO): | guess | was really asking specifically, do these occur from the Hat Creek coal?

McELROY (B.C. RESEARCH): For Hat Creek it's the structural water of the clay, which if you were processingitas a
clay for alumina from clay, you would calcine at 800°C. That's where the bulk of it comes off.

SCOTT (UNIV. OF WATERLOO): Dr. Mikhlin, | didn't quite understand your reasoning as to why the Lurgi-Ruhrgas
pyrolysis process was discarded in your economic evaluation. In fact, Lurgi has done a complete economic analysis
that I know of for these processes coupled to char-using industries of one kind or another.

MIKHLIN (SNC): The project objectives (which were set by the Saskatchewan Coal Liquefaction Committee) were to
look at the processes from one restricted point of view, that is, for production of liquid products only. Char evaluation
was not included as an objective for this study. That's why the Lurgi-Ruhrgas process, which seems to be very
interesting as a route for liquefaction and char production, was not included in further techno-economic evaluations.

Also, if Lurgi, as the process developer, consider that based on a Fischer assay the expected liquid product yields will
be less than 10%, then they do not consider such a coal suitable for production of liquid products from pyrolysis. This
was also one of the reasons why it was not included in the second phase.

CLARK (ALBERTA RESEARCH COUNCIL): | would like to ask a couple of questions if | may. First, one to Dr.
McElroy concerning the mineralogy of the coal. You didn't talk a great deal about catalysis in the liquefaction of Hat
Creek coal. | wondered if you had looked into the mineralogy with respect to suitable catalysts within the coal itself?

McELROY (B.C. RESEARCH): | guess my answer to that is, not really. We did look at added catalysis by ion
exchange of ferrous sulphate solution. In fact, that was how we happened on the laboratory desliming beneficiation. In
the first pass at that work, it looked like ion-exchanged iron was really doing a lot for us, but on a more detailed
examination, that didn’t really stand up. On a preliminary evaluation reducing the ash content from 35% down to about
25% (or in a similar ratio on the other coal) really didn’t seem to make a significant difference in conversion, within the
level of accuracy of our work. However, bear in mind that the balance of the mineral matter in this coal is largely very
finely dispersed, almost matrix or inherent ash mineral. Whether in fact that is catalytically active or not, I'm really not
sure.

CLARK (ALBERTA RESEARCH COUNCIL): OK, thank you. I'd like to address a question to Dr. Starzomski about
the Cape Breton coals. You described the hydrocarbon gasification levels. What about CO,, production and CO
production for these particular coals?

STARZOMSKI (N.S. RES. FOUND. CORP.): The more detailed analyses of gases are actually given in the paper.
The levels of carbon oxides are very low with this coal, normally less than 1%. The major hydrocarbon gases (C, to C,)
comprise the bulk of the gas make.

KELLY (CANMET): I'd like to ask Joe Starzomski a question, |'ve heard speculation that for the Scotia Synfuels
project to be economic, liquid yields of somewhere about 5 barrels per ton are required. Based on your experimental
results with Nova Scotia coals, do you think this is feasible?

STARZOMSKI (N.S. RES. FOUND. CORP.): | think I'd be more prepared to answer that question when we have an
opportunity to look at the two-stage approach. Based on our data on conventional single-stage catalytic liquefaction,
yields of 5 barrels per ton are outside the realm of possibility.

KELLY (CANMET): | have a second question for Joe Mikhlin or maybe Stephen Hodd. Joe, you talk about removing
mineral matter before processing and Stephen talks about taking it out after processing. Are there advantages for a
given coal or a given process to either of the routes? Where do we stand? If we had to choose today, say as part of a
concentrated research effort, what would be the approach that we should use?

MIKHLIN (SNC): It seems to me (and | think this point of view is shared by most of the process developers worldwide)
that if it's possible to remove ash prior to liquefaction, and to do it cheaply, than that's the way to go. In any case, in order
to remove solids within the process you have to use a substantial amount of product which you cannot avoid, whatever
method you are using. That's why the important question is how cheap is it possible to make beneficiation? In the case
of the concept | presented here, we definitely think that this is the way to go, especially if our promising results are
further confirmed on a larger scale or by more extensive experiments. In this case, we are really not paying for the oil, or
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the grinding. If that's possible, that’s the way to go. So, | would think, all possible effort should be made to reduce the
ash as much as possible by beneficiation if it is economically viable, and then definitely one should look for the most
suitable method for reducing ash content further within the process. But to use high ash coal for direct liquefaction, itis
really very questionable if it is viable. | would not dare suggest using direct liquefaction, at least for high ash coal,
whatever method is used within the process.

HODD (SBRG): |guess our views on it are that perhaps there are complementary technologies. We've demonstrated
successful de-ashing with up to 20% ash. I'm not sure how effective it would be with higher levels of ash. | think it still
would be. The other thing though, is that in beneficiation if you are successful in taking out ash you still have the
problem of taking out the unreacted coal fractions. There are two types of solids. There is the ash and there is the
unconverted coal. The ash is basically the easier part to take out in a de-ashing process mainly because of its higher
specific gravity relative to the products. So there is still a need to take out those solids which are unreacted coals.
These still represent a material that takes with it some of the valuable product. So we don't see that even high efficiency
beneficiation in the front end eliminates a need at some point in the process for an efficient de-ashing step. However,
the corollary may not be necessarily true with many coals. We think that it may not be necessary to give a high degree
of beneficiation, particularly if you can remove all the ash and the unreacted coal out of the process at a very early
stage. We had some tests which showed that we could do that even with material that had only been passed through a
preheater for a very short period of time.

duPLESSIS (ALBERTA RESEARCH COUNCIL): Dr. Mikhlin, | note in your abstract that for the tests done by the
U.K. National Coal Board, on i believe Onakawana lignite, you claim that these tests indicated 87-90% liquid yields. Is
that number correct?

MIKHLIN (SNC): Yes, this number is correct, but it is not liquid yield, it is coal conversion to liquid and gaseous
products on a maf basis. The results of the NCB showed that for Onakawana lignite it was 90%, for Willowbunch lignite
it was 65%.

duPLESSIS (ALBERTA RESEARCH COUNCIL): So the abstract then refers to total coal conversion?
MIKHLIN (SNC): Yes, that's right.

duPLESSIS (ALBERTA RESEARCH COUNCIL): What would be the liquid component of that total conversion?
MIKHLIN (SNC): Well, | don't remember the number by heart, but | think it is something like 55%.

duPLESSIS (ALBERTA RESEARCH COUNCIL): | would suggest that a correction be made in the abstract.
MIKHLIN (SNC): Well, in the paper the actual figures are presented, so there are corrections, if they are needed.

VANCEA (OERD/EMR): | have a question for Dr. Mikhlin. Would you comment on the quality of liquids that you
obtained by direct and indirect liquefaction?

MIKHLIN (SNC): Well in the report there is quite a comprehensive presentation on quality of the products from the
direct and indirect liquefaction routes. These data are based on those supplied by the process developers. Asiitis quite
well known, the gasoline and diesel fuels from the indirect coal liquefaction route are compatible with the specifications
for similar products from petroleum. However, it is also known that, for example, gasoline from Mobil MTG has some
differences from standard gasoline from petroleum. Now, data on the quality of products from direct liquefaction
processes showed that upgrading to gasoline or diesel fuel could be done with existing refining processes for
upgrading. There is also substantial data on gasoline from LSE naphtha or EDS naphtha and tests have showed that
the quality of products is quite suitable for use as a blending stock. Also, in connection with diesel fuels from mid-
distitlate, it has been shown that using some chemicals in order to have diesel characteristics correspond to standard
petroleum characteristics gave positive results. But | think in order to answer your question more comprehensively, it
would be better to review the data presented in the report which are quite comprehensive.
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SESSION lI: PAPER 6

CANADIAN PARTICIPATION IN JOINT INTERNATIONAL COAL
CONVERSION ACTIVITIES

1.C.G. Ogle*
Office of Energy Research and Development
Department of Energy, Mines and Resources

ABSTRACT

The general mechanisms for initiating joint international cooperation in R&D on a government-to-government basis
are described. Umbrella Science and Technology Agreements, the principal mechanism, are explained with particular
emphasis on the potential role of private industry, and the agreements under which Canada participates in R&D with
other countries are reviewed.

Current status reports are presented for existing joint international coal liquefaction R&D conducted under Science
and Technology Agreements, in particular, those with Japan and the Federal Republic of Germany.

Opportunities are also identified for joint coal liquefaction or conversion R&D with France, the United Kingdom and the
United States. Specifically, components of the respective coal liquefaction or conversion R&D programs within these
countries are highlighted, especially those programs for which international cooperation is welcomed.

*denotes speaker
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PRESENTATION 6

LA PARTICIPATION CANADIENNE AUX ACTIVITES INTERNATIONALES MIXTES
RELIEES A LA CONVERSION DU CHARBON

1.C.G. Ogle*
Bureau de recherche et développement énergétiques
Ministere de I'Energie, des Mines et des Ressources

RESUME

Cette communication décrit les mécanismes généraux qui permettent les initiatives en matiére de coopération
internationale mixte, dans le domaine de la R-D, au niveau des gouvernements. Les accords cadres relatifs a la
science et a la technologie, le principal mécanisme, sont expliqués en attachant une attention particuliére au role
possible de I'industrie privée et les accords de R-D auxquels le Canada participe, avec d'autres pays, sont examinés.

Des rapports d'étape sont présentés relativement aux travaux R-D courants entrepris en coparticipation au niveau
international, visant la liquéfaction du charbon, réalisés dans le cadre d’accords sur la science et la technologie,
conclus notamment avec le Japon et la République fédérale d’Allemagne. Les possibilités sont également identifiées
en ce qui a trait aux travaux de R-D sur la liquéfaction ou la conversion du charbon, susceptibles d'étre entrepris avec
le concours de la France, du Royaume-Uni et des Etats-Unis. Les composantes des divers programmes de R-D sur la
liquéfaction ou la conversion du charbon, dans ces pays, sont précisées, notamment les programmes pour lesquels la
coopération internationale serait avantageuse.

*indique le conférencier
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CANADIAN PARTICIPATION IN JOINT INTERNATIONAL COAL
CONVERSION ACTIVITIES

INTRODUCTION

in his introductory remarks (1) at the previous Coal Liquefaction Contractors Review Meeting two years ago, Dr. K.
Whitham, Assistant Deputy Minister, Research and Technology, Energy, Mines and Resources, alluded to the array of
liquid fuel supply options available to Canada. He indicated that the commercial viability of coal liquefaction for
domestic synthetic crude production would depend strongly on the economic competitiveness of this technology
compared to the alternate crude oil supply options. Recent Canadian crude oil supply and demand projections (2. 3)
and estimates of future world oil prices re-emphasize the importance of achieving a competitive cost for coal-derived
synthetic crudes.

The International Energy Agency (IEA) recognized that the recent recession, together with continued oil conservation
measures, would at least temporarily affect government and industry support towards commercialization of coal
liquefaction technologies. The IEA Coal Liquefaction Technology Review (4), completed in 1982, sought ways to
maintain the continuation of technology development and hence provide the stimulus to keep coal liquefaction
research teams and expertise in place. With subsequent input from the |[EA Working Party on Fossil Fuels, the
recommendations resulting from this review focussed on establishment of strong research and development programs
among member countries for both direct and indirect liquefaction. The primary objective was to take advantage of an
apparent weakening of the commercial thrust for coal liquefaction by developing new processes, optimizing existing
process efficiencies and improving the cost-effectiveness of coal liquefaction technologies in general.

It has been noted by the Economic Council of Canada and by others that Canada produces only two to four per cent of
the world’s technology. The Department of External Affairs is currently examining ways to improve Canada'’s access to
world technology. Current mechanisms involve the roles of science counseliors in foreign embassies and include the
Catalytic Seed Fund. This fund was initiated to provide financial assistance to Canadian parties wishing to explore the
feasibility of international cooperation in the various fields of Science and Technology (S&T). The framework for
initiating specific projects with any one country is established through government-to-government identification of
mutually attractive areas for S&T collaboration. Areas of interest to Canada are selected by considering the views of
industry and provincial and federal governments.

Currently, coal liquefaction is included within the scope of bilateral S&T collaborations between Canada and Japan,
the Federal Republic of Germany (FRG) and the United Kingdom (U.K.). France and the European Economic
Community (EEC) have identified coal liquefaction and gasification as areas for potential cooperation. In addition, the
Electric Power Research Institute is seeking participation in its Advanced Coal Liquefaction, 6 ton/day pilot plant
development program at Wilsonville, Alabama.

The Canadian coal liquefaction R&D community is well positioned to participate in cooperative international S&T.
While Canada does not host, at this time, any coal liquefaction process licensors, some encouraging technical
developments with substantial potential economic benefits are emerging. These include, for example, the application
of spherical agglomeration technology to the beneficiation of coal feedstocks prior to liquefaction, the Sandwell
Centrax Deashing Process, and developments in coprocessing technology by CANMET and the Alberta Research
Council. Coal liquefaction R&D expertise now resides in a wide spectrum of Canadian organizations from universities
to private industry. Bench scale and continuous liquefaction facilities exist at three provincial research organizations, at
Sandwell Beak Research Centre and at CANMET. Many of these organizations have taken an active part in the S&T
collaborations with Japan, the FRG and the U.K.

THE CATALYTIC SEED FUND
As described by the Department of External Affairs,

The Catalytic Seed Fund (CSF) is designed to stimulate international collaboration in S&T that will have
economic benefits for Canada. Itis used to finance such essential preliminary steps to collaboration as
exploratory missions and planning meetings of experts.

In addition the CSF provides support for medium-term working visits to allow scientists to spend up to 5
months working in laboratories and research institutions in foreign countries. The CSF will also provide
support to technically qualified Canadians to assist in the collection of information on emerging
technologies in their host countries.
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Any proposal to the Department of External Affairs for financial assistance of the CSF must have a sponsoring
department. For S&T collaborations in the area of coal liquefaction, the Department of Energy, Mines and Resources
would normally be the potential sponsor.

The relevant contacts are:

Department of External Affairs: Steve Woolcombe (613) 593-5276
Department of Energy, Mines and Resources: lain Ogle (613) 995-9351

COAL LIQUEFACTION R&D -~ INTERNATIONAL ENERGY AGENCY
The primary recommendation resuiting from the IEA Coal Liquefaction Technology Review was that:

A strong research and development program for direct and indirect liquefaction should be maintained
to evaluate evolutionary improvements and to seek optimum process efficiency at the next scale.

A compilation of R&D activities, as submitted to the IEA by member countries with an interest in coal liquefaction, is
reproduced in Table 1. It demonstrates an impressive breadth of R&D activity. To this list of headings one can add
Coprocessing with significant activity now in Canada, the U.S. and the FRG.

The [EA recognized that there were a number of general areas in which collaboration could be of benefit to the
participants, for example:

- continued development of two-stage liquefaction and a further understanding of both the role of
nitrogen content of the recycled solvent and of methods of removing insolubles during two-stage
processing;

— development of cheaper, more efficient catalysts for both direct and indirect liquefaction and the
investigation of liquefaction processes especially applicable to low-rank, low-cost coals; and

— development of improved measurement and control techniques, particularly for multi-phase process
streams, with a view to increasing overall process efficiency.

Further to the last-mentioned area above, a workshop is to be hosted by Norway, in late 1984. Projects on two-phase
flow, which initially do not include coal and are based on the Norwegian test facility, are to be discussed.

An initiative involving potential cooperation of two or more member countries of the IEA can be one of several
types: information sharing; task sharing with a common objective; and cost sharing for a jointly conducted, single
project. The IEA forum in which numerous existing bilateral and multilateral agreements concerning coal have been
initiated is the Working Party on Fossil Fuels. Its mandate includes coal liquefaction. At the time of writing, Dr. D.A.
Reeve, CANMET, is chairman and Mr. R.D. McDonald, Alberta Energy and Natural Resources, is a Canadian
representative.

‘

BILATERAL COAL LIQUEFACTION R&D

Canada-Japan: Status Report

The origin of cooperation under the Canada-Japan S&T Consultations in the area of coal liguefaction dates to June
1980. MacDowall (5) has described in detail not only the progress of Canada-Japan cooperation up to November 1982,
but also the history and status of coal liquefaction development in Japan to that date.

Phase 2 of this agreement, now in progress, is expected to continue to December 1985. The Canadian Working Group
for the Canada-Japan Coal Liquefaction Program has reached agreement with NEDO representatives on the following
scope for Phase 2:

1. Continuous bench-scale tests (0.1 tonne/day) of selected Canadian coals in Japan. Coals to be
tested include four Alberta coals and one from Saskatchewan.

2. Autoclave tests in Japan of three Alberta coals, three British Columbia coals and one coal each from
Saskatchewan and Nova Scotia.

3. Comparison of Japanese and Canadian test results for the selected coals.

4. A Resource Evaluation Study. Individual provincial agencies will assist the NEDO mission in obtain-
ing available information on coal resources. '
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The progress of the Canada-Japan cooperation from November 1982 to the present is summarized below.

1982

November 8-9

1983

March 2-4

May 18

June 20-25

October 16-26

1984

January 2-14
March 19-20
Sept. 16-28

October 24
November 14-16

Coal Liquefaction Contractors Review Meeting, Ottawa. Presentation of Phase 1 auto-
clave test results by Japanese delegates.

Visits of Mssrs. Teranishi and Otaka to Ottawa, Edmonton and Vancouver. Ottawa discus-
sions included agreement in principle for the proposed scope of Phase 2 with an under-
standing that further cooperation would depend on the results of Phase 2.

Discussions in Edmonton and Vancouver addressed the selection of coals, testing
techniques and the Japanese proposal to send a coal resource study team to Alberta and
British Columbia.

List of B.C. Coal companies and the properties which could be visited was supplied to
NEDO.

Dr. Suzuki, Mssrs. Ikumi, Numata and Otaka visited B.C., Alberta and Saskatchewan.
Final Phase 1 results and report were presented. Details of Phase 2, including selection of
coal and test procedures, were agreed. Discussions were held with officials of provincial
governments. The team was given a tour of the Estevan mine site.

Visit of Japanese resource study team to B.C. Coal properties and Roberts Bank, Alberta
and Saskatchewan coal properties.

Samples of 10 coals from Alberta, Saskatchewan and Nova Scotia were shipped to Tokyo.
Visits by Dr. Maekawa to the Alberta Research Council and CANMET.

Visit by NEDO team to B.C., Alberta and Saskatchewan coal properties. Discussions were
held with senior officials of provincial governments.

Telkwa, B.C. coal sample received and prepared for shipping to Japan.
Coal Liquefaction Contractors’ Review Meeting, Calgary.

Canada-FRG: Status Report

The origin of Canada-FRG cooperation in coal liquefaction was a visit in 1981 by a Canadian delegation of provincial
and federal government and industry representatives to West Germany. The itinerary included a tour of major coal
liquefaction and gasification facilities. Although this tour was not successful in establishing projects of joint interest, it
did provide the basis for continuing discussion and cooperation as described below.

1982

November 8-9

1983

April 10-16

May 4-5

December 2-13

Discussions were held between Drs. Graeser and Kelly concerning the potential of
cooperation in a coal liquefaction component R&D program.

A Canadian delegaticn led by Dr. Reeve visited West Germany. The agenda included
presentations by representatives of both Canada and the FRG, tours of major pilot-plant
operations and a workshop. The specific purpose of the workshop was to define R&D
areas of sufficient common interest to warrant development of joint projects. Eight such
project areas were identified.

Canada/FRG S&T Consultations, Ottawa. The eight project proposals were tabled and
agreed on in principle.

Dr. Mikhlin, SNC, visited the FRG to complete development of a joint SNC, Veba Oil
proposal on "Combined Coal and Heavy Oil Processing” applied to Saskatchewan lignites
and heavy oils as feedstocks.
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1984

January 17 Approval in principle was reached for 50% funding support towards the joint SNC/Veba
proposal under the CANMET 50/50 Energy Conversion Program, subject to balance of
support being identified by SNC.

November 14-16  Coal Liquefaction Contractors Review Meeting. Presentation of the FRG Coal Liquefac-
tion Program by Dr. Neef.

Canada-U.K.: Status Report

The U.K. Department of Energy announced their intention, March 1983, to proceed with the definition phase for a 2.5
tonne/day Liquid Solvent Extraction pilot plant, to be located at Point-of-Ayr. Total cost was expected to be about
£30 million of which capital cost was estimated at £16 million. The balance was intended to finance a three-year test
program. Joint Canada-U.K. discussions held between March and September 1983 were oriented towards defining a
feasible concept for Canadian participation in the L.S.E. pilot-plant development. These discussions did not identify a
mutually agreeable concept.

The option for continued discussion, however, remains open. As of August 1984, two-stage liquefaction is identified as
an area for potential bilateral S&T cooperation.

Canada-U.S.: Opportunity for Cooperation

Since March 1983, EPRI has been soliciting participants for the Advanced Coal Liquefaction 6 ton/day pilot-plant
program at Wilsonville, Alabama. In June 1984, EPRI| announced that Standard Oil Co. of Indiana had joined the
project as a sponsor.

The pilot plant, initially operated in the SRC mode, has now been converted to operation as an integrated two-stage
process. The process circuitry, as indicated in Figure 1, includes coal dissolution, solids separation by filtration and
Kerr-McGee critical solvent deashing, and hydrotreating.

The potential financial basis for participation of private organizations at Wilsonville is indicated below. Each organiza-
tion entering the program would:

e Contribute $300,000/yr for each of three years (totalling $900,000) to support the program.

e Have the right to specify a coal and/or operation for a 30-day period within the program.

e Participate in semi-annual meetings at which accomplishments will be established and future plans
developed.

e Have the right to maintain on-site observers at participant's expense, subject of course to execution of
secrecy agreements with technology owners (i.e., Kerr-McGee, Hydrocarbon Research, Inc.).

® Have the right to obtain product and internal process stream samples for their own analyses.
® Have no ownership rights in the data or patents resulting from the work.

Canada-France: Opportunity for Cooperation

Under a bilateral agreement to investigate potential areas of R&D cooperation, the Department of Energy, Mines and
Resources undertook to solicit the national level of interest in Canada in joint Canada-France coal R&D. A description
of France's coal R&D activities in 1981, including coal conversion, was circulated to relevant Canadian organizations.
The Alberta Research Council and the Saskatchewan Department of Energy and Mines identified an interest in further
discussion of potential cooperation on specific liquefaction and pyrolysis projects. This information together with R&D
program descriptions and general coal R&D interests were provided to France, in October 1983. A response for follow-
up is awaited.

Canada-EEC: Opportunity for Cooperation

The potential of cooperation with the EEC in specific areas of energy R&D is currently being examined. Although coal,
and specifically coal liquefaction, have not been identified as high-priority areas for collaboration, the EEC has
provided a brief description of R&D conducted in this area. Within a total coal research budget of $CDN 20.7 million,
about $CDN 3.8 million is currently allocated to coal chemistry and physics and the development of new processes.
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There are five projects focussing on the improvement of analytical techniques for coal and carbonaceous products.
Although no details of individual projects have been provided, research related to coal liquefaction and gasification is
included within this area.

CONCLUSIONS

Cooperative bilateral R&D represents a significant and identifiable component of Canada’s national coal liquefaction
activities. The most successful of these activities is the Canada-Japan cooperative program: Phase 2 is now
underway. Although no specific projects have been initiated to date under the Canada-FRG program, efforts are
continuing to identify the necessary resources for one jointly developed project. In addition, and as a direct result of the
past collaborations, discussion is continuing both within and without the S&T Agreement. The objectives are to
achieve agreement on common government, industrial and R&D interests and to develop further joint projects.

In view of the recommendations of the IEA, and the wide scope of coal liquefaction R&D conducted among the IEA
member countries, the possibility for increased bilateral cooperation in this area may exist. Mechanisms are in place.
for example the Catalytic Seed Fund, to assist participants in establishing joint projects. Specific opportunities for
further bilateral coal liquefaction R&D include cooperation with the U.S., U.K., France and the EEC.
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TABLES

Table 1 - Coal liquefaction R&D activities

Activity
Liquefaction

Fundamental studies on coal liquids
Coal dissolution studies
Liquefaction bottom characterization
Preasphaltene studies

Behaviour of coal macerals
Mechanism of coal liquefaction

Indirect liquefaction

Liquid phase methanol

Slurry phase Fischer-Tropsch
Slurry F-T/Mobil 2-stage process
Catalyst development for direct synthesis
Slurry phase F-T catalyst studies
Zeolite based catalyst studies
Catalyst process studies
Catalyst characterization
Catalyst preparation
Organometallic catalysts

Product characterization

Direct liquefaction

Direct liquefaction Technology assessment
SRC technical data analysis

Development of novel! liquefaction techniques
Solvolysis — basic studies

Solvent treatment of coal

Catalytic hydrogenation

Development of coprocessing technology
Autoclave tests

Two-stage liquefaction

Integrated two-stage liquefaction
Catalyst synthesis and testing

Pyrolysis

Flash and hydropyrolysis
Product upgrading
Char studies

Disposable catalysts

Advanced research on SRC

Enhanced catalysis by solvent improvement
Low rank coal liquefaction

Catalyst and short contact time studies

Country

AUS, J, USA

AUS, J, USA, CDN
J, USA

USA

AUS

J, AUS

D, USA

D, USA

D, USA

D, USA
AUS, D, USA
D, USA
AUS, USA
AUS, USA
AUS, D, USA
USA

USA

AUS, D, J, USA, CDN
AUS, D, J, USA
CDN, J

CDN, J

AUS, CDN, D, J, UK
AUS, NL

CDN, D

CDN, UK

CDN, USA
USA

AUS, B, CDN, D, S
AUS, CDN, D
AUS, CDN, D

J, USA

USA

AUS, CDN, D, J
AUS, D, J, CDN
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Table 1 — Continued

Activity _ Country

Product refining, technology development

Refining of coal liquids AUS, J, CDN, D, USA
Refining of synfuels AUS, J, CDN, D, USA
Study of ebullated-bed fluid dynamics USA

Characterization of slurry recycle and process oils J, CDN

Rheology of coal slurries USA

Computer modelling of liquefaction processes USA, J

Two-stage liquefaction research CDN, USA
Multimedia analysis of environmental control USA

Technology for direct liquefaction USA

Beaded liquefaction catalysts USA

Three-phase reactor modelling USA

Preheater design fundamentals USA

Solvent effects in liquefaction J, USA

Liquefaction bottoms fractionation USA

Lubricating potential of coal tars AUS

Components and instruments

Hydrohoist development
Reactor development

Material coating for valves USA
Coal liquefaction preheater coking J, USA
Micro motion flowmeter and seiscor rheometer USA
Field evaluation of doppler siurry flowmeter USA
Development of a synthetic fuel reciprocating charge pump USA
Mass flow measurement technical support USA
Solid/liquid/gas phase — fraction meter USA
Fluid seals development for coal liquefaction slurry pumps USA
On-line process solvent monitoring by ESR technique USA
Development of NON-intrusive PNA mass flow rate USA
measuring system
Investigation of pulsation in slurry pumping systems USA
High-temperature packing test programme USA
Changes to coal minerals, catalysts and reactor wall AUS
vessels during conversion
Solids separation J, USA, CDN

Process development units

Two-stage liquefaction USA

Pyrolysis AUS, B, CDN, D
Indirect liquefaction D, USA

Direct liquefaction D, J, UK, USA, CDN

Environmental support

Waste water pollution D, USA
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SESSION II: PAPER 7

PRESENT STATUS OF COAL LIQUEFACTION TECHNOLOGY IN JAPAN

Shinichi Satake*
New Energy Development Organization (NEDO), Japan

ABSTRACT

The Sunshine Project, initiated in 1974, has been developing new energy technologies such as solar energy,
geothermal energy, coal energy technology and so on. The Government and private sector established the “New
Energy Development Organization (NEDO)” in 1980, which plays the main role in constructing and operating large-
scale test plants.

Two major projects have been conducted in coal liquefaction technology: one is a bituminous coal liquefaction project,
the other is a brown coal liquefaction project.

For bituminous coal liquefaction, the Japanese Government decided to develop a 250 t/d pilot plant integrating the
results obtained through process development units of three different methods. The operation of the plant is scheduled
in FY 1990. For brown coal liquefaction, a 50 t/d pilot plant is now under construction in Victoria State, Australia. The
operation of the total plant will start in FY 1986.

The Sunshine Project has also conducted supporting R&D programs concerning coal liquefaction technology, one of
which is the survey of coal resources and properties. In Phase Il of the program of Canada-Japan cooperation on coal
liquefaction technology, NEDQ is going to carry out liquefaction tests with some Canadian coals sent by the Canadian
Government.

In this paper the present status of coal liquefaction technology in Japan and the method of experiment on Canadian
coal are described.

*denotes speaker
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PRESENTATION 7
ETAT ACTUEL DE LA TECHNOLOGIE DE LA LIQUEFACTION DU CHARBON AU JAPON

Shinichi Satake™
Organisation du developpement de la nouvelle énergie (ODNE), Japon

RESUME

Le projet Soleil, lancé en 1974, permet I'élaboration de nouvelles technologies énergétiques faisant appel a I'énergie
solaire, & I'énergie géothermique, au charbon et & d'autres formes d’énergie. En 1980, le gouvernement et I'entreprise
privée ont crée la “New Energy Development Organization (NEDQ)”, un organisme qui joue le role principal dans le
domaine de la construction et de I'exploitation des installations d'essai sur une grande échelle.

Deux grands projets reliés ala technologie de la liquéfaction du charbon ont été entrepris: un projet de liquéfaction du
charbon bitumineux et un projet de liquéfaction du charbon brun.

Dans le cas de la liquéfaction du charbon bitumineux, le gouvernement japonais a décidé de construire une usine
pilote de 250 t/j, qui doit intégrer les résuitats obtenus grace a des installations de mise au point de procédés faisant
appel a trois méthodes différentes. L'exploitation de I'usine est prévue pour AF 1990. Dans le cas de la liquéfaction du
charbon brun, une usine pilote de 50 t/j est actuellement en construction, dans I'Etat de Victoria, en Autralie.
L'exploitation de toutes les installations commencera en AF 1986.

Le projet Soleil a également permis la réalisation de programmes de R-D de soutien, reliés a la technologie de la
liquéfaction du charbon, dont I'un visait notamment I'inventaire des ressources et des réserves de charbon. Dans le
cadre de la Phase |l du Programme de coopération Canada-Japon sur [a technologie de Ia liquéfaction du charbon, la
société NEDO entreprendra des essais de liquéfaction en utilisant certains charbon canadiens expédiés par le
Gouvernement du Canada.

Cette communication décrit le statut actuel de la technologie de la liquéfaction du charbon au Japon ainsi que la
technique d'essai du charbon canadien.

*indique le conférencier
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PRESENT STATUS OF COAL LIQUEFACTION TECHNOLOGY IN JAPAN

INTRODUCTION

Japan'’s level of dependence on oil is the highest among the industrialized nations. Thus, it is Japan's urgent task to
promote the development and introduction of oil alternative energies. In order to develop the technologies for
producing oil alternative energies such as solar energy, geothermal energy, and coal conversion, the Sunshine Project
was inaugurated in 1974 (just after the first oil crisis in 1973) by the Agency of Industrial Science and Technology,
Ministry of International Trade and Industry.

The New Energy Development Organization (NEDO) is a government body which was established in 1980 to continue
and advance the Sunshine Project. With considerable assistance from the private sector, NEDO is now performing
various activities in this area. Among them NEDO places a specific stress on the development of coal liquefaction and
gasification technology. Coal is considered to be the most promising alternative energy source because of the huge
deposits that are available throughout the world.

Table | shows NEDO's present activities in coal liquefaction technology. There are three projects in this area: the Brown
Coal Liguefaction Project, the Bituminous Coal Liquefaction Project and the supporting research for both liquefaction
projects. These are explained in more detail in the following sections.

BROWN COAL LIQUEFACTION PROJECT

At the Japan-Australia Energy R&D Conference held in November 1980, it was decided to construct a brown coal
liqguefaction pilot plant near Morwell coal field in Latrobe Valley, Victoria State, as a Japan-Australia government
project. This project was appointed as one of the Sunshine Projects in 1981.

Figure 1 shows the Japan-Australia joint R&D organization. NEDO is the principal developer and it has entrusted the
actual implementation of the 50 t/d (daf base) pilot plant to the Nippon Brown Coal Liquefaction Co. Ltd. (NBCL),
composed of five Japanese companies. The pilot plant is now under construction at the site of a subsidiary of NBCL,
named Brown Coal Liquefaction Victoria Pty. Ltd. (BCLV) with the cooperation of the Victoria Brown Coal Council
(VBCC). All the funds of this project are provided by NEDO.

Australia's contributions to this project are:

— supply of feed brown coal

— provision of the pilot-plant site with utility services such as water and electricity up to the boundary
limits
— provision of staff employees.

Figure 2 shows the schedule for the Brown Coal Liquefaction Project. The construction of the pilot plant is divided into
two stages. The first stage is to build the primary hydrogenation process and related facilities, and the second stage is
deashing and the secondary hydrogenation process.

At present the installation of the primary hydrogenation process is nearly finished. After completion of the first-stage
construction next year, various trial operations of the primary hydrogenation process will be carried out simultaneously
with second-stage construction work. Upon completion of the second-stage construction in 1986, the integrated
operation of the primary and secondary hydrogenation process will be started and the operation will continue for about
two years.

Figure 3 shows a schematic diagram of the brown coal liquefaction pilot plant. In the dewatering unit, about 90% of
water contained in the coal is removed by steam heating drier. Coal slurry is fed to the reactor through the preheater
and is hydrogenated in the presence of disposable iron catalyst under the condition of 430-460°C and 100-150 atm.
Residence time is about one hour. Products are distilled by atmospheric and vacuum distillation towers and then coal
liquid bottom is fed to the following unit which will be installed in the second stage.

At the solvent deashing unit, coal-derived naphtha is used as the deashing solvent to separate the ash and to regulate
the concentration of preasphaltene in the deashed oil. The secondary hydrogenation is performed on the fixed-bed
reactor with Ni-Mo catalyst under the condition of 360-420°C and 150-200 atm.

The bottom from the secondary hydrogenation or the hydrogenated deashed oil is mixed with middle distillate
produced in the primary and secondary hydrogenation and is recycled to the primary hydrogenation system as the
recycle solvent. Hydrogen for this plant is produced from natural gas by steam reformer.

105




Bituminous Coal Liquefaction Project

Since its establishment in 1980, NEDO has been developing three different processes for the Bituminous Coal
Liquefaction Project. They are Solvent Extractive Coal Liquefaction, Direct Coal Liquefaction, and Solvolysis Coal
Liquefaction. Each has a PDU with a capacity of 1-2.4 v/d,

In Solvent Extraction Coal Liquefaction, coal is liquefied with hydrogen donor solvent in the presence of disposable
iron dust catalyst produced from a molten iron gasifier under the condition of 400-450°C and 150-200 atm. This
process can give us a higher yield of liquids.

In Direct Coal Liquefaction, coal is liquefied in the presence of synthetic high-active iron sulfide catalyst under the
condition of 430-460°C and 200-250 atm. This process also shows us the same combined effect when it uses
synthetic iron sulfide catalyst with hydrogen donor solvent.

Solvolysis Coal Liquefaction is the only two-stage liquefaction process and its uniqueness is that at the primary stage,
coal is dissoluted under the condition of 350-450°C and 15 atm in a few minutes without any hydrogen. This process
shows us that the recycle of heavy fraction of hydrogenated solvent is effective in increasing the yield of light oil.

Considering the results of these PDU operations, NEDO is going to integrate the three into a pilot plant named NEDOL
or the catalytic hydroextractive coal liquefaction process. In spite of the recent strong opinion against efforts for
developing oil alternative energies, the government-authorized committee concerning this area approved our plan last
summer to establish a pilot piant in Japan with a capacity of 250 t/d.

Figure 4 shows our schedule for the Bituminous Coal Liquefaction Project. The basic design has been started and the
operation will begin in 1990. The budget for this project is as follows:

fiscal year stage million $
1984-86 design 23
1986-89 construction 183
1990-92 operation 210

total 416

Similar to our Brown Coal Liquefaction Project, NEDO will entrust the implementation of this project to the joint venture
named Nippon Coal Oil Co. Ltd., which was established on October 1 this year. About ten per cent of the budget will be
provided by this company.

The schematic diagram of the NEDOL process is shown in Figure 5. Coal is liquefied in the presence of gaseous
hydrogen and donor solvent under the condition of 430-460°C and 150-200 atm using high-activity disposable
catalyst. Residence time is about one hour and solvent ratio is 1.5-2. The recycle solvent composed of heavy fraction
(538°C minus) and middle distiliate (220-350°C) is hydrogenated at the solvent hydrogenation stage under the
condition of 350°C and 100-150 atm in Ni-Mo catalyst fixed bed.

The liquid yield of the process is expected to be over 50 per cent, consisting of naphtha (C5 - 200°C) and middle
distillate (220-350°C). Hydrogen for this process will be generated from conventional process. Solid-liquid separation
will be performed at vacuum tower, and part of the residue will be tested as the feed for some types of gasifier.

This process should have high adaptability in processing from subbituminous to low-grade bituminous coal. The
selection of feed coal for this pilot plant has not yet been done, but NEDO plans to use several overseas coals as the
feed. Canadian coal, of course, is one of those proposed for this.

SUPPORTING RESEARCH

Besides the development of processes, NEDO is carrying out the supporting research programs which are to be
considered as the common technology for both liquefaction projects. There is much variety in this research, so each
part is delegated by NEDO to the most capable companies in Japan.

Reactor Materials

There is already a lot of knowledge about reactor materials as used in the petroleum refining industry. However, coal

liquefaction requires severer reacting conditions and a more corrosive atmosphere than petroleum refining. In order for

the process to be economical NEDO developed new reactor materials on the base of 3 Cr-1 Mo alloy steel. As a result

of this development, new materials improve design stress intensity by 34% at a temperature of around 480°C

gompared with conventional ones and they also show excellent environmental capability. Figure 6 describes the
etails.
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An adequate weld metal and stainless overlay technology have also been developed. Commercial scale heat
experiments have been carried out to obtain the practical data of the new alloy. A forged shell 450 mm thick and with an
inside diameter of 3,400 mm was manufactured from a large ingot of 250 metric tons. Table 2 shows the best
composition of these reactor materials.

ASME codification and ASTM standardization that we applied were approved at each main commitiee. We plan to
apply these materials to the forthcoming pilot plant.

Slurry Pumps

The feed slurry to coal liquefaction process is usually fed by plunger pumps. However, plunger pumps are limited in
scale-up capacity, so reliable large capacity pumps have to be developed when commercial plants are considered.

NEDO has two programs for the development of slurry pumps, that is, centrifugal pumps and hydrohoist. Concerning
centrifugal pumps, NEDO has decided to develop a vertical multistage centrifugal pump due to its simplicity of design
and operation. At present, an experimental unitwith 14 stages and 80 atm discharge pressure has been installed in the
test circuit and we have just begun the test operation.

Hydrohoist is another type of large capacity feed system. [t is composed of two centrifugal pumps and three chambers,
each of which has two rooms separated by a float. Figure 7 shows the conceptual scheme. Coal slurry is introduced
and discharged to and from a lower room according to the movement of the float, which is forced to move by non-solid-
contained liquid. An experimental unit and test circuit have also been installed and test operation has started.
Elemental research for materials of floats, chambers and plate valves is being continued.

Process Simulator

A process simulator is useful to estimate unit operations in process flowsheeting. There are many process simulators
in the world for petroleum refining or chemical processing. However, there will be some limitations when we apply these
process simulators to coal liqguefaction because of the existence of solids and because of the big difference in
properties between petroleum and coal-derived ail.

Thus, it is planned to develop a process simulator only for coal liquefaction in order to evaluate the process from
engineering and economic points of view. This is expected to have functions such as physical properties estimation,
mass and energy balance, cost evaluation and so on.

For making the basic concept of reaction models and yield estimation, a set of representative pure components was
selected to represent the properties of distillate below 540°C, and the extended group contribution method was
developed to evaluate a physical property for heavy distillate and SRC fractions based on their structural parameters,
ultimate analysis and so on. The program of version 1 has just been inaugurated and we are carrying out trial
calculations using an intelligent terminal connected with a time-sharing computer system.

Upgrading of Coal-derived Oil

Coal-derived oil contains many organic sulfur and nitrogen compounds, and it is less stable than petroleum. As the
energy system in Japan is based largely on petroleum, it is most probable that coal-derived oil will be mixed with
petroleum products and that the mixture has to meet standards regulating present petroleum products. Therefore,
coal-derived oil must be hydrogenated to pass such criteria.

Physical and chemical property analysis of coal-derived oil and some study of deterioration mechanisms have been
carried out so far, and a new five-year research program has been started this year. We are interested in the
following: oil properties before and after hydrogenation, reacting conditions, catalysts, coprocessing with petroleum
products, properties of mixiure and so on.

Itis believed that there are some difficulties in treating kerosene and diesel fraction because of its low smoke point and
poor cetane number. We are going {o investigate these points using bench-scale microreactor apparatuses.

Environmental Protection and Hygienes

The research program on environmental protection and hygienes of coal slurry, coal liquids, wastewater, and residue
has just been started. A series of acute, subacute and chronic tests on small animals and microbes have been
designed. There are two objectives of this program. One is to establish industrial hygiene by proposing some ideas for
plant design and by preparing a handling manual for researchers and operators. Another objective is to obtain public
acceptance by the confirmation of the safety of upgraded coal-derived oil which will be mixed with petroleum and
distributed to public users.

107




Technology for Waste-water Treatment

Waste water from the coal liquefaction process contains ammonia, phenolic compounds, organic acids and sulfide in
high concentrations. The existing technology utilized in coke production facilities can be applied to coal liquefaction
waste water treatment. However, new efficient technologies are being investigated to make the process more
economical. These technologies are the extraction of phenolic compounds with solid supported liquid membranes,
the biological treatment with anaerobic fluidized bed and aerobic contact filter, and the wet catalytic oxidation. When
this basic research yields results, they can be applied to our forthcoming pilot plant.

Survey of Coal Resources and Properties

Considering the future development of the coal liquefaction industry, it is indispensable that there are sufficient data on
coal resources and properties throughout the world for Japan because of its limited deposits of domestic coal.
Therefore, we have cooperative relations with China and Canada.

Concerning cooperation with Canada, the Phase Il program is now being carried out under the Canada-Japan
Science and Technology Consuiltation Agreement. In the Phase | program, ten Canadian coals — Wabamun, Ardiey,
Greenhills, Balmer, Willow Bunch, Estevan, Battle River, Drumheller, Smoky Tower and Pickardville — were tested in
Japan. The results were announced at the previous meeting.

Atpresent, six Canadian coals — Fox Creek, Tofield Dodds, South Swanhills from Alberta, Poplar River for Saskatche-
wan, Lingan Channel, and Prince Balk Channel from Nova Scotia - are being tested in the Coal Mining Research
Center, Japan. Besides the analyses of these coals, five coals of the Phase | program were selected for the feed cost
coal to the smail-scale continuous liquefaction test units. They are Pickardville, Battle River, Drumheller, Wabamun
and Estevan. The details of the planned tests are shown in Table 3. These coals will be distributed to two national
laboratories, and the results will be obtained in mid-1985 and then announced.

Regarding the coal resources survey, we must express our great thanks to you for your kind cooperation when our
mission visited your country. Fortunately, we can be accumulating the necessary data with the assistance of Canada,
China, U.S.A., Australia and other countries. In the final stage of this survey, a database will be established to be used
in preparing not only for the pilot plant but also for commercial plants in the future.
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TABLES

Table 1 — Activities of NEDO in coal liquefaction

1. Development of Process

(1) Brown Coal Liquefaction
Pilot plant in Australia (50 t/d daf; 150 ¥/d raw coal)

(2) Bituminous Coal Liquetfaction
Process development unit (1-2.4 t/d)
Solvent extractive coal liquefaction
Direct coal liquefaction
Solvolysis coal liquefaction
Pilot plant in Japan (250 t/d daf)

2. Development of Supporting Research

(1) Reactor materials

(2) Slurry pumps

(3) Process simulator

(4) Upgrading of coal-derived oil

(5) Environmental protection and hygienes

(6) Technology for waste water treatment

(7) The survey of coal resources and properties

Table 2 — Chemical composition of new alloys

C Si Mn P S Cr Mo \ Ti B Nb
0.10 <0.40 2.85 0.90 0.20 0.015 0.001
Reactor metal <0.08 <0.015 | <0.015
~0.15 ~0.60 ~325 | ~1.10 | ~0.30 | ~0.030 | ~0.003 -
0.08 0.40 2.85 0.90 0.20 0.015
Weld metal <0.25 <0.015 | <0.015 - -
~0.15 ~0.60 ~3.25 | ~1.10 | ~0.30 | ~0.030
0.40 2.85 0.90 <0.5
Overlay metal | <0.05 | <0.25 <0.015 | <0.015 - - -
~0.60 ~3.25 | ~1.10 >Cx10
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Table 3 — Details of Canadian coal test

1. Coal analyses (July 1984 ~ Nov. 1984)

Proximate analysis, ultimate analysis, heating value, sulfur forms, maceral analysis, reflectance analysis, hardgrove
grindability index, analysis of ash, etc.

2. Autoclave tests (July 1984 ~ Jan. 1985)

Autoclave: 500 mi

Standard conditions: Temperature 450°C
Pressure 9.8 MPa (Initial)
Time 60 min
Solvent Anthracene oil or donor solvent
Solvent/coal 1.5
Catalyst Fe,O; + S

3. Continuous unit tests (Nov. 1984 ~ Aug. 1985)

Testing unit:
0.1 T/D (Government Industrial Development Laboratory, Hokkaido)
0.3 kgrhr (National Chemical Laboratory for Industry)

Standard conditions: Temperature 450 ~ 460°C
Pressure . 9.8 ~ 24,5 MPa
Time 30 ~ 60 min
Solvent Anthracene oil or donor solvent
Solvent/coal 1.5~2
Catalyst Fe,O; + S and others
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COAL LIQUEFACTION IN THE FEDERAL REPUBLIC OF GERMANY

W. Bertram, H.-J. Neef*, J.J. Stécker
Kernforschungsanlage Jilich GmbH
Projektleitung Energieforschung (PLE)
Postfach 1913
D-5170 Jilich
Federal Republic of Germany

ABSTRACT

Upgrading of coal has always been given a prominent position in the German Program for Energy Research and
Energy Technologies. In the Federal Republic of Germany, coal is the only primary source of energy which is available
for a long time in large quantities from domestic reserves. For this reason, advanced technologies are being developed
to obtain cleaner, easier to handle and favourably priced products from coal. These developments are being financed
through joint efforts by German industry and public funds. Besides environmentally acceptable methods of generating
electricity from coal and coal gasification, the liquefaction of coal is a main topic for research in the field of upgrading
coal. Three pilot plants are available for the direct catalytic hydrogenation of coal:

— 200 t/d Pilot Plant Bottrop of Ruhrkohle AG/Veba Oel AG,
— 6 t/d Pilot Plant Saar of Saarbergwerke AG,
- 3 t/d Pilot Plant Lahr of Salzgitter AG/Imhausen Chemie GmbH.

The first two plants have been in operation since 1981; the 3 t/d plant has been ready for operation since September
1984. The technical results gained with these plants are contributing towards necessary data for a decision on the
construction of a demonstration plant. As hydrogenation processes are not economical in Germany today, public aid is
necessary to realize this large-scale demonstration plant for reasons of supply and industrial policies. In addition to
direct hydrogenation, other liquefaction processes are being further developed in R&D projects. Examples of these are
the conversion of methanol to gasoline and the pyrolysis of coal.

The paper gives a summary of technologies which are at present being followed in Germany for the liquefaction of coal.
lt presents the status of the most important individual projects and gives a view of future developments.

*denotes speaker
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PRESENTATION 8

LA LIQUEFACTION DU CHARBON EN REPUBLIQUE FEDERALE D’ALLEMAGNE

W. Bertram, H.-J. Neef* et H.J. Stécker
Kernforschungsanlage Jillich GmbH
Projektleitung Energieforschung (PLE)
Postfach 1913
D-5170 Jiilich
République Fédérale D'Allemagne

RESUME

On a toujours accordé beaucoup d'importance a la valorisation du charbon dans le Programme allemand de
recherche sur I'énergie et les technologies énergétiques. En République fédérale d'Allemagne, le charbon est la
seule source d'énergie primaire disponible a long terme, en quantités importantes, a méme des sources intérieures.
Pour ce motif, on Soccupe a mettre au point des technologies avancées pour tirer du charbon des produits plus purs,
plus faciles a manipuler et moins colteux. Ces travaux sont finances grace a des initiatives mixtes prises par l'industrie
allemande et les administrations publiques. En plus de méthodes permettant de produire de I'électricité a partir du
charbon et de la gazéification du charbon, acceptables dans une perspective environnementale, la liquéfaction du
charbon constitue un important sujet de recherche dans le domaine de la valorisation du charbon. On a acces a trois
usines pilotes pour procéder a I'hydrogénation catalytique directe du charbon:

- l'usine pilote de 200 t/j de Bottrop, de la Ruhrkohle AG/Veba Qel AG,
— Pusine pilote de 6 t/j Saar, de la Saarbergwerke AG,
- l'usine pilote de 3 tj Lahr, de la Salzgitter AG/Imhausen Chemie GmbH.

Les deux premiéres usines fonctionnent depuis 1981, I'usine de 3t/j est en état de fonctionner depuis septembre 1984.
Les résultats techniques obtenus contribuent aux données nécessaires a la prise d’'une décision concernant la
construction d’une usine de démonstration. Comme les procédés d’hydrogénation ne sont pas encore rentables en
Allemagne, une aide publique est requise pour construire cette importante usine de démonstration, pour des motifs
d'approvisionnement et de politiques industrielles. En plus de I'hydrogénation directe, d'autres procédés de liquéfac-
tion font I'objet de travaux de développement plus poussés, dans la cadre de projets de R-D. A titre d'exemples,
retenons la conversion du méthanol en essence et la pyrolyse du charbon.

Cette communication présente un résumé des technologies actuelles utilisées en Allemagne pour liguéfier le
charbon; elle précise le statut de la plupart des grands projets et offre une perspective sur les développements
eventuels.

*indique le conférencier
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COAL LIQUEFACTION IN THE FEDERAL REPUBLIC OF GERMANY

INTRODUCTION

The development of coal liquefaction in Germany is divided into various phases, which are summarized as follows:

— the origins (1913-1925)

— the first commercial applications (1925-1939)

— the requirements of World War 1l (1939-1945)

— the conversion of distillation residues until 1963

— the period of cheap oil (1960-1973)

— the oil crisis and the new program for energy research (1974 ...)
— the commercialization of the new technologies.

The period 1913 to 1973 can be described briefly.

The basic work on coal hydrogenation carried out by F. Bergius in 1913 showed that the hydrogenizing conversion of
coal into liquid products is possible. In the 1920's it was predicted that the future fuel supply of Germany was uncertain.
Hence the industrial application of Bergius idea gained in importance. The chemical industry (1.G. Farben) developed
the process of Bergius under the leadership of M. Pier into an industrial process. In 1927 the first hydrogenation plant
went into operation in Leuna. The political boundary conditions in the Hitler-era required a seli-sufficient supply of
gasoline so that, at the end of 1945, 12 hydrogenation plants were in operation producing about 4 miil. t/a liquid fuel
(Fig. 1). After the end of the war, three plants (Gelsenberg, Scholven (Photo 1) and Wesseling) were operated in the
Federal Republic of Germany (FRG) until 1963 for the hydrogenizing conversion of crude-oil distillation residues. inthe
period of cheap oil up to 1973 there was no trace of a serious interest in coal hydrogenation.

The development of the synthesis of fuels from gases rich in H, and CO progressed similarly with respect to time. This
synthesis is closely connected with the names F. Fischer and H. Tropsch. Nine plants with a total production of about
0.6 mill. t/a primary products were put in operation before 1945 (Fig. 2). Commercial plants using the Fischer-Tropsch
synthesis have been operated in South Africa since 1955.

New energy research programs started in many countries after the oil crisis in 1973. The main aims were to guarantee
the supply of energy and to reduce the dependency onimported oil. Inthe FRG, whose only domestic fuel raw material
worth mentioning is coal, great efforts, financially and in terms of personnel involved, were made in order to guarantee
a non-polluting and economic utilization of the coal. Coal liquefaction is one of the long-term components of the
German Energy Research Program. This is for two reasons. Firstly, this very sophisticated technology requires long
periods for development and considerable funds and, secondly, an economic utilization in the FRG is only to be
expected in the distant future because of the high (and subsidized) coal prices. However, the technology can be
correspondingly applied earlier in countries where coal prices are more favourable.

As already mentioned, there are different methods of obtaining liquid products from coal. In the following sections the
development of coal liquefaction will be described from 1974 until today. The reasons for work in the Fischer-Tropsch
synthesis only being pursued on a small scale within the Energy Research Program are presented in Section 1.
Section 2 describes the conversion of methanol (which can originate from synthesis gas from coal gasification) into
gasoline/diesel. The main topic for R&D efforts on coal liquefaction in the FRG is the direct hydrogenation of coal.
Section 3 describes the present status of the development. Section 4 presents R&D work on the hydrogenation of
heavy crudes, afield which is closely related to coal hydrogenation, as well as work on the possibility of simultaneously
converting coal and oil residues. Following this, the pyrolysis of coal will be treated briefly in Section 5. In Section 6
questions of cost-effectiveness and the introduction of coal liquefaction onto the market in Germany and in other
countries will be discussed.

COAL LIQUEFACTION BY MEANS OF THE FISCHER-TROPSCH SYNTHESIS

After the Second World War, the Fischer-Tropsch synthesis was operated further to a limited extent by Schering AG in
their Bergkamen works, This plant was used primarily to produce fuels, as is also the case for the Sasol 1 to lll plantsin
South Africa. Atthe beginning of the sixties the Schering plant was shut down because of pressure from cheap mineral
oil on the market.
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After the first oil crisis the question of supply with chemical raw materials and chemical basic materials was critically
investigated to the same extent as considerations of an energy research program were made. It was recognized that
the Fischer-Tropsch synthesis offered more possibility of winning chemical basic materials on the basis of coal than the
possibility of contributing to a guaranteed supply of energy in Germany (Fig. 3). This was due to two reasons. For the
production of fuels the combination coal gasification Fischer-Tropsch synthesis was being commercially used in South
Africa, so that here government support of R&D was scarcely needed any longer. Secondly, because of its notably
poorer efficiency, the Fischer-Tropsch synthesis cannot compete with the direct hydrogenation of coal. However, this
requires a feed coal that can be hydrogenized (volatiles > 30% waf, ash content < 10% waf). In this connection it will
be interesting to see which technology is used as a follow-up plant Sasol IV.

R&D tasks on the Fischer-Tropsch synthesis aimed towards guaranteeing the supply of raw materials have as their
main objective an increase in the selectivity in order to be able to produce the C,-C, olefins, for example, directly with
higher yields.

The most attractive hydrocarbons regarding demand and proceeds would then be obtainable from a coal basis. The
development of suitable selective catalysts particularly for this was undertaken by Ruhrchemie AG and several
colleges of advanced technology. In close cooperation with technical colleges, in particular with the Berlin University of
Technology, Schering AG worked out the slurry phase concept. Using this concept the catalysts approached their
specific performances, as produced on a laboratory scale, even in continuous operation.

In spite of notable success in the early stages, this work soon reached a phase where one was still too far away from the
aim of the development but could practically no longer come any closer to this goal, even in the case of a great variety
of research and intensive efforts.

Competition to this was provided by the Mobil-process, which easily satisfied the best expectations that were held for
the selective Fischer-Tropsch synthesis.

The circumstances briefly presented here finally led to the fact that no more public money was made available for the
development of the Fischer-Tropsch synthesis.

CONVERSION OF METHANOL INTO GASOLINE AND DIESEL OIL

The process chain in the production of gasoline from coal by means of the catalytic conversion of methanol into
gasoline is shown in Figure 4. Methanol produced by coal gasification is converted into low-boiling hydrocarbons and
water in a methanol-to-gasoline (MTG) plant. An alkylation process is added to improve the yield of gasoline. As shown
in Figure 4, in this way 39 t gasoline, 3 t LPG and and 2 t methane/ethane are produced from 100 t methanol. On the
other hand 56 t water are also produced according to the stoichiometry.

The synthesis of methanol from synthesis gas is a mature process available commercially. Developments in recent
years allow reactors with a methanol production of from 2500 to 5000 t/d to be installed; this means up to more than
1.5 mill. t/a. If optimum process conditions are given, the selectivity for methanol is between 95 and 99%, relative to
the total amount of carbonaceous products.

In the seventies, catalysts were discovered based on zeolite and these converted methanol selectively into hydrocar-
bons with low boiling range. The development of catalysts has not yet been completed. improvements are possible
regarding:

— activity and service life

~ selectivity to various product groups (aromatics, olefins)

— cheap, commercial processes for the production of catalysts.
As discoverer of this group of catalysts the Mobil Corporation (U.S.A.) still has a lead over competitors, although this is
becomingincreasingly smaller. In the FRG an industrial consortium (Degussa AG, Ruhrkohie AG, Imhausen Chemie
GmbH) is engaged in its own development of catalysts and processes for converting methanol into gasoline. In the

same way, catalysts are being developed by modifying zeolites to obtain a highly selective synthesis activity to
produce short-chained olefins from methanol (Hoechst AG).

The fixed-bed and fluidized-bed processes are available for technically carrying out the MTG-process. At first,
because of its relatively simple technology, the fixed-bed variant was developed by Mobil up to commercial maturity. A
corresponding plant is being built in New Zealand.

However, right from the very beginning, it was known that the fluidized bed offered attractive prospects. These can be
represented briefly by means of explaining the process flow of both variants (Fig. 5 and Fig. 6). In the fixed-bed process
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the heat resulting from the methanol conversion is set free in two stages. First methanol is converted to dimethylether
with conventional catalysts in the pre-reactor. Here about 20% of the total enthalpy of the reaction is set free. In the
following MTG-reactor, which is operated adiabatically, the remaining reaction enthalpy is freed with the conversion of
dimethylether into hydrocarbons. Some of the light product gases have to be recycled here to take away the heat and
this naturally reduces the partial pressure of the feed stock. This effect can only be compensated for by increasing the
process pressure so that the conversion of methanol can take place at 20-30 bar in the fixed bed. The MTG-catalyst,
partly deactivated by a coating of coke, must be periodically regenerated by burning off the surface layer. For this
reason, several reactors arranged in parallel are necessary for the fixed-bed process in order to guarantee a constant
production.

In the case of the fluidized-bed process the conversion of methanol into gasoline takes place in one stage isothermally.
The reaction enthalpy is taken away by a cooler from the fluidized bed. As it is not necessary to recycle the gas, the
process pressure can be reduced down to less than five bar. The regeneration of the catalyst takes place continuously
during the operation. A small part is always being removed from the reactor. Coke deposits are burnt off in the
regenerator. The catalyst reactivated in this way is fed back into the reactor.

However, the fluidized-bed variant requires a comparatively more sophisticated technology and abrasion-proof
catalysts.

The Union Rheinische Braunkohlen Kraftwerke AG (URBK) is operating a pilot plant for MTG-synthesis based on the
fluidized-bed process (Photo 2). As owner of the rights to the process Mobil provides the catalyst and Uhde works out
the engineering for the program. A third of the project costs are being provided by the FRG Ministry for Research and
Technology (BMFT), a third by the U.S. Department of Energy (DOE) and the remaining third is distributed between
the three industrial partners.

The aim of the project is the development and long-term demonstration of a fluidized-bed reactor for MTG-synthesis
with all the advantages mentioned, but by minimizing the disadvantages of fluidized-bed technology. All technical
process data will be determined for the design and operation of a commercial plant and the operating conditions
optimized.

The MTG plant was ready for operation in mid-1982. The test program of the project is divided into the following three
phases, the first two having already been completed.

Phase I:  Operation of the MTG-pilot plant with external catalyst cooler. This concept offers a
(1983) maximum in-plant fiexibility for working out reliable optimum operating conditions
and high plant availability.

Phase lI: Operation with internal catalyst cooler. This concept has cost advantages compared

(1984) with the Phase | variant, because of the reduced height of the construction and
space requirement for the same reactor output. The operating results of Phase |
could be confirmed in spite of the reduced flexibility of the internal cooler.

Phase lll: Operation of the plant to produce lower olefins (methanol to olefins, MTO) which can

(1985) be converted into gasoline and diesel in an MOGD process (Mobil olefins to
gasoline and distillate) which is licensed by Mobil and which is directly connected
onto the plant.

Operational results from Phase | and |l can be summarized as follows.

The design data were achieved in their entirety and a large number were considerably exceeded. This was particularly
true for the plant availability (97%) and the very low catalyst loss. Further characteristic data of the pilot plant are given
in Figure 7.

The test with MTG-gasoline (durene contents up to 4%) in a fleet of cars produced no differences in the driving
behaviour compared with conventional premium blend gasoline.

The preliminary tests carried out for Phase lil (MTO, MOGD) allow the following results from pilot test runs to be
expected:

— methanol turnover and total yield of hydrocarbons correspond to the MTG-method of operation

— yields of light olefins relative to the total hydrocarbons between 70 and 80% wt.
The MTO-process will be carried out in the pilot plant with internal catalyst cooling. If the added MOGD-process is

adapted for a maximum diesel output, then 1t methanol gives 0.24 t diesel, 0.13 t gasoline, 0.07 t heating gas and
0.56 t water.
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Finally, it must be pointed out that in this project the last stage before commercial introduction onto the market has now
been reached.

The German development of catalysts mentioned at the beginning of this paper can be assessed as promising.
Therefore, it is expected that the appertaining process development will be taken up on a pilot scale next year.

COAL HYDROGENATION

In the 1920's processes were developed in Germany up to commercial maturity for the production of gasoline and
diesel from coal. With the help of these, almost the total demand for fuels in Germany could be covered in the following
period up to 1945. The greatest contribution to this was made by coal hydrogenation.

The basis of the conversion of coal into oils (and gaseous hydrocarbons) is the splitting of coal molecules and
hydrogenation. The classical IG-hydrogenation process developed for this purpose has proved itself technically but no
longer meets present requirements.

However, it forms a reliable basis for further development under present technological and economic boundary
conditions. More than ten years ago this line of development in the FRG led to the so-called /.G.-Neu process or the
modified Bergius-Pier process. Of all the coal hydrogenation processes developed worldwide, this process has the
highest flexibility in the type of feed coal, the effort required for control is considerably less than in the case of
competitive processes, and the experiences gained from the classical process can be applied directly.

The basic characteristics of the I.G.-Neu process are shown in the flow-chart in Figure 8. The ground coal is mixed into
a slurry with the catalyst and recycled oil distillate and this is brought up to a reaction pressure of about 300 bar by
slurry pumps. After the addition of circulating and fresh hydrogen (from pressurized gasification) and the heating-up of
the mixture, hydrogenation takes place in several reactors connected in series. The separation of the residue
containing solids from the gaseous products follows in the hot-separator. The latter, after passing through a heat-
exchanger and cooler, are separated in a stripper. The liquid phase (coal oil) is distilled into the final products and the
circulating gas is fed back into the process after being washed. Some of the coal oil is returned into the process as
recycle oil. The residue is gasified for the production of fresh hydrogen. A hydrogen deficit can be compensated for by
the steam-reforming of the C,-C, gases produced. The slag occurring in the pressurized gasification is removed in the
liguid form and, as melted granules, it does not create any difficulties regarding disposal.

The general aim of present development work is the improvement, both technically and economically, of the original
classical 1.G.-process. This is taking place on three levels:

Modified process

Today distillate which does not contain asphalit is being used as recycle oil, instead of low-temperature oil and
centrifuged oil which was used originally. In this way, the reaction pressure can be reduced from 700 to 300 bar without
a decline in yields with respect to both space and time. The result is a clear reduction in the specific investments
required for the plant.

Application of modern, proved technology known from the conversion of mineral oil

Included here are the better control of large plants within narrower limits, use of improved materials, more accurate
dimensioning of apparatus, more effective aggregate to allow an improved heat flow, etc. This leads to an improved
thermal efficiency.

Specific new developments for individual components

Coal-slurry compressors, expansion valves and regulating valves, etc. These developments produce a higher
flexibility and availability of the plant.

in all the present research projects, all three Ievels are being worked on simultaneously but with different intensity.

The basic process data of the 1.G.-Neu method of operation have been worked out in continuously operated laboratory
plants since the early seventies. (Bergbau-Forschung GmbH, Saarbergwerke AG, Rheinbraun AG). It was recog-
nized that for the individual process stages of coal hydrogenation there are still essential technical possibilities for
improvement. These will lead both to anincrease in the product yield as well as to a reduction in plant costs. The direct
step from the laboratory to large-scale demonstration was regarded as too risky. Since 1981 two pilot plants have been
operated in the FRG in order to work out reliable data and scale-up factors. These plants are described in the following
sections.
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200 t/d coal hydrogenation pilot plant of Ruhrkohle AG and Veba Oel AG in Bottrop (Photo 3)

The main aim of the project Coal-oil plant, Bottrop is the demonstration of a high availability of the pilot plant for a coal
throughput of 200 t (waf)/d and a yield of 100 t/d liquid products. It will be checked by (long-term) test programs for how
much changes in the apparatus and process engineering in partial stages and variations in the reaction parameters
(e.g., reactor load, hydrogen partial pressure, reaction temperature) influence the conversion rate of the overall
process. Moreover, the effect of different hydrogenating coals and catalysts is being tested. The layout and a few of the
results from the Bottrop plant, operated since 1981, are summarized in Figure 9.

In order to exhaust the full potential of the development it is also planned to apply alternative reactor and reaction
concepts. The thermal efficiency of the overall plant will increase through the improved use of reaction heat.

The assessment of the effects of coal-oil production on the environment based on measurements of emissions is an
important aspect of this work.

Altogether, because of its high throughput capacity this project is being used to determine reliable scale-up factors for
the construction and operation of a coal hydrogenation plant of commercial size (modules with a throughput capacity
of about 2500 t coal/d). Work carried out here is essentially concerned with apparatus and only serves in alimited way
for process madification.

The companies responsible for the Bottrop-plant have been actively involved in the U.S.A. developments for coal
hydrogenation. The experiences from the H-coal, Exxon-Donor-Solvent and Solvent-Refined-Coal-1! projects contrib-
ute to the database for commercialization of coal hydrogenation.

6 t/d coal hydrogenation plant of GfK (Gesellschaft fur Kohleverfliissigung mbH, 100% subsidiary of Saarberg-
werke AG) in Firstenhausen/Saarland. (Photo 4).

This plant was built with the aim of developing and testing modified process concepts for improving the 1.G.-Neu
process. In specifying the plant capacity it was appreciated that for cost reasons the plant capacity should be designed
as small as possible but with regard to scaling-up it should be designed as large as necessary.

In the period between September 1981 and December 1983, the plant was tested and optimized regarding apparatus
and process technology. Besides maximum yield of coal oil, the mostimportant parameters for optimization were long-
term stability, controllability and prevention of coking.

The introduction of an intermediate separator, for the direct recycling of hot heavy fractions under process pressure as
diluent to the pre-heater, was tested. In this way, about a third of the total recycle oil can be circulated internally. This
considerably reduces the load on the pre-heater and distillation.

The vacuum flash distillation of the expanded hot residue {(ca. 400°C) from the hot-separator has shown itself to be a
problem-free process stage of high availability. The remaining oil-content (boiling temperature below 475°C) of the
residue granules can be reduced to 5% for absolute pressures of less than 60 bar. The content of solids in the residue
lies between 38 and 50% wt (mineral components of coal, catalysts and remaining unconverted coal).

Altogether the components tested up to now in the pilot plant of the Saarberg-GfK-concept could be confirmed
regarding their function and availability.

Figure 10 shows design data and results from the operation of the Saarberg plant.
In the following operating phase new process stages will be tested. These will include:
— Improved energy recovery from the hydrogenation process for directly heating the coal slurry with the
objective of dispensing with the problematic heat exchangers. One advantage of this process variantis
that gases such as carbon dioxide, water and methane, released when heating the coal, are removed

before they can enter the reactor part. Through this preliminary degasification of the coal, a reduction
in the overall pressure is possible for the same H,-partial pressure.

— Higher content of solids in the feed coal slurry up to 70%. Up to now the coal slurry entered the high-
pressure system with a solid-content of about 40%.

— Coking of hydrogenation residue to maximize the yield of coal oil.
— Carrying out the slurry-phase hydrogenation in two stages to increase the hydrogen partial pressure
for the same overall pressure in the reactors. .

In the operating and test concept of the 6 t/d pilot plant presented here, it is intended to test a maximum number of
process engineering and basically different innovations in order to bring coal hydrogenation based on the |.G.-Neu
process as far as possible towards cost-effectiveness using technical means.
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The further conversion of the coal oil into gasoline, diesel, jet fuel and heating oil of the correct specifications, is an
important aspect that is being worked on in both of the projects mentioned on the Ruhr and Saar. For commercial
application the refining of coal oil (gas-phase hydrogenation) will be directly coupled to coal hydrogenation (liquid-
phase hydrogenation). Within the framework of the project at Bottrop, oil from coal is being further converted in the
refinery facilities at Scholven, belonging to Veba Oel AG, to give qualities of current specifications. In the pilot plant at
Furstenhausen a catalytic hydrogen-refining (fixed bed) unit was integrated into the pressurized chamber of the liquid
phase. The economic assessment of such a concept has not yet been completed.

Results obtained from both pilot plants can be demonstrated by the figures for thermal efficiency. In the classical I.G.-
process this was about 40%. Based on results from the pilot plants, today more than 55% is expected for commercial
plants.

A new reactor concept for hydrogenation will be tested in a third pilot plant whose construction was completed in
September 1984:

3 t/d coal oil plant Lahr, of Salzgitter AG/Imhausen Chemie GmbH (Photo 5).

In all the coal hydrogenation plants up to now, the reactors have the characteristic of agitator vessels. This project is to
investigate for the first time a slurry phase reactor which has the character of a reaction tube. Lying down, this reaction
tube can be divided up into five sections and has a length-to-diameter ratio of about 10,000:1. The advantages specific
to the reaction of the tube-reactor principle and modifications to the method of operation — in particular higher
temperature (460-510°C) and pressure (700-1500 bar) — mean that improvements are to be expected in the
throughput, yield and selectivity, and hence in the profitability and effect on the environment of direct coal hydrogena-
tion using this new process concept. These improvements considerably overcompensate for the extra costs for higher
process pressure.

HEAVY CRUDE HYDROGENATION

The refining of heavy crude and residue is gaining in importance for energy supply. The upgrading of residues from
refineries contributes towards the continuing refining of normal mineral oil to fuels, light heating oil and chemical raw
materials.

The proved heavy crude reserves with deposits in Venezuela, Canada and the U.S.A. are of the same order of
magnitude as the reserves of conventional crude oil. In the long term it will therefore be necessary to adapt existing
refining capacity for upgrading heavier oils.

The development work on upgrading heavy crudes and residues was considerably affected by the cooperation since
1978 between German industrial companies and Venezuelan oil companies that takes place under the auspices of a
governmental agreement between the Federal Republic of Germany and the Republic of Venezuela. Here the
hydrogenation technology also developed for coal hydrogenation, and which is characterized by flexibility and high
conversion properties, can be applied advantageously.

Based on investigations carried out up to now, the Veba-Combi-Cracking (VCC) process offers the best prospects for
upgrading bituminous heavy crude and residues to light and middle distillates. As can be deduced from Figure 11, the
VCC-process is very similar to the |.G.-process for coal hydrogenation. Only the special feedstock preparation and
recycle solvent are missing. The VCC-process goes back to the Bergius-Pier process developed for the hydrogenation
of hard coal. After the Second World War, following minor modification, Veba Oel Ag adapted the existing coal plants
for the conversion of residues (Photo 1). In this way, the process was further developed through the direct combination
of the slurry and gas phase to the Scholvener Kombi Kammer, which is the direct forerunner to the VCC-process. In
1978 the development of the VCC-process was taken up again on this technical basis. At Veba Oel AG, basic
investigations were carried out for a large palette of different oils, first of all in one technical-scale plant and then in a
second.

A 24 v/d pilot plant began operating in 1983 in cooperation with Lurgi GmbH (Photo 8). In this plant the combination of
the liquid and gas phase hydrogenation is being tested. It is being used to determine and confirm scale-up factors for
the construction and operation of a commercial plant (capacity 2500 t/d feed material per train). The conversion rates
of feedstock to distillate realized with this process up to now are more than 95%.

A preliminary study on the planning and process engineering design of a large plant for the hydrogenation of residues
and heavy crude for a German location is running parallel to the operation of the pilot plant.

The development is accompanied by university projects in order to develop other suitable processes for upgrading
heavy crudes and bitumina and to improve the existing process. In this connection it was found that mixtures of lighite
and mineral oil residues are in principle suitable for a joint hydrogenation based on the |.G.-Neu concept. This idea is
being considered in more depth by Rheinbraun AG.
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Contrary to the negative experiences in the period before 1945, a joint hydrogenation of hard coal and mineral-oii-
based hydrogenation residues is also possible. This is implied by test results from the 6 t/d pilot plant in
Flrstenhausen.

COAL LIQUEFACTION BY PYROLYSIS

In addition to synthesis and coal hydrogenation, pyrolysis can be applied as the third method of coal liquefaction. The
simpler process technology must be set against a reduced yield in liquid products. Within the framework of a project of
the International Energy Agency (lEA), basic experiments on pressurized pyrolysis and pyrolysis in a hydrogen
atmosphere have been carried out since 1978 by Bergbau-Forschung GmbH (Germany, as operating agent), the Lund
Institute of Technology (Sweden) and the Coal Research Establishment of the National Coal Board (England). A
comprehensive report on experiments in the milligram-to-gram range was given at the CANMET meeting in 1982. The
commercial prospects for pyrolysis are being estimated as favourable by the project partners —but with the reservation
that the results are only based on laboratory tests. After the completion of detailed engineering work on a pyrolysis
plant on the kg/h scale, such a plant will now be built and go into operation at about the beginning of 1986. The main
part of the plant will consist of an entrained flow reactor, about 3 m long, connected to a coke separator and
condensate precipitator. The tar products can be directly cracked by heating in the connected installation. The
maximum pressure possible is 200 bar.

An integration of Canadian work into the IEA-project was unfortunately not possible.

COST-EFFECTIVENESS OF COAL LIQUEFACTION AND ITS INTRODUCTION ONTO THE MARKET

An exact presentation of the cost-effectiveness and introduction onto the market of coal liquefaction is impossible
because of the many suppositions which have to be made on the future development of energy demand and prices.
However, based on the two process chains, MTG and hydrogenation, a few trends will be shown which cover the
difficulties of an assessment.

First of all, the process chain coal-synthesis gas-methanol-gasoline will be considered. The up-grading of coal (or of
natural gas and bunker oil) into synthesis gas and the methanol synthesis can be regarded as commercially available
technologies. The development of the upgrading of methanol into gasoline/diesel in a catalytic fluidized bed will be
completed at the end of 1985 after the 21 t/d demonstration plant has been operated for some years. Commercial
projects with fixed-bed catalysts will have been realized by then (New Zealand). Here it is relatively easy to assess the
improved technique regarding its future application possibilities. An estimation of the product costs for MTG-gasoline
has been undertaken (Fig. 12) and it is not to be expected that the technological boundary conditions will change
considerably before a decision for, or against, commercial plants can be taken. As shown in the figure, the price of
gasoline for a given price for methanol depends on the technology chosen. The changeover from fixed-bed to
fluidized-bed catalysts reduces the conversion costs and hence the gasoline costs. The price of methanol on the
German market is 450 DM/t at present and this gives costs for gasoline of between 1300 DM/t (fluidized-bed catalyst)
and 1450 DM/t (fixed-bed catalyst). However, the market price for gasoline is 800 DM/t. It can be asked, how high can
the price of methanol be, in order to produce gasoline for 800 DM/t? Furthermore, from the figure it can be deduced
how high the price of the feed materials applied in the chain synthesis gas-methanol-gasoline can be assumed.
Compared with today's prices for natural gas, bunker oil and hard coal in Germany, the resulting prices are
considerably lower. Here it is clear that it is not the technical development which considerably alters the economic
consideration, but that the ups and downs of the prognoses of prices of raw materials determine the economic
assessment. At present, this technology is only applicable for extremely favourable deposits of natural gas, or in the
case when the state subsidizes the technology for reasons of energy policy and structural policy. In future, the process
chain coal-methanol-gasoline can gain in importance in the case of rising prices for crude oil and natural gas.

The plant capacity given in the figure is 105t MeOH/a. This corresponds to about 1.4 108 t coal’a or to 0.4 108 t gasoline
a as productin the process chain coal-methanol-gasoaline. In the case of plants using this technology, for the capacity
field given, the cost digression is already completely effective, meaning relatively small plants can be builtin modular
form with correspondingly reduced total investment costs.

If one considers the economically optimum size for a coal hydrogenation plant, then it becomes clear that the cost
digression only becomes completely effective at 2 to 3 mill. t product/a. This will be a disadvantage in the introduction
of this technology.

A glance at the time-schedule for the development of coal hydrogenation plants (Fig. 13) shows that the earliest
possible operation of a commercial plant will not be before the end of the century. To achieve this. the construction and
operation of a demonstration plant with a capacity of 1 to 2 mill. t coal/a is necessary. At the moment in Germany
intensive thoughts are being given to such a plant. Technology. location, capacity. product spectrum. environmental
aspects, connection to the existing infrastructure and costs are the main aspects in the engineering studies. Equally
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important are questions of financing and cost minimization while keeping as far as possible to the demonstration
character of the plant and the organizational aspects of such alarge project. These factors are being discussed among
the industrial firms involved and the responsible Federal and State Ministries. It is clear to all those concerned that a
demonstration plantin Germany cannot be operated economically, so that governmental supportis necessary. On the
one hand this is because of the high prices for German coal and on the other hand because of the stable oil price level.
Only dramatic oil price rises in the next ten years (nobody is hoping that these will occur), could mean that the
demonstration plant would manage on relatively low grants.

A survey on the engineering work for demonstration and commercial concepts of coal hydrogenation is given in
Figure 14.

From technical and economic points of view, a commercial heavy crude hydrogenation plant could be built con-
currently to the demonstration plant for coal hydrogenation as planned in the time-schedule. For this reason, an
interesting alternative to the demonstration of coal hydrogenation is at present being checked within an engineering
study. This is the possibility of testing a train of such a crude-oil hydrogenation plant for a limited period of time for coal
operation. Such a procedure would save both time and costs. However, it has stiil to be shown whether the aims of a
demonstration plant could really be achieved in this way.

The prospects for the commercial application of hydrogenation technology are even more difficult to estimate than the
costs for the demonstration project. Who can accurately predict today how the price level for the different sources of
energy will develop in the period up to 2000 and then further over the whole lifetime of the plants? Who can predict
today whether the technical development significantly influences the investment and operating costs? A glance at the
cost structure for hydrogenation products shows the following distribution for a large commercial plant in the FRG,
status 1983:

— 40% coal costs (hard coal)
— 25% operating costs
— 35% capital costs.

This picture changes if one can replace the expensive German hard coal with cheaper lignite orimported coal, or if one
changes the plant location to where there is cheaper coal available.

Naturally the term status 7983 is hardly realistic. As already mentioned, commercial plants will not be going into
operation until after 2000. For this reason, dynamic economic calculations will have to be carried out to decide the
values given to inflation rates for investments, operating costs, feed coal and products. Boundary conditions for
financing the investment costs must be given for a period which lies far ahead in the future. Without going into detail of
the values used and calculations carried out, the main influences on the profitability of commercial plants are given in
the following parameters:

— Values of the different rate of inflation between coal and product. A difference of more than 2% (for
instance 4%/a for coal and more than 6% for product) can make the hydrogenation technology using
expensive German coal economic.

— Location and hence the coal quality, coal costs, infrastructure, product spectrum, etc.
— Plant availability.
— Investment costs.

Only the last two points can be influenced by technical development, and itis exactly this effect which the German R&D
program hopes to achieve.

FINAL COMMENT

The development of coal upgrading technologies was taken up again in Germany mainly out of fear that supply
bottlenecks could arise with mineral oil and gas. In the period up to today this has never been the case. However, we
have only a period of about 10 years out of a total of the 25-30 year development period behind us. It was not, and is still
not, to be expected that the new coal-liquefaction technologies will offer help quickly in short-term supply crises
caused politically. With regard to energy and supply policy in the Federal Republic, this motto is still valid: We will not
be able to dispense with our coal for energy supply for along time. Hence itis reasonable to continue {0 strive towards
the objectives, formulated under the influence of the energy crisis, regarding the upgrading of coal.
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Coal technologies developed and still to be developed could be applicable earlier for other countries than is the case
for Germany. Advanced coal technologies such as hydrogenation can compete against oil imports, which are always
becoming scarcer and more expensive, in particular in countries where coal can be mined cheaply. Whether German
industry can succeed in such markets depends essentially on whether the high status of technology obtained can be
maintained. '
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FIGURES

Start of Plant Feed ma- Pressure (bar) Product
operation location terial Liquid Phase Gas phase Capacity t/a
1927 Leuna lignite., tar 200 200 650,000
1936 Rdhlen lignite tar 300 300 250,000
1936 Magdeburg lignite tar 300 300 220,000
1936 Scholven hard coal 300 300 280,000
1937 Welhelm pitch 700 700 130,000
1939 Gelsenberg hard coal 700 300 400,000
1939 Zeltz lignite tar 300 300 280,000
1940 Lutzkendorf tar, oll 500 500 50,000
1940 politz hard coal, oil 700 300 700,000
1941 Wesseling lignite 700 300 250,000
1942 Brux lignite tar 300 300 600,000
1943 Blechhammer hard coal., tar 700 300 420,000
4,230,000

Fig. 1 - German hydrogenation plants 1943/44

Plant location
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(t/a)

75,000
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Fig. 2 — German Fischer-Tropsch Plants 1943/44




Fischer-Tropsch- Synthesis ~ CO +2Hy=tCHs) + 2H,0
to Hydrocarbons
-CHy)q
LPG
LD/MD/VGOIC,- C3pl
Waxes
Modified Synthesis 200 +3H;~(CH=CH), +2H,0
to Olefins
(CH=CHY),
Ethylene
Propylene
Buthylene
Higher Olefins [ Cq- Cyy)
Fig. 3 — Fischer-Tropsch synthesis
0A 0
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2t FUEL GAS
3t LPG
100 t METHANOL ——
39t GASOLINE
56t WATER

Fig. 4 — Coal liquefaction via MTG process
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Fig. 5 - MTG - fixed-bed process
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Fig. 6 - MTG - fluidized-bed process (external catalyst cooler)
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Reactor pressure
Reactor temperature

Weight hourly space velocity
(kg MeOH/kg catalyst - h)

MeOH feed

Conversion rate

Max. Gasoline yield
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Catalyst losses

Gasoline quality

RON/MON (clear)

RON/MON (0.15 TEL/D)

2.7

380

0.5

- 4.5 bar
- HBO. °C
- 1,5 nl
D162 Revm
> 99,99 %
90,00 %
> 95,00 %
very low
BTNCs tandard
95,2/85,4
98.6/88.7

Fig. 7 — Fluidized-bed MTG pilot plant — test results
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! Process 1G-neu Input coal Prospe~

!

! Coal Capacity 200 t (waf)/d ash (wf) 5.9 % wt.
construction 1979 - 1981 volatite matter (waf) 36.8 % wi.
Operation 1981 -(1986)

Yield (waf)

Coal Feed Westerholt, Prosper (Ruhr)

[111nots (USA) gases 25.0 % wt.
Pressure 200 bar naphtha «-200°C! 15.0 % wt.
Temperature 475-490°C midgie dist. 5.0 % Wi,
Catalyst Bayer - Masse o1l In residues 7.0 % wt.
Spec. coal tnroughp. 0.4-0.5 t(waf)/m* h
Operation time* 16,000 h
Operation time with coal* 12,300 n
Longest run* 3,100 h
*Sept. 1984

Fig. 9 - Design data and results of the 200 t/d pilot plant or coal hydrogenation at Bottrop (Ruhr)

Process [G-neu Input coal Ensdorf
Coal Capacity 6 t (waf)/d ash (wf) 6.2 % wWt.
construction 1979 - 1981 volatile matter (waf) 37.2 % wt.
Operation 1981 -(1986)
i Yield (waf)

Coal Feed Ensdorf (Saar)

gases 15.9 % wt.
Pressure 300 bar

naphtha (-200°C) 12.8 % wt.
Temperature 460-483°C

middle dist. (-325°C) 27.7 % wt.
Catalyst Bayer - Masse

heavy dist. 16.5 % wt.
Spec. coal throughp. 0.4-0.7 t(waf)/m*h

oil in residues >5.0 % wt.
Operation time* 7,200 h
*Jan. 1984

Fig. 10 - Design data and results of the 6 t/d pilot plant for coal hydrogenation at Furstenhausen (Saar)
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Fig. 11 — Veba-Combi-cracking (VCC) — simplified flow scheme
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Fig. 12 — Production costs for MTG — gasoline




| 11 1 11 11 11 ]
1975 1980 1985 1990 1995 2000 2005
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Fig. 13 - Time schedule for hydrogenation of coal — earliest possible dates
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8cl

Industrial companies Process Capacity Feed Time frame
(coal or oil, t/d)
Imhausen (Coord.) Fischer-Tropsch Commercial size German coal 1978 - 1979
+ IG-neu
Imhausen (Coord.) Fischer-Tropsch Commercial size Australian 1979 - 1981
+ 1G-neu coal
Rulirkohle IG-neu 5.000 bit. coal 1980 - 1981
Veba 1G-neu 2.000 bit. coal/ 1980 - 1981
oil resid.
GfK/Saarberg 1G-neu 5.000 bit. coal 1980 - 1982
Rheinbraun IG-neu 4.000 lignite Pre-study 1983
(10-12%H,0)
Gul f/RAG/Mitsui SRC-11 6.000 bit. coal 1980 - 1981
Veba, Lurgi, KWU,Stein- vVCC 16.000 heavy oil 1979 - ....
mil ler/PdVSA + affiliates
Veba/Lurgi vCC 5.000 oil resid. 1982 - ...
2500/2500 o0il r./coal
Ruhrkohle/Veba IG-neu 2.500 bit. coal 1983 - ....
GfK/Saarberg 1G-neu 2500/2500 coal/oil r. 1983 - ..
Imhausen (Coord.) 1G-neu 18.000 bit. coal 1983 - 1984

Fig. 14 - Studies for demonstration and commercial projects for hydrogenation of coal and oil (only studies with
governmental support)
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COAL HYDROGEN EFFECTS ON PYROLYSIS AND LIQUEFACTION CONVERSION

Curtis L. Knudson
University of North Dakota Energy Research Center
Grand Forks, ND 58201

M.P. duPlessis
Alberta Research Council
Edmonton, Alberta T6G 2C2

ABSTRACT

The pyrolysis and liquefaction yields of six coals from Alberta, Canada, have been found to be sensitive to variations in
their corrected H/C ratio. The carbon and hydrogen content of the coal is corrected for carbon that evolves as carbon
dioxide and hydrogen that evolves as excess water, as observed from Fischer-Shrader assay. The corrected H/C ratio
is assumed proportional to the amount of hydrogen available from the coal to produce stable products. This ratio
correlates with the yield of tars plus light oils observed during pyrolysis when no excess hydrogen is available. During
coal liquefaction, atomic hydrogen can also be provided by hydrogen gas, the carbon monoxide shift reaction, and/or
solvent. An evaluation relating this available hydrogen (Ha) to coal products is presented and demonstrated to
correlate with observed pyrolysis and batch autoclave conversions. Conditions include pyrolysis (Ha = 0) and
reactions with solvent and carbon monoxide at 400°C (Ha = 0.45); solvent, hydrogen gas, and iron oxide catalyst at
430°C (Ha = 0.45); solvent, carbon monoxide, and potassium carbonate catalyst at 400°C (Ha = 0.80); and solvent,
hydrogen, and potassium molybdate catalyst at 400°C (Ha = 1.10).

The reaction model is based on the disproportionation of hydrogen in particulate coal into products and residue.
Hydrogen available from sources other than coal (Ha) results in less hydrogen being required from residue and,
therefore, higher Ha values result in higher conversions.

The correlation enables the determination of potential conversion and liquid plus gases yield from coal elemental and
assay data. Since varying the hydrogen availability (Ha) affects conversion, the required operating conditions to give a
desired conversion level can also be determined. Coals with low corrected H/C ratios responded dramatically to
increases in Ha. However, they reached lower conversions than coals with a high corrected H/C ratio.
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PRESENTATION 9

LES EFFETS DE L’'HYDROGENE DU CHARBON SUR LA CONVERSION
PAR PYROLYSE ET PAR LIQUEFACTION

Curtis L. Knudson
Centre de recherche sur I'énergie de I'Université du Dakota Nord,
Grand Forks, ND 58201

M.P. duPlessis
Conseil de recherche de I'Alberta
Edmonton (Alberta) T6G 2C2

RESUME

On a constaté que les rendements de la pyrolyse et de la liquéfaction de six charbons albertains (Canada) sont
sensibles a 'évolution du rapport H/C redressé. La teneur en carbone et en hydrogéne du charbon est redressée dans
le cas du carbone qui devient de I'anhydride carbonique, et de I'hydrogéne qui devient de 'eau excédentaire, comme
on I'a constaté lors de I'essai Fischer-Shrader. On suppose que le rapport H/C redressé correspond a la quantité
d’hydrogéne disponible dans le charbon pour produire des produits stables. Ce rapport corresponde au rendement
des goudrons complété par les pétroles Iégers, observé lors de {a pyrolyse, en I'absence d’hydrogéne excédentaire.
Lors de la liquéfaction du charbon, de I’hydrogéne atomique peut également étre fourni par le gaz d’hydrogéne, parla
réaction au déplacement de I'oxyde de carbone et/ou par le solvant. Une évaluation établissant un rapport entre cet
hydrogéne disponible (Ha) et les produits du charbon est présentée et on démontre que celle-ci correspond a
I'observation de la pyrolyse et de la conversion en autoclave. Les conditions comprennent la pyrolyse (Ha = 0) ainsi
que les réactions avec solvant et 'oxyde de carbonne a 400°C (Ha = 0,45); avec solvant, gaz d’hydrogéne et
catalyseur d’oxyde de fer 2430°C (Ha = 0,45); solvant, oxyde de carbone, et catalyseur de carbonate de potassium a
400°C (Ha = 0,80); et solvant, hydrogéne, et catalyseur de molybdate de potassium a 400°C (Ha = 1,10).

Le modéle de reaction est basé sur une modification de la proportion entre I'nydrogéne du charbon particulaire et les
produits et résidus. L’hydrogéne ajouté réduit la quantité d’hydrogéne requise a partir des résidus et les valeurs Ha
supérieures donnent donc des niveaux de conversion plus élevés.

La corrélation permet de déterminer le potentiel de conversion et le rendement liquides et gaz, a partir des données
concernant le charbon, les éléments du charbon et les essais. Comme la variation de la disponibilité d’hydrogéne (Ha)
affecte la conversion, les conditions d’exploitation permettant de réaliser un niveau de conversion souhaité peuvent
également étre déterminées. Les charbons ayant de faibles rapports H/C redressés ont réagi de fagon draconienne
aux relévements de Ha. Toutefois, dansles conditions produisant une valeur Ha élevée, ils ont donné des conversions
inférieures a celles des charbons ayant un rapport O/C redressé élevé.
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COAL HYDROGEN EFFECTS ON PYROLYSIS AND LIQUEFACTION CONVERSION

INTRODUCTION

The ultimate aim of coal liquefaction is to produce environmentally clean liquids, preferably distillate, from coal while
consuming the least amount of expensive hydrogen. However, there are no simple means of predicting conversion and
yields from analysis data. Also, the mechanism and models that have been proposed by which coal goes to
asphaltenes, to oils, etc. are complex and treat the coal liquefaction reaction as if no solvent or reducing gases were
present. In the following sections, a coal disproportionation reaction model, which includes a parameter for hydrogen
added due to processing conditions, is presented and compared to conversion data of six Alberta coals reacted at five
different liquefaction conditions.

Conversion of subbituminous and bituminous coals to tar and light oils during low-temperature distillation at 500°C has
been found to be related to the hydrogen-to-carbon ratio (1) and the hydrogen content (2) of the original coals. In both
studies, coal rank influenced the correlations. The Alberta coals in this paper are uniquely different from the U.S. and
Canadian coals (mostly from eastern Canada) of these previous studies.

EXPERIMENTAL

Extensive tests have been performed on six Alberta, Canada, coals in one-litre batch autoclaves by the Coal Research
Department of the Alberta Research Council (3). The batch autoclaves were charged cold, heated to temperature, held
at temperature for the desired time, cooled, and discharged. Conversion was determined by Soxhlet extraction. Five
series of conditions, where coal was the only variable for each series, were selected for evaluation (Table 1).

Elemental and Fischer-Shrader Assay analysis data (4) were also provided by the Coal Research Department
analysis group (Table 2). All data on these tables are on awt % maf coal basis. The corrected or effective carbon (c-C)
and hydrogen (c-H), and molar H/C ratio (Hc) for each coal were calculated by subtracting the hydrogen and carbon
lost as water and carbon dioxide during low-temperature pyrolysis. The amount of chemically bound water and carbon
dioxide was determined by the assay analysis. The loss of carbon dioxide reduces the amount of original coal carbon
that could be found in organic products, while the water reduces the amount of coal hydrogen that is available to reduce
coking. The oxygen lost by pyrolysis accounts for 68% to 81% of the original maf coal oxygen. The molar H/C ratio (Hr)
of the char was calculated from the char elemental analysis. The empirical formula which relates the H/C ratio to
heteroatom content was determined for the char. The oxygen content of the char was reduced to a level no greater than
the original coal oxygen minus the oxygen in the carbon dioxide and water lost during coal pyrolysis. The resulting char
elemental data were then normalized. This introduces a small error, since the assay products other than char, water,
and carbon dioxide, contain oxygen. As will be observed later, the important values are H/C ratios and the coal carbon
content. However, formula weights are required to adjust yields for heteroatom content. For these coals the averages
were 13.5 gm/formula and 0.41 for residue FWr and H/C, respectively. The H/C ratio of the assay organic products
(0-H/C) was estimated by difference using the corrected coal and char data, that s, corrected coal carbon or hydrogen
values minus the char carbon or hydrogen values.

RESULTS AND DISCUSSION

Coal conversion

Conversion has been found to be dependent on processing conditions, reaction temperatures, and residence times. In
rapid heat-up experiments (5), conversion has been observed to be very rapid, resulting in the initial depletion of
solubilized reactant gases (CO relative to H,) and hydrogen donor solvent components in the initial 10 minutes. This is
followed by the stabilizing of the solubilized gas composition and rehydrogenation of solvent hydrogen donors (6).
Therefore, liquefaction will be considered to be a two-step reaction: 1) decomposition of particulate coal in the
presence of hydrogen donors at specific conditions to yield solubles and gases; and 2) the reaction of primarily solvent
but also coal products. This makes only the initial reactants important for the first step. This is similar to a previous
study which correlated coal conversion at constant conditions with the initial coal parameters (7) and mechanism
studies (8, 9). However, in this paper, coal elemental and pyrolysis data will be used and a parameter will be included
that is dependent on processing conditions.

The pyrolysis or liquefaction of coal is assumed to consist of three primary reactions:

1. Decomposition: Coal - 2R. + H,0 + CO,
2. Hydrogenation to solubles: R +H — RH + R.
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3. Polymerization to residues: R. + R. — R-R

Overall Coal — Residue + products + inert gases

Reaction 1 occurs at low temperatures (it is kinetically rapid at about 360°C) and results in the production of
considerable amounts of water and carbon dioxide. The Alberta coals discussed in this paper lose 15 to 19 wt % of
their mass as water plus carbon dioxide. Smaller amounts of CO and other gases are produced. At higher tem-
peratures, carbon-carbon bonds can break, depending on their bond strengths (10). Reaction 1 is the driving force,
causing coal to form reactive intermediates. The reactive intermediates, if not stabilized, result in char or residue
formation.

The hydrogen released as highly stable water is not available to stabilize radicals and therefore reduces the effective
hydrogen content of the original coal. The carbon released as carbon dioxide reduces the amount of carbon that can
be bonded to hydrogen as hydrocarbons. The net effect on pyrolysis or distillation yields is to decrease the maximum
obtainable yield of hydrocarbons to 81-85 wt % (plus consumed hydrogen) for Alberta coals. However, the maximum
amount of oxygen in the hydrocarbon products is reduced to 19-31% of the original coal oxygen.

The availability of hydrogen determines the extent of Reaction 2. The only source of hydrogen would be the coal itself
during pyrolysis. During the initial stages of liquefaction, the unsolubilized, solid coal would also be the primary source
of hydrogen (10,11). As fragmentation of the coal occurs, solvent hydrogen, hydrogen gas, and CO-water could also act
as a source of hydrogen. This decreases polymerization (reaction 3) and also increases the amount of hydrogenin the
remaining unconverted coal, since less is abstracted. The products (fragments stabilized by hydrogenation) during
liquefaction include solubles, tars, fight oils, and organic gases. Reaction 3 is the default reaction by which the reactive
intermediates polymerize into large molecules (char, residue, or insoluble organic matter) if no excess hydrogen is
available from coal or other sources.

Hydrogen Content of Products

The hydrogen content of coal products is related to the product fraction to which it belongs. Solubie but non-distillable
preasphaltenes, asphaitenes, and oils have been defined by their hydrogen and oxygen contentinto solubility regions
(12). Essentially all of this material has an atomic H/C ratio above 0.63, which equates to 4.5-5 wt % hydrogen at
oxygen contents of 10-0 wt %, respectively. An H/C value of 0.63, therefore, represents a minimum value for a material
to be soluble.

insoluble organic matter (IOM or residue) has characteristic hydrogen contents of less than 5 wt % (9). The hydrogen
content of the pyrolysis char obtained from the Alberta coals in this paper is only 3.8 wt % (the average H/C ratio is
0.41). in the correlation of tar yields with the H/C ratio of 12 Canadian coals (1), the intercept H/C value of under 0.5 at
zero per cent tar yield represents a minimum char H/C ratio. in the correlation of the hydrogen content of over 70 U.S.
coals with tar yields, intercept values of under 4.4 wt % hydrogen (depending on coal rank) were obtained.

The hydrogen contents of tars produced during pyrolysis are typically over 8 wt %, with an average H/C ratio of 1.3 (1)
and, if molecular weight differences are considered, are unique fromthe hydrogen content of the non-distillable soluble
fractions produced during liquefaction (12). The calculated H/C ratio for tars plus organic gases for the Alberta coals
ranges from 1.2 to 2.0 (see Table 1).

In order to relate pyrolysis yields of organic products (tar, light oils, and organic C1-C6 gases) to liquefaction yields of
organic products (total solubles plus organic gases), an average product H/C ratio (Hp) can be used. At low and high
conversions, nearly constant values are obtained, as seen in Figure 1. The initial conversion of 19 wt % is due to the
evolution of water and carbon dioxide as determined by pyrolysis. For this example, pyrolysis organic products with an
average H/C ratio of 1.67 at a yield of 5 wt % of maf coal are assumed to be produced during liquefaction. The
subsequent production of solubles during liquefaction with an H/C ratio of 0.63 (minimum hydrogen consumption)
greatly decreases the Hp value from 1.67 to 0.77 as conversion increases to 50%. However, at typical liquefaction
conditions, conversions of 50 to 95 wt % are observed, and the value of Hp remains relatively constant (decreasing
from 0.77 to 0.70). This example of the relationship of the average product H/C ratio to conversion illustrates that, to
cover the entire range of conversions, a changing value for Hp must be used. However, at low or high conversion, an
average value may be assumed.

Reaction Model

When coal is reacted to form products, the carbon and hydrogen contents of the coal must be equal to that of the coal
products minus the hydrogen added by donors other than coal. The following equation, balancing hydrogen and
carbon in the overall reaction, becomes valid:
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Tc*He = Pc*Hp + (Te-Pc)*(Hr-Ha) Eqg1

where for carbon:

Tc = moles of coal carbon per 100 gms of maf coal corrected for carbon lost as CO,
Pc = the total moies of carbon in the other products
Tc-Pc = the moles of carbon in the residue;

and for hydrogen:

Hc = the effective molar H/C ratio of the coal (corrected for water hydrogen and CO,, carbon)
Hp = the molar H/C ratio of the other products (solubles, liquids, organic gases, etc.)
Hr = the molar H/C ratio of the residue

Ha = the amount of hydrogen provided by the solvent and/or gases which reduces the need
for coal hydrogen expressed as hydrogen per residue carbon atom.

The location of the Ha value in Equation 1is significant. The Ha value expresses the amount of hydrogen available from
solvent and reducing gases to stabilize radicals formed while coal solubilizes. According to Equation 2, coal radicals
require hydrogen to become soluble, and solubilization must occur initially at the surface of the coal particle.
Abstraction of hydrogen from other than residual coal particles decreases the abstraction of hydrogen from these
particles. Therefore, the value Ha has been defined as the hydrogen content of the surroundings that is available,
divided by the molar carbon content of the residue.

Conversion is equal to 100 minus residue, and the residue is related to its carbon content by its formula weight (where
the moles of carbon are equal to one), as seen in Equation 2.

Conversion = 100 — (FWr)(Tc-Pc) Eq2
FWr = the average formula weight of the residue, where the carbon is set equal to one:
CiH41067NoSo = 135

Solving Equation 1 for the moles of carbon in organic products (Pc), insertion into Equation 2 and rearrangement to a
Y = mX + b form resuits in Equation 3.

Intercept Slope
Conversion o '
%maf coal =100 — (FWr) Tc [1 +__HrHa ] + [ (FWnTc ] He Eq 3
Hp-(Hr-Ha) Hp-(Hr-Ha)

Equation 4 relates the total organic products (net liquid plus organic gases) to conversion minus pyrolysis-produced
water and carbon dioxide.

Products = Conversion — (assay wt % CO, + H,0) Eq 4

Equation 3 has been restated to enable the plotting of conversion versus the effective coal H/C ratio (Hc). Both the
slope and intercept are dependent on the H/C ratios of the residue and products as well as the hydrogen available from
non-coal sources and the formula weight of the residue. However, at constant reaction conditions, where only the coal
is varied, the slope and intercept are assumed constant.

Applying Equations 3 and 4 to assay pyrolysis yields resulted in a reasonable correlation of tar yields with the effective
hydrogen-to-carbon ratio of the coal, as seen in Figure 2. The average product H/C ratio used was 1.45 (essentially the
average for the Alberta coals; see Table 2). As noted in an earlier correlation for U.S. coals (2), correlations to tar yields
are highly sensitive to the coal hydrogen content. In Figure 2, it can also be seen that for Vesta coal (V), the high
product H/C ratio decreases the observed tar yield.

Use of the principles in the model presented, which includes factors for correcting the coal hydrogen and carbon
content and a maximum vyield due to loss of mass as water and carbon dioxide, improves the overall correlation
previously reported (1) for Canadian coals. If the coal hydrogen content is corrected for hydrogen lost in water and
divided by the fixed carbon plus 0.2 times the volatile matter (the denominator corrects for heteroatom content), the tar
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yields from semi-anthracite to lignites correlate. However, the Alberta coals are unique in that they produce much more
tar at lower coal hydrogen values than the eastern Canadian coals. The difference may be related to the low hydrogen
content of the char obtained from Alberta coals relative to other coals. However, this has not yet been tested.

The prediction of pyrolysis tar yields using data obtained by pyrolysis is not very useful. However, the main reason for
discussing this correlation is to validate the reaction model and Equations 3 and 4. Also, the principles involved can be
used to correlate data from coals of different rank. The ability to estimate liquefaction conversion and how conversion
is related to operating conditions does represent a step forward.

Plotting liquefaction conversion versus the corrected coal H/C value at constant conditions for these coals with similar
chemical, water and carbon dioxide contents, resulted in plots such as Figure 2 at the top. The various coals were
reacted at 400°C with carbon monoxide, water, and 2.6 gms of potassium carbonate in anthracene oil solvent. The
theoretical conversion line was calculated using Equation 3, where FWr = 13.5andHr = 0.41. The average product
H/C ratio was set at 0.70. The available hydrogen value (Ha) was varied until a best fit was obtained. It was also verified
that the sum of the observed residue, calculated product yield, carbon dioxide, and water approximated 100%. As
observed in the plot, the experimentally determined conversions are within error of tests. The calculated product yield
(Egq 4) can be compared to the observed yield of liquids plus gases (Fig. 2). The experimental data points are
approximated by the calculated values. Reactions in anthracene oil at 400°C produce few organic gases, and therefore
the product yield does not include the C,-C4 gases. The other data were evaluated for each condition in a similar
manner and resulted in similar correlations with conversion. The Ha values determined for the other conditions are
presented in Table 3.

A comprehensive diagram of the effects of the corrected coal H/C ratio on conversion and the amount of hydrogen
added is depicted in Figure 3. In pyrolysis tests where the Ha = 0, the conversion and yields were very dependent on
the average product H/C ratio, while in liquefaction the Ha value is more important. The model also predicts that if only
a small amount of additional hydrogen is available (Ha = 0.1), conversion is greatly increased. The influence of small
amounts of hydrogen on conversion has been reported for one coal (11). Coals with low H/C ratios are influenced the
most.

For liguefaction, coal conversion was dependent on the ability of solvent, reducing gases, and catalysts to make
hydrogen available. Different operating conditions produced the Ha lines at 0.3 to 1.1 for the six coals, resulting in the
ranking shown in Table 3.

The emulsified KMo catalyst was effective in making hydrogen available to the decomposing coal, while the Fe,O4
catalyst at 470°C resulted in the lowest hydrogen availability. Potassium carbonate catalyst was almost twice as
effective as the solvent and reducing gas alone. By using the coal reaction model (Eq 3) and using average values for
the Alberta coals, the effective coal hydrogen content can be related to conversion and the amount of hydrogen
available (Ha) at different operating conditions (see Fig. 3 and 4). In Figure 3, the average product H/C ratio (Hp) was
set at 0.7 and 1.45 or 2.00 to depict liquefaction and pyrolysis conversion data, respectively. As discussed earlier for
liquefaction, the value for Hp varies with conversion, and at conversions under 50% the error gets large. However, none
of the operating conditions evaluated resulted in Ha values less than 0.35 (except pyrolysis). Figure 4 was plotted using
calculated Hp values to illustrate the availability of hydrogen at different operating conditions and its effect on
conversion. The model indicates that, for a low-hydrogen Alberta coal, other techniques may be required to increase
conversion over 84%. However, Alberta coals with H/C values of over 0.6 result in excellent conversions and are
relatively insensitive to operating conditions.

The model can also be used to better assess other types of processes presently being tested. Hydropyrolysis of coals
with an Hc of 0.6 should result in-relatively high conversions, as would short contact time liquefaction, with little
hydrogen consumed. Coals with low H/C ratios of about 0.5 would require conditions where excessively high amounts
of hydrogen were available to reach even 90% conversion levels. The Exxon Donor Solvent process is based on
increasing the Ha value by using an externally hydrogenated solvent. However, compared to high-rank coals, the lower
rank coals required more stringent conditions due to there being less effective hydrogen in these coals. Higher, more
consistent conversions have been obtained by stirring the reactants (coal, solvent, CO, and water) overnight prior to
reaction (13). The fact that small increases in Ha can have a large effect on conversion makes this observation more
understandable. If only small amounts of gas and solvent penetrated the coal particles, more hydrogen would be
available during the critical initial stages of coal decomposition.

The difference in reproducibility of liquefaction conversions for Alberta coals with low- and high-hydrogen contents is
also more understandable. For a low-hydrogen coal, minor differences between tests (different mixing rates, solvent or
gas penetration of the coal particle, and/or initial coal particle size), causing differences in the amount of hydrogen
available from the solvent and reducing gases, could cause large differences in the observed conversion. As noted
earlier and as predicted by the model, conversion data for low-hydrogen coal is much more difficult to reproduce than
conversion data for higher hydrogen coals. This relationship also indicates that for basic studies, a low-hydrogen coal
is an optimum choice, since it is much more sensitive to reaction conditions (see Fig. 3).
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CONCLUSION

The results indicate that coal pyrolysis and the initial stages of coal liquefaction can be modeled by a simple
decomposition reaction where the effective coal hydrogen is redistributed to produce residue, liquid, and gaseous
products. The maximum organic product yield from a given coal is derated by the amount of inert material (water and
carbon dioxide) that is obtained from low-temperature distillation. Increasing the availability of hydrogen from solvent
and gases by changing reaction conditions decreased the demand on residue hydrogen and therefore increased the
production of organic products. Hydrogenation and cracking reactions of solubilized coal products to produce a
greater yield of distillable products (Step 2) would be separate from the initial coal decomposition and could be
modeled separately.

ACKNOWLEDGEMENTS

The authors wish to acknowledge M. Selucky and M. Gawlak, who provided the data which was used in the preceding
correlations, and the technical staff of the Alberta Research Council, Coal Research Department.

This work was supported by the Alberta Research Council and the Alberta/Canada Energy Resources Research Fund
administered by the Alberta Ministry of Energy and Natural Resources.

REFERENCES

1. Furimsky, E., Vancea, L. and Belanger, R. "Effect of coal rank on structure of tars from low temperature pyrolysis
of Canadian coals”, Ind Eng Chem Prod Res Dev., 23, No. 1, 134; 1984.

2. Ode, W.H. and Selvig, W.A. "Low temperature yields of primary tar and light oil from coals of various ranks and
types"’, U.S. Dept. of Interior, Bureau of Mines Report of Investigations 3748, March 1944.

3. DuPlessis, M.P. “Liquefaction characteristics of Alberta subbituminous coals’, CIM Second Technical Confer-
ence on Western Canadian Coals, June 1982, Edmonton, Alberta, Canada. :

4. DuPlessis, M.P. "Alberta Research Council ENR-ARC Coal Conversion Research Program, Fourth Quarterly
Progress Report”, Jan.-March 1983.

5. Sondreal, E.A., Knudson, C.L., Schiller, JE. and May, T.H. “Development of the CO-stream process for
liquefaction of lignite and western subbituminous coals’, Proceedings of the 1977 Lignite Symposium, Grand
Forks, North Dakota; DOE GFETC/IC-77/1, pp. 129-158, 1978.

6. Grand Forks Energy Research Center, Quarterly Technical Progress Report, July-September 1977.

7. Yarzab, R.F, Given, PH., Spackman, W. and Davis, A. “Dependence of coal liquefaction behaviour and coal
characteristics. 4. Cluster analysis for characteristics of 104 coals’, Fuel, 59, 81, 1980.

8. Mohan, G. and Silla, H. “Kinetics of donor-solvent liquefaction of bituminous coals in nonisothermal experi-
ments’, Ind Eng Chem Process Des Dev., 20, pp. 349-358, 1981.

9. Kang, Doohee. “Elucidation of coal structural components by short residence-time extractive liquefaction”,
Ph.D. Thesis, University of Utah, 1979.

10. Vernon, L.W. “Free radical chemistry of coal liquefaction: Role of molecular hydrogen”, Fuel, 59, 102, 1980.

11, Curran, G.P,, Struck, R.T. and Gorin, E. "Mechanism of the hydrogen transfer process to coal and coal extract”,
ind Eng Chem Proc Des Dev., 6, No. 2, 166, 1967.

12. Baltisberger, R.J., Woolsey, N.F., Schwan, J.F., Bolton, G. and Knudson, C.L. "Solubility parameter relationships
between lignite-derived asphaltenes and preasphaltenes”, ACS, Div of Fuel Chemistry Preprints, 29, No. 5, p. 43,
1984.

13. Dillon, R. University of North Dakota Project Lignite Chemist, private communications.

151




TABLES

Table 1 — Coal study operating conditions*

Charge Reaction Total
# of Pressure—gas temp.—time water
tests (psi) (°C)  (min) (gm) Catalyst—gm
8 1000 CcO 400 30 34 None
15 1000 CoO 400 30 34 K,CO; 25
16 1500 H, 430 30 7-20 KMo** 2.6
15 1500 H, 430 45 4-16 Fe,O 1.5
13 1750 H, 470 0 4-15 Fe,O;, 1.5
* Coal charged = 50 gm maf; anthracene oil = 126 gm
Equipment: 1 litre, stirred autoclave
“* Potassium molybdate was dissolved in water and emulsified with the charge slurry
Table 2 — Coal elemental and analysis data
Coal type: Vesta Smoky Fox Judy
Tower Creek Creek Highvale Ardley
Coal abbreviation: VES SMT FCK JCK HVL ARD
Elemental, wt % maf coal: .
Carbon 74.44 75.09 75.63 75.11 75.40 75.68
Hydrogen 4.95 4.50 4.25 4.09 4.10 4.15
Nitrogen 1.50 1,72 1.90 .79 1.00 1.17
Oxygen 18.48 18.16 17.64 19.72 19.30 18.55
Sulphur 63 53 .58 .29 .20 45
Molar H/C .798 719 .674 .653 .653 .658
Corrected for pyrolysis
water and carbon dioxide:
Carbon 7210 73.44 73.93 72.96 72.85 73.88
Hydrogen 3.85 3.49 3.17 3.12 3.01 3.00
H/C 641 570 515 514 .496 .488
Fischer Assay analysis,
wt % maf coal:
Char 69.6 71.6 74.7 74.6 74.5 75.1
Char elemental,
wt % maf coal:
Carbon 62.00 61.70 66.36 64.75 67.37 66.62
Hydrogen 213 2.16 222 2.20 2.26 2.30
Nitrogen 1.48 1.54 1.03 .82 .93 1.07
Oxygen 3.44 5.68 4.49 6.27 3.81 4.60
Sulphur .37 34 .33 .30 12 27
H/C 413 .420 .402 401 .403 414
Formula weight 13.44 13.92 13.50 13.82 13.26 13.52
Total gas 14.2 12.6 12.2 13.6 14.4 12.2
Tar + Lt oils 5.2 7.1 5.3 5.1 3.0 3.2
Water 9.9 9.1 97 8.7 9.8 10.3
Carbon dioxide 8.58 6.03 6.22 7.86 9.32 6.59
% coal oxygen lost* 81.38 68.69 74,52 68.20 80.25 75.19
Non-residue H/C** 2.04 1.36 1.51 1.34 1.64 1.17

* Oxygen lost in carbon dioxide and water
** Represents the H/C ratio of the organic products; tar plus organic gases
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Table 3 — Changes in hydrogen available for coal
liquefaction at various conditions

Condition Temp. (°C) Ha
KMo + H, 400 1.10
K,CO,; + CO-H,0 400 0.80
Solvent + CO-H,O 400 0.45
Fe,0, + H, 430 0.45
Fe,05 + H, 470 0.30
Coal only 500 0.00
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Fig. 1 - Example of the change in the average product H/C ratio with conversion
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analysis. Hp equals the average product H/C ratio, while Ha represents the amount of hydrogen available to the
coal products from solvent or reducing gases.
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SESSION I
DISCUSSION

MODERATOR: M.P. duPLESSIS, ALBERTA RESEARCH COUNCIL

REEVE (CANMET): | have a couple of questions for Mr. Satake based on his very interesting paper. The first one, a
very quick question perhaps, but you mentioned the Nippon Brown Coal Company running the plantin Australia and
then the Nippon Coal Qil Company running the NEDOL plant. Is there any relation at all between these companies or
are they completely separate?

SATAKE (NEDO): Officially there is no relation, but some industrial companies have joined both groups.

REEVE (CANMET): Secondly, a question with respect to the Victoria plant. Brown coal in Australia, as far as | can
recall, is very high in moisture and low in ash. | believe less than 1%. Would it be possible not to include the de-ashing
unitin the circuit? In the diagram of the 50 tons per day unit, you showed in the second part of the diagram a de-ashing
unit. Because of the low ash content of the Victoria brown coal would it be possible to eliminate that, or minimize it?

SATAKE (NEDO): Minimize, the ash content is from 1-3%, it is very low.

REEVE (CANMET): | thoughtitwas even lower than that. And perhaps | could ask you a third question also. When you
were describing the NEDOL plant you talked about the continuous pilot plants leading up to the design of that plantand
you gave a wide range of pressures, from | think 9 up to about 20 MPa. Can you give us any closer feeling at what
pressure the NEDOL plant will operate?

SATAKE (NEDOQ): We plan to operate at about 150 atmospheres.

YAN (MOBIL): | have several very short questions. First of all, for Dr. Ogle. | was very interested in seeing that the first
objective of IEA was to do an evaluation of evolutionary improvements or something to that effect. 1 just wonder, why not
try to put some more emphasis on development of revolutionary process concepts, rather than re-evaluation of
evolutionary processes. | cannot help but be impressed that we have developed about the same process everywhere,
that is, they are all about the same. What we really need is new revolutionary concepts for liquefaction rather than
everybody doing pretty much the same thing. What's your comment? Maybe the IEA is a good place to start.

OGLE (OERD/EMR): Not having been involved in that particular exercise with the IEA | can only speculate. But letme
say this. | think that there are probably better opportunities for cooperation in the nearer term type processes with
regard to evolution as opposed to revolution. | hope we will hear more today or rather tomorrow about the more
revolutionary work that is going on. But i would suspect that because it is more revolutionary it is probably more difficult
to maintain a cooperative international effort. The time will perhaps come when that will be more possible.

YAN (MOBIL): Yes, | am not really actively participating in these kinds of things, but | do feel what we really need is a
new concept, new ideas. Everybody is working on something on the shelf, whichiis really not very fruitful in my opinion.
| have a second question for Dr. Neef about the new reactor design. | thought that was very interesting. | think thisis a
little more than evolutionary, with a L-to-D ratio of 10,000. May | ask what size of diameter that really turns out to be?

NEEF (KFA): The actual length of the tube is 250 metres.
YAN (MOBIL): Thank you, | can calculate the diameter. Is it a multiple pass tube?

NEEF (KFA): Yes, it's multiple pass, it is just going around. But you see I'm not able to reveal the design details here.
The only thing | can tell you is that you can have it in five parts. | hope they (Saltzgetter and Imhausen) will produce
good results over the next year. | would certainly not be the first to publish them because they should publish them first.

YAN (MOBIL): In that process, do you still use catalysts?
NEEF (KFA): Yes.

YAN (MOBIL): In a slurry form still?

NEEF (KFA): | think so, but I'm not quite sure. We use catalysts there, but since the test program has not been
evolved, it's very difficult to say.

YAN (MOBIL): | know you don't have the data yet, but have you heard any rumour about operability?
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NEEF (KFA): Well, | think the industrial companies who invented the process claim a high operability based on their
experience with high pressure polyethylene manufacturing. As | told you, we had better wait for another year.

YAN (MOBIL): That's all right. | want one last question to Dr. Knudson. | am impressed with your very nice curve of
hydrogen versus oxygen coordination. It is very much like a phase diagram. Could you tell me how this was
developed? | am always fascinated by phase diagrams like this.

KNUDSON (UNIV. OF NORTH DAKOTA): You get a lot of data, and you put it into a computer, and the computer
starts working on it and you look at some of the garbage a computer can put out, and you get maybe 50-60 graphs. All
of a sudden you look at it and some of it starts making sense. We actually started outin a very difficult manner. It's work
between Dr. Boltisburger, University of North Dakota and Dr. Wholsy and myself. They did a lot of analysis and gave us
back a lot of data, and [ started putting process conditions on it. But as | was doing that, all of a sudden, things started
falling together. We did hydrogen to carbon and OH phenolic content first. Well, you can't find as much data in the
literature. Actually, the correlation gets better as you go from the fancy NMR data (and | hope there are not too many
NMR people here) back to simple hydrogen content. it does not get any worse if you use OH or oxygen content on the
bottom scale. That line is a very definite line. On each side of that line you will have asphaltenes and pre-asphaltenes. |
think we have about 250 points that consist of 77 on one side of the line and 77 on the other, as well as half a dozen up
there from Boltisberger’s work and from literature data. We have added a couple of more sets of data too. Furimsky's
work does plot. There is a high molecular weight asphaltene region above the oil region, so there is a molecular weight
factor in there. But if you’re only looking at coal liquefaction and not at petroleum products, you're safe.

MIKHLIN (SNC): | would like to question, if | may, Dr. Ogle. You mentioned that there was a kind of consortium which
was approved by the provincial government in connection with coal liquefaction. Could it be made a little more clear, if
possible? Or, perhaps it is too early to say.

MODERATOR (ALBERTA RESEARCH COUNCIL): Can you repeat the question, | didn’t quite get that? Maybe you
heard it lan and can repeat the question?

OGLE (OERD/EMR): | think what Dr. Mikhlin is asking about is a reference | made to continuation of discussions
between certain Canadian parties and certain West German parties outside of the S&T umbrella which have resulted
in a specific proposal that has now received approval. | can answer one part of that quite comfortably. | believe that Dr.
Fritz Boehm is in the room. Perhaps he would also like to make some comments. The proposal that | was referring to
related to the Alberta/Canada Energy Resources Research Fund, which is a combined Canada/EMR/Alberta Energy
Natural Resources Fund. | do not have the details of the proposal with me and perhaps if Dr. Boehm is in the room, he
would like to comment.

MODERATOR (ALBERTA RESEARCH COUNCIL): Yes, could we ask Dr. Boehm to say a few words about this
project?

BOEHM (CANADIAN COAL LIQUEFACTION CORPORATION): The project you are referring to consists of two
parts. Part one is a feasibility study which we sublet to Kilborn Kellogg Rust roughly six weeks ago. The objective is
twofold. First of all, we want to know where we stand in dollars per barrel for a specific concept for coal liquefaction of
Alberta subbituminous coal. The second objective of the feasibility study is to determine where we really would aim this
coal-oil in the spectrum of conventional oil, syncrude from tar sands, and syncrude from heavy oils. So we want to
know where the optimum place is for coal-oil in Alberta and Canada. The second part of the project, which may be at
least for us, the more important part, is building a six ton per day pilot plant based on the experiences gained with the
Saarberg pilot plant and research work by the Alberta Research Council. So the concept basically, and | don't want to
go into too much detail here, consists of coprocessing using a two-stage direct liquefaction process with CO steam in
the first stage and hydrogen in the second stage. The front end, i.e., de-ashing will be done hopefully with the help of
coal agglomeration and at the other end will be a fluidized-bed combustion unit to take up the residue. | would like to
stress that the process was developed in many discussions with all parties concerned. We feel that we have a very
optimum process. It's an evolutionary process, not a revolutionary process, but | think we have a very good one here.
We are convinced that our feasibility study will bring us into the range of competitiveness in the oil market. If | say that, |
refer certainly not to imported oil but to oil from the tar sands and from the frontiers Mr. Ogle showed us in his slide.
Maybe | should mention that the Canadian Coal Liquefaction Corporation is really working very closely with the Alberta
Research Council and the Alberta government. We will work very closely with the federal government and industry.
There are participants from industry involved, and several others have approached us and want to participate. | would
say the financing of both parts of the project.is basically in my opinion secured. So we hope that in two years we will
have a pilot plant operating in Alberta. Thank you.

KELLY (CANMET): Dr. Neef, you mentioned earlier, if | understood correctly, that Rheinbraun would be starting an
R&D program on coprocessing, specifically with lignite. In view of Dr. Boehm'’s statement, how does that fit in with, for
example, Saarberg’s potential involvement with the Canadian Coal Liquefaction Corporation?
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NEEF (KFA): | think they are two sides of a coin. These companies operate independently and what we try as
coordinators of research is to avoid them doing the same thing in two places.

KELLY (CANMET): Could you tell us a little about the Rheinbraun project?

NEEF (KFA): I'm terribly sorry, but that has not been approved as a project, it's a project proposal and it is too early to
reveal details. But, as | have learned from discussions with Rheinbraun, they did some work on heavy residual
upgrading without governmental money. As you perhaps know, they have more or less stopped their work on coal
liquefaction, at least that supported with governmental money. But inside the company obviously some of the research
work did go on. The test plants were still in a condition that they could be operated. So hopefully they will start by next
year again with some activities which would go directly into the area of coprocessing of lignite and mineral oil-based
residuals.

BOEHM (CANADIAN COAL LIQUEFACTION CORPORATION): A very short comment as to why we ended up with
Saarbergwerke as our partner. By the way, Saarberg will be up to a 25% partner in the Canadian Coal Liquefaction
Corporation. The reason is that we feel there is enough coprocessing experience here in Canada so that part of the
exercise we can very well supply ourselves. The reason we went to Saarberg boils down to that we wanted to have an
experienced operator of a pilot plant of a similar size as we envisage building here. The pilot plant itself certainly again
is a compromise. We feel that 6 tons per day is a good size for scale up and gives us enough flexibility to really test the
number of modifications we have in mind.

SCOTT (UNIV. OF WATERLOO): Dr. Knudson, your correlations that you're developing relating the available
hydrogen to liquid yields and so on are very interesting. | think they hold promise of being very useful. | wanted to ask
you, you have used Furimsky’s work in developing your phase diagrams or whatever you want to call them. Some of
your own work, | know, appears to be based on relatively slow pyrolysis. This is with respect to the pyrolysis results. The
Alberta Research Council has, | think, done some fast pyrolysis but there are also a lot of results available from the
Australian work, German Rhurgas work, and so on, on quite fast pyrolysis processes. Have you used this work in
developing these correlations as well?

KNUDSON (UNIV. OF NORTH DAKOTA): As of now, | have not. | have recognized the existence of it, but as of now
the one Bureau of Mines paper which is a very old one, and actually was published way back in 1944, had
approximately 77 analyses in it. That was all Fischer Assay type slow pyrolysis. | have been interested in trying to look
at hydropyrolysis and see how it relates to that. If it does show up in that very low hydrogen consumption region, we
have a low hydrogen availability, but get a very dramatic increase in yields. There is a paper by Curran on liquefaction
which tends to indicate that when you have an aromatic solvent you put in just a small amount of tetralin and you get a
dramatic increase in liquefaction yields. So that is present in liquefaction. But it actually says for some of these coals,
for instance the Vesta and Smoky Tower, that they should act very good in flash pyrolysis too. They need very little
available hydrogen to produce much larger yields of products.

I have not done that yet but I'm going to try it. | am in liquefaction and | get in trouble sometimes because some people
say it's coal science.

SCOTT (UNIV. OF WATERLOO): Well, it may be that this kind of approach will explain why some of the lower rank
coals give so much higher tar yields than we see from Fischer Assay.

duPLESSIS (ALBERTA RESEARCH COUNCIL): | have a short question for Mr. Satake. | was very interested to hear
about his process simulator or the attempt to develop a process simulator. | wonder if he could comment on the nature
of the simulator. Is it an empirical process type modelling simulator or is it based on some sort of concept of the
liquefaction chemistry?

SATAKE (NEDO): This simulator was developed for the evaluation of process flowsheets. So, it is somewhat a
conceptual one. We can calculate the flow rates or yields to some extent, but not completely.

duPLESSIS (ALBERTA RESEARCH COUNCIL): Isit based then on material balance data or performance data that
you have developed from experimental results?

SATAKE (NEDO): Yes, material balance data are contained in this process simulator.

OGLE (OERD/EMR): | have a question for Mr. Satake. You mentioned in your presentation that you have been doing
some ailoy development work in relation to the new 250 tons per day plant based on development of 3 chromium-
molybdenum steels as opposed to 2% chromium-molybdenum steels. | wonder, given the fact that most of the
problems with the 2V chromium-molybdenum steels in hydrocrackers have been based on disbonding problems plus
stress intensity problems where there is disbonding, if you could explain why you feel you have to go to a 3 chromium-
molybdenum?
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SATAKE (NEDO): | explained our supporting research programs, but the objective of this supporting research is all
for commercial-scale operation. In order for the process to be economical new alloys have to be developed according
to our ideas. In other words, of course we can apply 2/4 chromium alloy steel to this pilot plant but itis a little thicker than
the new alloy. At the commercial stage the total reactor weight is too heavy to be transported and equipped. So, as a
trial, we developed our new alloy.
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ABSTRACT

The yields of organic liquids obtained from short residence time pyrolysis in a bench-scale fluidized-bed reactor are
presented. The variations of the liquid yields with temperature, residence time, particle size and reaction atmosphere
were investigated. Maximum yields of liquids (16-20%) were obtained from high-volatile bituminous eastern Canadian
coals. Western Canadian low-volatile bituminous coal, subbituminous coal and lignite gave liquid yields of about
8-14%. An increased liquid yield resulted when lignite was first acid washed. Some conclusions can be reached from
this work concerning the use of fluid-bed technology for coal pyrolysis reactions.
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RESUME

Cette communication décrit les rendements de liquides organiques obtenus grace & une bréve pyrolyse dans un
réacteur a lit fluide, a'échelle du banc d'essai. La variation des rendements de liquides selon la température, la durée
du traitement, la grosseur des particules et I'atmosphére de réaction a été étudiée. Les rendements maximals de
liquides (16 & 20 %) ont été obtenus a partir de charbons bitumineux trés volatils de I'Est du Canada. Le lignite, le
charbon sub-bitumineux et le charbon bitumineux peu volatil de 'Ouest du Canada ont donné des rendements de
liquides d’environ 8 & 14 %. On a enregistré un rendement de liquides supérieur, lorsque le lignite était d’abord lavé a
I'acide et un rendement inférieur lorsqu’on a procédé & la préoxydation des charbons agglutinés. On peut tirer de ce
travail certaines conclusions concernant F'utilisation de la technologie du fit fluide et les réactions de la pyrolyse du
charbon.
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THE PYROLYSIS OF SOME CANADIAN COALS

INTRODUCTION

Work on coal pyrolysis was initiated at the University of Waterloo in 1979 using a small bench-scale fluidized-bed
apparatus patterned after that developed by CSIRO (Tyler, 1979). During the initial work carried out (Scott, 1980), a
somewhat larger scale reactor was developed than that used by Tyler — 15 gms/hr throughput rather than 1-3 gms/hr.
This larger scale was made possible by the development of a new entrained flow feeder that allowed feed rates of
5-100 gms/hr with a reproducibility of =5% (Scott and Piskorz, 1982). In this preliminary work, the methodology and
procedures were developed for the bench-scale, mini-fluidized-bed apparatus, and a series of pyrolysis tests were
done on Alberta Forestburg subbituminous coal which indicated that yields of liquids comparable to those obtained by
others could be realized.

In June 1981, a new program was initiated to evaluate the short residence time pyrolysis of coal at atmospheric
pressure with the primary objective of determining conditions for optimum yields of liquids from a subbituminous coal
(Scott, 1982). During this work, the bench-scale fluidized-bed method was improved so that better material balances
were obtained, and a small stainless steel reactor was developed in place of the earlier quartz version. In fact, three
coals were tested for pyrolysis behaviour, two Alberta subbituminous coals and a Nova Scotia bituminous coal, and
some preliminary results were reported previously (Scott et al., 1982). The previous study reported that yields of
10%-12% (max) of hydrocarbon liquids could be obtained from Alberta Forestburg or Highvale (Wabamun) coal at
optimum conditions of 650°C, one atmosphere absolute pressure in a nitrogen atmosphere and about 0.44 secs.
apparent gas residence time. Additional pyrolysis tests done on Devco coal (high-volatile bituminous caking coal)
indicated that oil yields of 17%-21% max could be obtained at temperatures from 650°-750°C and 0.5 sec. apparent
residence time. However, operating problems with the fluidized bed were also encountered due to the caking
behaviour of the coal.

Additional tests using the subbituminous coals showed that CO, atmosphere seemed to have little effect in increasing
liquid yields, contrary to literature reports. A hydrogen atmosphere reduced liquid yields and increased gas yields.

The major analytical problems were found to be in the accurate determination of water, and in obtaining good results for
the amounts of highly volatile hydrocarbon liquids produced. However, tar yields, when normalized, appeared to agree
well with those of other workers reported in the literature for coals having similar H/C ratios.

The primary objective of the work undertaken during this research program is to determine the pyrolysis conditions for
an atmospheric pressure fluidized-bed process which result in a maximum yield of liquid products. Initial studies
suggest that these optimum conditions will be different for different coals. Further, some coals are readily processed in
a fluidized-bed reactor, while others appear likely to cause operating problems if not handled correctly. In addition,
reports in the literature have suggested various pre-treatments for coal which may have the effect of increasing liquid
yields or minimizing operating problems. The objectives of the present work, therefore, were to screen a number of
Canadian coals of widely varying character in order to determine the optimum conditions for pyrolysis, and the effects
of some pre-treatments or alternative processing methods on liquid yields.

APPARATUS AND PROCEDURES

The pyrolysis tests were carried out in two sizes of reactor. The smaller of these was mentioned in the Introduction and
described in a previous report (Scott et al., 1982). A second similar but larger reactor was designed to have a cyclone
separator for char contained in the furnace enclosure aiso.

This larger fluid-bed reactor with a net volume 154.6 ml was used primarily for caking coals or to give longer residence
times. Because some agglomeration always occurred in the bed, and there was some caking on the walls with these
coals, the larger reactor dimensions usually allowed a run to be completed before these phenomena prevented
operation. The details of this larger reactor are shown in Figure 1. The injection tube in this reactor could be air- or
water-cooled if necessary to prevent plugging when caking coals were fed. Interchanging the large and small reactors
allowed a wider range of residence times to be used also. Within the experimental accuracy, the yields obtained in the
two reactors were the same as the same reaction conditions.

The analysis of volatile organic products continued to present a problem. If these compounds are condensed, then
they will be lost in the subsequent solvent washing and evaporation steps. An attempt was made in most of the runs to
measure BTX (benzene, toluene, xylene) fraction and C4-Cg4 hydrocarbons directly in a hot gas sample. However, by
the conclusion of this work, it was assumed on the basis of vapour pressure calculations that most of these volatiles
would not reach saturation pressure and therefore were contained entirely in the cool gas collected, so that hot gas
sampling was unnecessary. Where BTX or C4-Cg are not reported separately in later runs, they are included in the yield
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of the C, fraction, which was calculated from the areas of the chromatographic peaks of higher molecular weight
compounds than C, obtained in the GC analysis of the product gas employing an FID detector for high sensitivity.
However, minor yields of compounds of intermediate volatility may still be unaccounted for.

In general, product analysis was carried out as described previously (Scott et al., 1982) with some improvements. A
Karl Fischer titration was used to determine the water yield by analyzing the liquid condensate and all solvent washings
for H,O before evaporation, and correcting for a blank solvent determination. To this was added the water content of
the product gases to arrive at the final total water yield. This method yielded more consistent, and higher, values for
water in the products than other approaches.

in most of the results given here, tar was removed from the apparatus by washing with methylene chioride and then
with acetone. Inlater runs, a single mixed solvent of acetone/methylene chioride was used and, subsequently, a mixed
solvent of methanol/methylene chloride, inasmuch as the latter gives less interference in the Karl Fischer titration.

RESULTS AND DISCUSSION

Materials Used

In the results reported in this work, a total of eight coals were used as listed below. All samples were obtained from the
Energy Research Laboratories of CANMET, Bells Corners, Ontario. One lignite, three subbituminous, and four
bituminous caking coals were used. All but one of these coals were from western Canada.

Proximate analyses of the coals are given in Table 1. Ultimate analysis values are given in Table 2. The elemental and
proximate analyses were done by various sources, as noted. It was observed that both proximate and ultimate
analyses for the same coal from different sources often varied widely, but many of the discrepancies disappearedif the
analyses were compared on a moisture- and ash-free basis.

The coals used showed a wide variation in volatile matter. As pointed out by Furimsky (1981), however, a high volatile
matter value does not correlate with high liquid hydrocarbon yield for lignites or high-volatile subbituminous coals from
western Canada, at least, not on the basis of the Fischer or Gray-King assay. All the coals used were relatively low in
sulfur. A very large difference in oxygen content is apparent between the lower rank lignite and subbituminous coals
and the higher rank bituminous coals. All the coals used except for the Devco eastern Canadian coal had a substantial
ash content. Since ash content is thought to have some effect on promoting gasification reactions, this factor may be
classed as a less desirable feature if maximum production of liquids is a goal.

All coals were ground and screened to — 149 + 74 pum (— 100 + 200 mesh) and this was used as the standard feed size
unless otherwise noted, e.g., in tests to determine the effect of particle size. Most of the coals were used as received
except for the lignite which had to be air-dried to about 7.0% moisture before it could be fed at a constant rate from the
low-rate feeder.

Effect of Temperature

. Intheresults given in the following sections, the definitions of tar and gas are usually consistent. In most cases, the gas
yield quoted includes hydrocarbons to at least C,. The tar yield is normally the residue left from soivent evaporation
after filtering, and the BTX (benzene-toluene-xylene) fraction and the C, - Cy fraction are often reported separately. In
general, the tar amount reported includes volatile hydrocarbons where these are not given separately.

Saskatchewan (Estevan) Lignite

The tar and total volatiles yields given in Figure 2 for Lignite 3 show a maximum of about 10% maf at 650-700°C. Total
volatiles are of the order expected for this lignite. Figure 3 shows the char yields for Lignite 3 also, and indicate a
decrease in char obtained from 73% at 500°C to 59% at 750°C. This drop in char yield is accompanied by increases in
gas yield and tar yield. The char from lignite was very reactive, and care was required in handling to prevent
spontaneous combustion when fresh char was exposed to air, even at room temperature.

The yields of various gases are shown in Figure 4, and the hydrocarbon gas yields in Figure 5. A feature of lignite is the
large yield of CO, and, at higher temperatures, of CO as well. A considerable amount of pyrolytic water was also
formed. An estimate at 650°C indicates that about 61% of the original oxygen incorporated in the lignite is rejected as
CO,, CO or H,0 in pyrolysis.

Figures 6 and 7 give the results of elemental analyses for tars and chars from Lignite 3. The carbon content of the tars
increases slightly with temperature while the hydrogen content decreases steadily. As a consequence, the H/C molar
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ratio in the tar decreases steadily with temperature, as shownin Figure 8. [t would appear that better quality liquids are
produced at lower temperatures, and hence some optimum condition involving quality vs. yields might exist for the
liquid product. However, these liquids still contain a fair amount of oxygen (10-15%), and may therefore also contain
small amounts of dissolved water which would slightly overstate the hydrogen content associated with hydrocarbons.
Water content was not determined on these tars. However, it is believed that the water content, if any, would be small
after solvent evaporation, probably less than 5%. The trend shown in Figure 8 is therefore a valid one even though it
may contain some error.

The char shows an even stronger change in the H/C ratio as the temperature of pyrolysis increases, decreasing from a
value of 0.53 at 500°C to 0.30 at 750°C. The hydrogen which is lost from the char, as well as the much smaller amount
from the tar, appears as light hydrocarbon gases (see Fig. 5) or as BTX and C,-Cg fractions.

Forestburg Subbituminous Coal

A number of pyrolysis tests on Forestburg coal have been reported previously and only a limited number of additional
tests were done in the present work. Product yields are plotted in Figures 9 to 12 for temperatures from 500°-700°C.
Typical results from earlier work are included together with the results from the current study. Good agreement was
obtained with work done a year earlier by others in our laboratory using essentially the same apparatus, as shown by
the comparison of gas, tar and char yields in Figures 9 and 10, indicating a satisfactory degree of reproducibility in the
pyrolysis tests. Good reproducibility is also indicated by the fact that tests were never done sequentially as a variable
was changed, but were done in random order.

Tar yields of about 10.5% were obtained; very much the same as those from Lignite 3. Forestburg and the lignite coal
have very similar elemental compositions, and very similar proximate analyses on an maf basis, although one is
classed as a lower rank than the other. Indeed, there is a great similarity also in yields of other products from the two
coals, with the Forestburg coal giving slightly higher tar and gas yields and slightly lower char yields, but with very
similar trends. Again, high CO, and CO yields are obtained, and at the optimum temperature for liquid production of
650°C, some 80% of the oxygen in the coal has been rejected as CO,, CO and H,0. At higher temperatures, most of
the oxygen in the coal is removed in this way.

Some elemental analyses of products is given in Table 6. Asin the case of the Lignite 3 coal, the H/C ratio of both the tar
and the char decreases with temperature, with the lost hydrogen appearing as light hydrocarbon gases.

Highvale (Wabumun) Subbituminous Coal

Again, because a number of pyrolysis tests for this coal have been reported, a limited number of tests were carried out.
Results are shown plotted in Figures 13-16, together with some data from tests reported earlier (Scott et al., 1982).
Results from the two sets of runs, performed some months apart by three different operators, show an acceptable
degree of agreement.

Although the Highvale and Forestburg coal are quite similar in elemental composition, and both are classed as
subbituminous coals, the Forestburg coal gives a significantly higher volatile matter yield than does the Highvale coal
in a proximate analysis. Despite this fact, the Highvale coal gives a higher tar and BTX vyield than does the
Forestburg - about 11% liquid hydrocarbon vs 10%. Gas vyield is lower and char yield significantly higher from the
Highvale coal, although trends are very similar. As might be expected, the yields of all gas products are lower from the
Highvale coal, but only slightly lower for all gases except CO,, which is significantly lower. Apparently, the Forestburg
coal contains more carboxylic acid groups, and therefore yields more CO,.

Elemental analysis of the char and tars obtained at 650°C and 750°C shows the atomic H/C ratio to be about the same
as that for tars from the Forestburg coal at the same temperatures. The same is also true of the H/C ratios of the chars.
Again, these ratios show a significant decrease with temperature for both tars and chars.

Aninteresting comparison of tar yields is available because of work done at the Alberta Research Council on this coal,
and additional results reported by them (Du Plessis, 1982). This comparison is shown in summary form in Table 3. The
tar and light oil yield from any of the fast pyrolysis methods exceeds the yield in the Fischer or Gray-King assays by up
to about 100%. This large yield of liquids over that predicted in the standard assay is common for many lower rank
coals. ltis not a universal characteristic, however, and because of this it is difficult to use the Fischer assay as a means
of predicting the yield of pyrolytic liquid hydrocarbons.

Hat Creek Subbituminous Coal

Hat Creek coal was a very high-ash (46-48%), high-moisture content coal with a low-volatiles content. The results of
pyrolysis tests over the range of 500°-700°C are shown in Table 4 on a maf basis. The maximum yield of liquid
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hydrocarbons was obtained at 650°C as for other low rank coals, but it amounted to only 5.5% maf (about 2.1% of the
coal as fed). Gas yields were relatively high, significantly higher than the Lignite 3, Forestburg or Highvale coals, with
very large amounts of CO, being generated, while yields of other gases were more comparable to those from other
low-rank coals. It would appear that the Hat Creek coal is in some respects more similar to a lignite, although the Hat
Creek coal has a much higher oxygen content (32% vs 22%) and gives a much lower char yield (ash free) than does
the Saskatchewan lignite. Apparently, much of the oxygen is present as carboxylic acid groups which can be readily
split off, but which do not yield any significant liquids. Water vield is also high from this coal, but it could not be
quantitatively measured in these runs.

From elemental analysis, the H/C ratio of the tar appeared to show little change as pyrolysis temperature increased
and had a value of 1.2 to 1.3. On the other hand, the H/C ratio for the char showed a steady decrease as temperature
increased, with values very similar to those for other low-rank coals.

The very low yield of liquids and the very high ash content indicate that the Hat Creek coal is probably not a suitable
feed for a pyrolysis process. However, it may be possible that some pre-treatment, such as ash removal, or acid
washing, wouid increase tar yields.

Balmer Bituminous Coal

The Balmer coal is classed as a low-volatile bituminous caking coal with a low-oxygen content and a high-carbon
content. Pyrolysis of Balmer bituminous coal was studied for temperatures from 500°-700°C, using the larger reactor
which allowed more coal to be fed before reactor clogging was observed. Yields of major products are shownin Figure
17. The maximum tar yield occurred at 650°C and is quite clearly defined. A maximum in tar yield of 10.0 maf wt % was
found, with BTX and light hydrocarbons accounting for an additional 1.4 maf wt % of coal fed. The sharp increase in tar
yield in the 600° to 650°C range is accompanied by a sharp decline in char yield. '

Yields of individual gases for the Balmer runs are shown in Figure 18. No H, was detected below 550°C and no CO
below 600°C. The points on this graph may seem to be widely scattered but it should be noted that the entire vertical
scale represents only 2% of maf coal fed, so any error will be magnified.

The outstanding feature of the low-volatile bituminous coal is the low gas yields, of which at least 50% are hydrocarbon
gases, and the high char yields. The relatively larger (in terms of percentage of liquid product) amounts of BTX and
C,-Cg hydrocarbons is also of interest. The original coal contains little oxygen (about 4%), and at optimal conditions
about 50% of this is rejected as CO, CO, and H,0. The resuiting tars, therefore, should contain littie oxygen. Elemental
analysis of chars and tars shows that the H/C ratio for the tar is nearly constant at about 0.94 with temperature, in
contrast to tars produced from lower rank coals, which have H/C ratios decreasing with temperature.

Macintyre Bituminous Coal

Pyrolysis tests were carried out with this low-volatile bituminous caking coal at temperatures from 500°C to 675°C. The
large reactor and a longer residence time of 0.8 seconds were used because of the agglomeration occurring in the
sand and on the reactor walls during a run.

Product yields and individual gas yields for this coal are presented in Figures 19 and 20. Maximum tar and light
hydrocarbon (C, to Cg) yields totalled 7.2 maf wt % at 675°C, which was the maximum temperature reached. It may be
that the optimal temperature for maximum liquid yield is even higher than this value. The primary gas product was
methane, showing a maximum yield of 1.9 maf wt % at 650°C. Gas yields were low, only about one half the liquid
yields, while char represented 85-90% of the products.

Elemental analyses show that the H/C ratio for the Macintyre char was nearly constant, as was also the case for the
Balmer coal, with much the same value (0.57 and 0.60, respectively). The H/C ratio for the tars was also nearly
constant at a value of about 0.9, only a little less than that for Balmer coal which was also nearly constant.

Devco Bituminous Coal

Five runs were performed using Devco coal covering the temperature range of 500°C to 700°C. All runs were in the
large reactor with an N, atmosphere and a 0.8 second residence time, because of the highly caking nature of this coal,
which had the highest free-swelling index of any of the coals tested (8.5).

Yields of gas, tar, C, to Cg4 hydrocarbons, char, and gases are shown in Figure 21. A maximum tar yield of about
17% maf wt % appeared to occur at 650°C to 700°C. If the BTX and C, to Cg yields are included with the tar, the yield
becomes about 19% maf wt %. Yields of individual gases are shown in Figure 22.
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From elemental analyses of products, the char H/C ratios showed a decrease as temperature increased, from 0.57 to
0.39, which is very similar to the values and behaviour shown by the lower rank coals. On the other hand, the H/C ratio
for the tar was approximately constant as it was for other bituminous coals at 1.00 to 1.08, which is somewhat higher
than the tar H/C ratios for Maclntyre or Balmer coals.

Considering the high yields of tar, the higher H/C ratio of the tar and its low-oxygen content, the Devco coal appears to
be a very promising feed for a pyrolysis process for the production of liquid hydrocarbons. Further work is warranted
with this coal or other high-volatile bituminous coals. This has also been the experience of Australian workers using
high-volatile bituminous coals in a fluidized-bed reactor (Smith, 1981).

Sukunka Bituminous Coal

Three runs were carried out using Sukunka low-volatile bituminous coal from a sample supplied by the Energy
Research Laboratories, CANMET. Table 5 shows the analyses of this coal with values taken from various sources. The
variability of the ash content of this coal among the various analyses is interesting. However, on a dry ash-free basis, a
reasonable agreement is obtained.

Table 6 gives the results of three pyrolysis tests, one at low temperature (533°C) and two near the temperature for
maximum liquid yield from bituminous coals (650°C-700°C). Although the free-swelling index of this coal is given as
3.0, 4.5 and 7.0 depending on the sources, it was found to be one of the most difficult in our experience to feed and
pyrolyze in a fluidized-bed. A high degree of agglomeration took place in both the sand bed and on the reactor walls;
although some variations in procedure were tried, these met with little success. As a result the runs were difficuit to
complete, and a number of tests did not yield complete data. The values in Table 6 indicate a maximum tar yield of
12.16% with a 96.5% recovery at the highest temperature of 680°C. This yield is of the same order as that obtained from
other low-volatile bituminous coals, e.g., Balmer, and agrees with that to be expected from the correlation for
bituminous coals given by Smith (1981) which was developed at CSIRO.

The CSIRO correlation, which relates the tar yield at optimum conditions (600°C in the Australian work, but
650°C-700°C in our tests) to the H/C ratio of the coal, is reproduced as Figure 23. Shown on this plot are the maximum
yields obtained in our tests from the four bituminous coals used. With the scatter of the correlations, the results from the
present work agree well, although they are raw experimental points and have not been adjusted in any way.

Effect of Particle Size Variation

Pyrolysis tests in which particle size was varied were carried out for three coals - Saskatchewan lignite, Forestburg
subbituminous and Balmer bituminous. Two standard feed sizes were used, — 149 +74 pm (- 100 + 200 mesh) and
— 74 +44 um (200 + 325 mesh), so that the mean feed particle diameter varied by a factor of about 2. All runs were
done at conditions close to those giving maximum liquid yield.

Table 7 shows the effect of changing particle size from —100 + 200 to —200 + 325 mesh for Saskatchewan lignite
and Forestburg subbituminous coals. For the lignite, gas yields decreased 5-6%, tar yields decreased 0.5-1.0% for the
smaller particle size and char yields increased.

The Forestburg subbituminous coal showed a decrease in gas yield of 7-8% and a decrease in tar yield of 0.5-1.5% as
particle size was reduced. The char yield increased by 10-12%.

The lower gas and tar yields and higher char yield are probably an effect of residence time. Although the residence
time based on superficial gas velocities was the same for both particle sizes, it is expected that the actual residence
times for the coal particles themselves were different. The lighter — 200/ + 325 mesh particles would probably have a
lower residence time than the larger — 100/ + 200 mesh particles, inasmuch as a larger proportion would be easily
swept from the reactor after some weight loss or attrition.

The effect of particle size on yields obtained from the Balmer coal showed that in this case aiso. the smaller particle
size gave a lower gas yield, a lower tar yield and an increased char yield. These facts, together with the decreased yield
of BTX, all indicate an insufficient residence time for the smaller solid particles, inasmuch as the apparent gas
residence times were identical.

It is probable that an optimum particle size exists for each coal and for each type of reactor, such that heating of the
particle and generation of volatiles is reasonably complete, but char does not accumulate unduly or remain for too long
in the actual reaction zone. This size is probably most easily determined experimentally in each case.

In summary, the conditions for optimal pyrolysis yields will be a function of particle size and reactor type, as well as of
other variables such as temperature and residence time. As a consequence, particle size must be treated as one of the
basic variables of the pyrolysis system.
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Effect of Residence Time

Residence times were varied for two coals, the Saskatchewan lignite and the Balmer bituminous coal. The nature of
the fluid-bed reactor limits the range of gas residence times which can be used and still obtain satisfactory fluidization
in a single reactor. In fact, to cover the maximum range of 0.2 to 1.4 seconds attained in these tests, two reactors, one
larger than the other, had to be used as explained previously.

Residence time for Saskatchewan lignite - 100/ 4+ 200 mesh was varied from 0.2 to 1.4 seconds. The results of these
runs are presented in Table 8. It can be seen that longer residence times produce more gas and less tar. The residence
time used here is based on the net empty reactor volume divided by the inlet volumetric gas flow rate at reactor
conditions. It is difficult to separate this gas residence time from the effect of char particle residence time. Included in
Table 8 is data showing the percentage of the char remaining in the fluid-bed at the end of a run. Itis possible that the
presence of char particles remaining in the bed throughout the run may have some effect on product yields in addition
to any effects caused by superficial gas residence time. However, if there is any such effect of char accumulation, the
data given in Table 8 suggests it must be a minor influence.

ftis clear from Table 8 that shorter residence times favour tar production. The results of Run 86 indicate that the optimal
residence time for tar prod{ction may not be at the usual residence time of 0.45 seconds used in these studies. The
results given in Table 8 are shown plotted in Figure 24, for the tar, and the tar + BTX. For the lignite coal, the shortest
residence time of 0.2 seconds is clearly the best in terms of maximum liquid yield for the — 149 +74 pum particle size
used. The BTX fraction increases with longer heating time, and presumably more cracking, of the primary tar product,
so that some of the loss of tar yield at longer times appears as incremental BTX product. However, about 15% of the tar
is lost, mainly as additional gas product as reaction time increases from 0.2 to 1.4 seconds.

The resulits of residence variation with Balmer coal feed showed that over the range of 0.45 to 1.4 seconds, the highest
yields of tar and of total hydrocarbon liquids were obtained at the shortest apparent gas residence time, although the
residence time effect was less pronounced. Tar yield decreased by about 14% as residence time increased from 0.45
to 1.4 seconds. The only other clear trend was an increase in light hydrocarbon gases (C, to C;) as residence time
increased, apparently at the expense of tar product. Apparently, for both the lignite and bituminous coals, the minimum
gas residence time is preferable, at least down to probably 0.2 seconds.

Tests with a Catalytic Fluid Bed

Tests were carried out using a hydrogenation-deoxygenation catalyst in the bed in place of the fluidizing sand. Fifteen
grams of crushed Co-Mo-0401T (Harshaw Chemical Co.) sized to —60 + 100 mesh were used as a fluid bed. The
composition and properties of the catalyst are given below. The coals were tested in the catalytic reactor, both at 650°C,
with a feed particle size of —100 + 200 mesh. Apparent residence time was the standard 0.44 seconds, and a 100%
hydrogen atmosphere was used. Composition of Harshaw Co-Mo-0402T Catalyst, %" is as follows:

Co 3%
MoO, 10%

Sio, 6%
PABD 0.95 g/cc
Crush Strength 26 pounds

Because the hydrogen at 650°C reduces the catalyst readily, the catalyst was pre-reduced and the water formed
measured. This amount was then used as a correction in the runs with coal.

Results for Hat Creek coal are shown in Table 9. This coal has a very high ash content (46.4% as fed). The yields
obtained with sand in a nitrogen atmosphere and with the Co-Mo catalyst in a hydrogen atmosphere are compared. On
amoisture and ash-free basis it is apparent that the catalyst has little effect on tar, gas or char yields. Material balances
could not be completed because of difficulties with the water and ash balances. However, the composition of the
product gas is interesting, because although the total gas yield is about the same, the amount of CO, is much less in
the catalytic reactor and the CO much greater. However, the total carbon as (CO + CO,) Is essentially the same. The
conclusion is that the catalyst is promoting the water gas shift reaction to reduce the CO, content and increase the CO
and H,O content. At 650°C, the equilibrium for this reaction somewhat favours CO and H,O production. There is also a
marked increase in CH, production, and some increase in C, and higher gaseous hydrocarbons.

Table 10 gives similar results for the Forestburg coal. In this case, because water resulting from catalyst reduction could
be allowed for, a good material balance was obtained. Compared to yields in nitrogen with sand in the bed, the Co-Mo
catalyst with a hydrogen atmosphere showed only minor differences in char or total gas yield. However, a drastic
decrease in tar yield resulted to only one third that from the uncatalyzed reaction. A significant increase in BTX was
obtained, but not of the same order as the decrease in tar yield. The amount of water produced from the catalyzed
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reaction increased significantly. This behaviour again supports the promotion of the water gas reaction by the catalyst
as also shown by a corresponding increase in CO and a decrease in CO,. Since the CO increase was greater than
would be expected from either the incremental amounts of CO,, disappearing or of H,O formed, it is possible that the
steam-methane reaction or the reaction of carbon with CO, was also catalyzed by the Co-Mo material. Methane yield
and BTX yield were both increased by the catalyst as were the amounts of C, + saturated hydrocarbons.

In conclusion, the Co-Mo catalyst acted to decrease liquid yields, but did increase somewhat the yield of light
hydrocarbons. This catalyst also significantly altered the product gas composition, but did not affect total yields of
volatile gases to any large extent.

A comparison is given below of analyses for the tar product for runs with and without catalyst, both runs at 650°C, 0.44
seconds with Forestburg coal.

Tar Run 40 C
Tar Run 132 C

74.54 H
90.69 H

6.83 N

16.7 HC = 1.10
6.56 N =

1.8 H/C = 0.86

Although too much reliance should not be placed on elemental analyses of single samples, the above results suggest
that the catalyst causes deoxygenation of the tar. In fact, for Run 132 the results in Table 10 indicate that 95% of the
oxygen in the original coal is rejected as CO, CO,, or H,0. It appears, therefore, that the extreme reduction in tar yield is
partially compensated by the removal of oxygen from the tar (from 16% to 2%), but a severe reduction in tar yield is still
caused by the catalyst action. Other reaction conditions should be investigated to determine if better tar yields are
possible, or better yields of C, + hydrocarbons, than obtained in Run 132, while at the same time the tar is
substantially de-oxygenated.

CONCLUSIONS

A comparison of maximum liquid yields among Canadian coals of different ranks is shown in Table 11. The maximum
hydrocarbon liquid yield (18.4% maf) is obtained from the eastern Canadian high-volatile Devco bituminous coal.
There is apparently no general correlation between maf volatiles as determined by proximate analysis and tar yields by
flash pyrolysis. However, it is interesting to observe that within the one rank of bituminous coals, the tar yields do
increase as the maf volatiles increase. A similar trend does not appear to exist for low-rank coals.

As shown in Figure 23, the tar yield from Canadian bituminous (black) coals in flash pyrolysis is just about what would
be expected from the CSIRO correlation, which was derived, in the main, for high-volatile bituminous coals. Again, it
should be remembered that the data given in Table 11, and plotted in Figure 23, have not been adjusted or normalized
in any way, but are the direct experimental values. A significant part of the material balance losses is probably due to
loss of volatiles, and therefore the results given can be taken to be reasonably conservative.

In most cases, the effect of temperature on liquid yield was typical of the fluid-bed fast pyrolysis process. An optimum
(maximum) yield was observed, usually at 600°-650°C. However, for two bituminous coals, this maximum yield
occurred between 650°-700°C. The maximum point tends to be more pronounced for the bituminous coals and less so
for the lower rank coals. The H/C atomic ratios of the tar product also show interesting variations with temperature. For
all the low-rank coals, the H/C ratio of the tar decreases with temperature from about 1.25 to 0.9 over the range of
500°-750°C. However, for the higher rank coals the H/C ratio of the tar is reasonably constant at 0.90 to 1.05 with the
lower values corresponding to the lower volatile bituminous coals. The approximate oxygen content does not show any
very clear trends with temperature, and varies from 8-16% for low-rank coals and 8-10% for higher rank coals. Although
the oxygen content of the raw coals varies widely, the deoxygenation during pyrolysis by the formation of CO, CO, and
H,O appears to be much more effective for the low-rank coals than it is for bituminous coals.

The H/C atomic ratio of the chars show much the same pattern of behaviour with temperature as do the tars. The H/C
ratio in chars for lower rank coals decreases steadily with temperature from about 0.6-0.35 over the range of
500°-750°C. However, the H/C ratio of the chars for the bituminous coals remains reasonably constant at 0.55 to 0.65
except for Devco coal which shows a small decrease with temperature (from 0.57 to 0.39). The H/C ratio indicates to
some degree the nature of the material. The tars with H/C ratios of unity or slightly greater, suggest primarily simple
single aromatic ring compounds, with more ring substituents, such as cresols, xylenes or phenols, etc., for the lower
rank coals and fewer for the higher rank coals. The H/C ratios of the order of 0.5 found in the chars suggest polynuclear
aromatic structures containing several ring units.

Residence time cannot be varied readily over wide ranges in a fluidized-bed reactor. and two sizes of reactor were
required in this work to obtain the range 0.2-1.4 seconds. The residence time effect was investigated in detail for only
one low-rank coal and one bituminous coal. The shortest time (0.2 or 0.45 seconds. respectively) gave the highest tar
yields, with the effect being more pronounced with the lower rank coal. However. it should be remembered that the use
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of very short residence times in fluidized beds requires some further basic investigations to develop adequate reactor
scale-up information.

The use of a deoxygenation-hydrogenation catalyst (Co-Mo) in place of sand as the fluidized solid with a hydrogen
atmosphere in the reactor did not appear to affect product yields for a low-rank coal (Hat Creek), but did affect product
gas composition, apparently by catalysis of the water gas reaction. For another low-rank coal (Forestburg) the catalyst
reduced tar yields sharply, and although the tar formed was low in oxygen, this accounted for only a minor part of the
yield loss. The product gas again had a composition indicating catalysis of gas phase reactions. It would appear that, at
least at atmospheric pressure, this particular catalyst did not have any really beneficial effects during pyrolysis.
However, the fact that significant effects were observed, even if not all desirable as in this case, suggests that further
investigations with different catalytic materials might yield useful and beneficial results which could offer alternative
reaction schemes.
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TABLES

Table 1 - Proximate analyses

Qil yield
Type Ash Moisture FC VM FC VM Fischer FSI
maf maf maf (3)
% % % % % % % %
Estevan Lignite | (2) 8.25 28.4 34.75 28.61 54.85 45,15 - 0
Estevan Lignite 3 (1) 6.29 7.93 42.67 43.11 49.74 50.26 -
Forestburg (1) 6.5 10.0 41,96 41.31 50.25 49.47 - 0
Highvale (1) 10.7 17.3 44.50 29.17 61.80 40.51 5.9 0
Hat Creek (1) 50.7 4.0 14.8 30.5 32.67 67.33 - 0
Macintyre (2) 7.47 0.79 74.24 17.50 80.92 19.08 3.7 4.5
Balmer (2) 9.78 0.64 69.71 19.87 77.82 22.18 6.4 4.0
Sukunka (1) 9.00 1.88 69.9 211 78.4 23.7 5.2 3.7
Devco (1) 2.9 1.2 60.96 34.98 63.56 36.47 14.2 8.5
(1) Analysis by Coal Research Laboratory, University of Waterloo
(2) Analysis by Energy Research Laboratory, CANMET
(3) Furimsky et al. (1981)
Table 2 - Ultimate analyses
maf basis
Type C% H% S% N% 0 % H/IC
(by difference)
Sask. Lignite | (2) 70.82 475 0.64 1.28 22.51 .80
Sask. Lignite 3 (1) 71.2 4.24 N.D. 1.64 22.9 71
Forestburg (1) 71.2 4,50 0.60 1.53 22.2 76
Highvale (1) 75.4 4.1 0.2 1.10 19.3 .65
Hat Creek (1) 60.36 2.8 N.D. 1.54 32.7 .56
Macintyre (2) 93.13 4.66 0.46 1.30 0.46 .60
1 88.68 4.4 N.D. 1.2 5.7 .60
Balmer (2) 90.36 4.79 0.30 1.26 3.29 .64
(1) 89.08 4.28 N.D. 1.45 5.19 .58
Sukunka (2) 86.2 4.53 0.69 1.75 3.1 .63
Devco (2) 87.14 5.50 1.09 1.73 4,54 .76
(1) 86.33 5.48 N.D. 1.82 5.28 76

(1) Analyses by Coal Research Laboratory, University of Waterloo
(2) Analyses by Energy Research Laboratories, CANMET
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Table 3 — Pyrolysis of Wabamun (Highvale coal) —
comparison of yields by various methods

Products (wt % maf coal)

Tar &

Method Char Light Qil Water Gas Total

Fischer-Schrader3 726 5.9 10.9 10.6 100
(550°C, 1.5 hr)

Fluid-Bed+4 78.2 7.3 E 10.7 96.26
(650°C, 0.44 sec)

Gray-King3 69.5 6.6 7.9 16.0 100
(600°C, 1 hr)

Fiuid-Bed4 74.9 12.2 -5 13.5 100.57
(600°C, 0.44 sec)

FTIR Vacuum3 66.7 15.01 11.4 6.9 100
(650°C, 10 sec)

Occidental Flash3 64.0 14.22 2.7 19.1 100
(650°C, 2 sec)

Fluid-Bed4 69.1 10.4 4.2 15.8 99.58
(650°C, 0.44 sec) 66.5 11.2 2.7 14.1 94.4°

ASTM Proximate Analysis 60.4 39.6 100

(950°C, 7 min)

(7)

Light oil estimate by difference

Light oil is included partly in gas and partly in tar

Reported in “Coal Conversion Research Program at the Alberta Research Council”* by M.P. DuPlessis, Journal of Canadian
Petroleum Technology, July-August, 1982, pp. 79-88

(4) Experiments performed at UW
(5) Not reported
(6) Run 51
(7) Run 44
(8) Run 47
(9) Run 22
Table 4 — Pyrolysis of Hat Creek —149 +74 pm
15.4% moisture, 46.4% ash
0.45 sec. residence time, N, atm
Temp (°C) 500 550 600 650 700
Run # 129 130 128 127 126
Yield H, - 0.2 0.3 0.4 0.7
(maf wt %)
(o]0) 2.6 3.0 41 4.7 6.1
CO, 10.5 10.2 13.5 13.4 18.6
CH, 0.4 0.6 0.7 1.0 1.2
C,H, 0.1 0.2 0.2 0.3 0.5
C,Hg 0.1 0.2 0.1 0.1 0.2
C, 0.2 0.2 0.2 0.3 0.4
Gas 141 14.5 19.2 20.0 27.0
Tar 2.6 3.1 3.0 4.5 3.2
BTX 0.2 0.2 0.4 0.2 0.2
C,~Cq 1.0 0.7 0.8 0.8 0.9
LHC? 3.8 4.0 42 5.5 4.3
A CHAR 56.9 56.3 51.8 49.2 39.7
H,0 - - - - -
Total 74.8 74.7 752 . 74.7 71.1
(1) LHC = light hydrocarbons = Tar + BTX + C,~>Cy
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Table 5 - Properties of Sukunka coal

Proximate Analysis, %

Moisture Volatiles Fixed Carbon Ash

As is As is DAF As is DAF As is

Furimsky* 1.90 24.0 25.3 70.7 74.5 3.2
uBCc** 1.08 20.6 24.0 65.14 76.0 13.18
Waterloo 1.88 21.1 23.7 69.9 78.4 9.00
EMR*** 1.79 21.15 25.7 61.68 74.3 15.98

Ultimate Analysis, DAF basis

C H S N (0] H/C
Furimsky 88.51 495 0.53 1.37 4.6 0.67
uBC 89.98 453 0.69 1.75 3.1 0.60
EMR 86.2 4,71 0.68 1.58 4.4 0.66
Waterloo 89.69 4,55 N.D. 1.84 3.9 0.61

* E. Furimsky, R. Belanger and J. Jorgensen, “The Pyrolysis of Canadian Coals for the Production of Fuels and Petrochemi-
cals", Workshop on Pyrolysis, Fredericton, Jan. 5th, 1981
** Ph.D. thesis of Al. Jarallah, Dept. of Chemical Engineering, University of British Columbia, 1983
*** EMR Energy Research Laboratories, CANMET, Ottawa, Analysis of Jan. 1984, of sample supplied by M. Skubnik

Table 6 — Product yield, Sukunka coal

Ash 9.00%, Moisture 1.88%, N, atmos.

Run 143 146 145
Temperature °C 533 666 680
Particle size, um —595+250 -1195+595 — 5954250
Approx. Vapour Residence Time, sec. 0.50 0.35 0.50
Yields, % by weight, maf
Gases 3.30 4.51 5.70
Tar 4.81 8.84 13.64
Water 0.0 N.D. N.D.
Char 92.85 77.39 78.78
Total Recovery 100.96 90.74 98.12

Gas Yields, % by weight, maf

H, 0.10 0.22 0.30
co 029 0.46 0.73
Cco, 137 0.85 0.93
CH, 092 1.93 2.55
CoH, 0.08 017 0.22
CoHg 0.24 0.38 0.45
Cys 0.18 0.22 0.29
C.+ 0.16 0.21 0.22

177



Table 7 ~ Effect of particle size

N, atm, type 1 reactor
0.45 sec residence time

Run 61 68 66 69 46 40 75
Coal SASK LIG SASKLIG SASKLIG SASKLIG FOREST  FOREST FOREST
Moisture (%) 7.0 7.0 7.0 7.0 9.2 9.2 9.6
Ash (%) 9.1 9.1 9.1 9.1 6.7 6.7 6.5
Temp. (°C) 650 650 600 600 650 650 650
Mesh Size -100+200 —200+8325 —100+200 —200+325 ~-100+200 ~—100+200 —200+325
Yield Gas 13.9 9.1 13.8 7.6 17.6 16.6 9.4
(maf wt %)  Tar 9.4 8.5 8.4 78 9.5 8.5 8.0
Char 61.9 75.3 67.8 82.6 58.5 64.3 73.9
BTX 0.4 0.2 0.4 0.1 0.3 0.4 0.2
H,0 9.2 9.3 8.3 9.9 - - 15
Total 94.8 102.4 08.7 108.0 85.9 89.8 93.0

Table 8 — Effect of residence time at 650°C

Saskatchewan Lignite — 149 +74 um
N, atm, 7.6% moisture, 8.8% Ash

Large Reactor Small Reactor

Run 81 82 84 91 86
Residence Time (sec) 1.4 0.8 0.45 0.45 0.2
Yields Gas 20.0 16.7 14.6 19.0 15.6
(maf wt %)

Tar 7.2 7.7 8.4 8.1 9.1

Char 61.3 64.3 63.7 64.1 66.8

BTX 0.7 0.9 0.5 0.5 0.3

H,O 4.81 4.61 4.61 5.9 6.62

C,—Cq 1.8 -3 1.9 1.8 1.6

Total 95.9 94,0 93.5 99.4 100
Total Orig. Liq. 9.7 10.24 10.8 10.4 11.0
(maf wt %)
% of Char in Bed - 39.6 27 1.2 30.9 0

(1) - estimated

(2) - by difference

(3) - not determined
(4) — excluding C,—C,

178



Table 9 — Tests with CoMo-0401 T catalyst and Hat Creek coal

Catalyst 15 grams —250 +149 um
Coal feed —149 +74 pm Hat Creek coal, 15.4% H,0, 46.4% ash as fed
Reactor — type 1, 650°C, 1 atm abs. H,, 0.44 secs.
Yields, mass %

Nitrogen + Sand Hydrogen + CoMo-0401
Run 127 Run 131

As fed maf As fed maf
Char 65.22 49.26 62.67 42.59
Tar 1.70 445 1.54 4.03
Gas 7.65 20.04 7.60 19.90
H, 0.153 0.40 - -
cO 1.78 4.65 4.40 11.51
CO, 5.11 13.37 1.83 4.79
CH, 0.37 0.96 0.98 2.57
C,H, 0.099 0.26 0.07 0.18
CoHg 0.051 0.13 0.14 0.38
Cy 0.113 0.30 0.17 0.44

Table 10 — Tests with CoMo-0401 T catalyst and Forestburg coal

Catalyst 15 grams —250 + 149 pm
Coal feed —149 + 74 pm Forestburg subbituminous
10.0% moisture, 6.73% ash as fed
C 71.2% H 4.5% maf
Reactor — Type 1, 650°C, 1 atm abs. H,, 0.44 secs.
Yields, mass %

Nitrogen + Sand Hydrogen + CoMo-0401
Run 16 Run 132

As fed maf As fed maf
Char 56.12 59.31 57.02 60.39
‘far 8.74 10.50 2.58 3.10
BTX 0.24 0.29 1.06 1.27
Water 1710 8.53 20.01 12.02
Gas 15.62 18.76 17.93 21.53
Total 97.82 97.39 98.60 98.31
H, 0.30 ‘ 0.36
CcO 4.37 5.25 8.86 10.64
CcO, 9.51 11.42 5.02 6.03
CH, 1.00 1.19 2.76 3.31
CoH, 025 . 0.30 0.23 0.28
C,oHs 0.20 0.24 0.43 0.51
C, 0.39 0.47
C, 0.24 0.29
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Table 11 — Maximum liquid yields

Estevan Forestburg Highvale Hat Creek Devco Macintyre Balmer Sukunka Estevan
Bit/ Lignite
Lignite Subhbit. Subbit. Subbit. hvA* Bit. Bit. Subbit.  Acid-Washed
Temp. (°C) 650 650 650 650 650 675 650 680 600
Res. Time, s 0.45 0.45 0.45 0.45 0.80 0.80 0.80 0.50 0.45
Yields wt % maf,
at optimum
liquid yield
Gas 14.3 17.9 15.8 20.0 4.4 37 39 57 17.0
Max.Tar** 9.9 9.7 10.7 5.3 17.8 7.0 11.0 13.6 13.7
Char 62.8 58.5 69.1 49.2 67.8 86.9 80.7 78.8 56.0
BTX 0.43 0.4 0.44 0.2 0.6 02 0.4 - 0.1
H,0 6.9 7.0 3.9 - 47 3.8 1.9 - 5.9
Total 94.3 93.5 99.9 74.7 95.3 101.6 97.9 98.1 92.7
Tar Atomic H/C 1.14 1.10 1.06 1.22 1.08 0.91 0.92 - 0.86

* Average of two runs
** Tar includes C,~Cg fraction
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CHARACTERIZATION OF LIQUID FUELS FROM
SPOUTED-BED PYROLYSIS OF CANADIAN COALS

K.C. Teo*, D.J. Jung and A.P. Watkinson
Department of Chemical Engineering
The University of British Columbia

ABSTRACT

Tar samples of predominantly hydrocarbon liquids were obtained from some representative Canadian coals of
different ranks and regions. Hydrocarbon type and homolog type analysis was performed by a combination of solvent
fractionation, flash chromatography, high-performance liquid chromatography with detailed characterization of frac-
tions by high resolution (capillary) gas chromatography and mass spectrometry. The compositions of the hexane
soluble fractions (oils) and benzene soluble fractions (asphaltenes) were characterized in depth. Some semiquan-
titative data on the hydrocarbon group type analysis were also obtained for the hexane extractable oils. In general,
about 120 to 200 individual compounds, with the majority aromatic hydrocarbon in nature, were identified by a
combination of HPLC elution sequence, HRGC retention index and mass spectra. The chromatographic profiles of
major polynuclear aromatic hydrocarbon (PAH) series and the O, N and S-substituted heterocyclic PAHs presentinthe
combined hexane and benzene soluble fractions were compared for a series of tar samples generated from the same
coal under different pyrolysis temperatures.

*denotes speaker
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CARACTERISATION DES COMBUSTIBLES LIQUIDES OBTENUS
PAR LA PYROLYSE SUR LIT A JET D’AIR DE CHARBONS CANADIENS

K.C. Teo*, et A.P. Watkinson
Département de génie chimique
Université de la Colombie-Britannique

RESUME

Des echantillons de goudron provenant de liquides surtout constitués d’hydrocarbures ont été extraits de certains
charbons canadiens types, de régions et de rangs différents. L'analyse du type d’hydrocarbures et d’homologues a
été faite en utilisant une combinaison de fractionnement au solvant, de chromatographie a I'éclair, de chro-
matographie liquide a grand rendement avec une caractérisation détaillée des fractions par la chromatographie au
gaz a grande résolution (capillaire) et la spectrométrie de masse. Les compositions des fractions solubles d’hexane
(pétroles) et des fractions solubles de benzéne (asphalténe) ont été caractérisées de fagon approfondie. Certaines
données semi-quantitatives sur I'analyse du type de groupe d’hydrocarbures ont également été obtenues dans le cas
des pétroles extractibles a I'hexane.. En régle générale, on a identifié de 120 & 200 composés individuels, avec la
majorité des hydrocarbures aromatiques en nature, grace a une combinaison de séquence de décantation HPLC, a
un indice de rétention HRGC et aux spectres de masse. Les profils chromatographiques des grandes séries
d’hydrocarbures aromatiques polynucléaires (PAH) et les PHA hétérocycliques O, N et S-substitués présents dans les
fractions solubles combinées d’hexane et de benzéne ont été comparés, dans le cas de séries d'échantillons de
goudron génerés a partir du méme charbon, & des températures de pyrolyse différentes.

*indique le conférencier
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CHARACTERIZATION OF LIQUID FUELS FROM
SPOUTED-BED PYROLYSIS OF CANADIAN COALS

INTRODUCTION

Thermal degradation processes for coal are significant not only for the practical utilization of coal via pyrolysis, but also
as the initial step in combustion and gasification processes. Additionally, analytical pyrolysis gives information on the
chemical structure of the coal. Among rapid-pyrolysis processes for liquids production, the spouted-bed pyrolyzer has
been investigated at the bench-scale (1-5 kg coal/h) by A. Jaraliah and Watkinson (1). In the present study (2) it has
been demonstrated that the miniature-scale, continuous-feed spouted bed is a useful means of carrying out rapid
pyrolysis of pulverized Canadian coals. Since comparable conditions can be used for different coals, with the
exception of highly caking coals, these small-scale tests are of benefit for screening potential candidate coals for rapid
pyrolysis processes, and for gathering information on pyrolysis products under a wide range of operating conditions.

Other than coal type, the major operating variable in a rapid pyrolysis atmospheric pressure experiment s the pyrolysis
temperature. The particle size and feed rate show relatively minor effects over the operating range which s feasible on
the miniature scale. The primary products of the pyrolysis - gases, tars (liquids) and char - must be characterized for
each experiment. The tar liquids which have potential as refinery feedstocks present the major challenge in
characterization. Because liquids from coal are exiremely complex, to establish their structure they are usually
fractionated into less complex mixtures or fractions prior to detailed characterization. To separate and identify an
homologous series, or even individual compounds in these mixtures or fractions, is of some importance as these may
determine the nature of the upgrading process to be applied.

In this paper, the effects of pyrolyzer operating variables are presented on the yields of total gas, of various gaseous
species, of char and of total tar for the series of coals tested. The characterization of samples of the liquid product is
then discussed. Tar liquids are mixtures of aliphatic, alicyclic, aromatic and heterocyclic aromatic compounds with a
wide molecular weight distribution. The quality of the tar depends on the degree of coal metamorphism and on the
pyrolysis processing conditions — in particular, the temperature and the residence time of tar vapour in the pyrolyzing
zones.

Of the three types of pyrolysis product, analysis and characterization of the gases is most straightforward, almost
routine. If the char from pyrolysis processes is to be burned to provide electricity, a minimal amount of char
characterization in terms of proximate and ultimate analysis is justified. Methods are well established. Tars, on the
other hand, are notoriously difficult and time consuming to characterize, and the development of methods and their
application to the various feedstock coals provides the major focus of this study. The approach taken has been to
assess the effect of coal type and pyrolyzer operating conditions on the quality of liquids produced by selecting certain
typical samples rather than to attempt to characterize every tar sample produced.

EXPERIMENTAL PROCEDURE

Coal Pyrolysis

Four coals and a lignite were used as feedstocks for the present pyrolysis runs (Table 1). The experiments were cartied
out on the miniature spouted-bed pyrolysis unit shown in Figure 1 using coal of —250+125 um size in most
experiments. The reactor is 25 mm |.D. x 168 mm high. A charge of 20 g of ~430+ 425 um sand is put into the reactor
and spouted by pre-heated nitrogen gas. Coal is conveyed via the micro-screw feeder into the apex of the reactor from
the stirred feeder by the transport nitrogen. Volatiles and fine char exit through the top of the reactor, with the latter
being separated in a glass cyclone. Coarse char may build up in the bed. The product gases were sampled
downstream after the first impinger in a gas syringe every minute over a period of 5 or 10 minutes. Chromatographic
analyses of the gaseous products were made using a Varian 6400 gas chromatograph equipped with Porapak N
(60/80 mesh, 1/8" x 12") and Molecular Sieve 13X (60/80 mesh, 1/8" x 10") columns. The carrier gaswas He or Ar at a
flowrate of 20 ml/min under isothermal conditions (60°C or 80°C for Ar). For certain experiments, the H,S contents of
the gas were monitored by the lead acetate method. Gas yields were calculated from the gas analyses. Char was
recovered from the cyclone and from the reactor and weighed to calculate the char yield.

Tar Liquids, Handling and Solvent Fractionation Procedure

The tar liquid collected in the series of impingers was first extracted with 75-100 mli HPLC grade n-hexane in an
ultrasonic bath (~25°C/5 min). This hexane soluble fraction was clarified over a 0.45 um micropore Teflon membrane
filter and the filtrate was stored in a freezer (~—20°C) for further analysis. Fifty ml of HPLC grade tetrahydrofuran (THF)
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was used to remove the remaining tar materials under the same ultrasonic conditions. Typically, an estimated 1-3% of
THF insoluble material (probably fine char particles) was observed. The THF soluble fraction after clarification was
concentrated at ~65°C under reduced pressure (12-18 mm Hg) in a rotary flash evaporator to a volume of ca.1 ml.
Thirty ml of spectroscopic grade benzene was added to the THF concentrate and extracted under the same ultrasonic
conditions. The benzene solution was filtered over a pre-weighed 0.45 pm micropore Teflon membrane filter and the
residue was washed (2 x 3 ml) with benzene. After drying, the weight of benzene insoluble-THF soluble was recorded.
The combined benzene soluble fraction was subjected to similar evaporation conditions under reduced pressure at
~55°C. Great care was exercised to minimize any potential sample losses occurring in evaporating benzene solvent
from the benzene soluble fractions. These losses could be substantial, due to the presence of material with boiling
points below 150-120°C. Tar liquids obtained from shorter pyrolysis runs (<10-15 min) or from low feed rate (<1 g/hr)
and from intermittent feed runs usually did not provide sufficient materials for solvent fractionation. The combined
weight of extracts was defined as tar, and the yield calculated from the feed rate of the coal. Some water will be included
in the THF soluble fraction. Closures on the gas, char and tar yields varied from 90% to 105%.

GAS, CHAR AND TAR YIELDS IN PYROLYSIS

Three variables of importance in coal pyrolysis runs other than coal type are pyrolysis temperature, particle size range
and feed rate. For any given coal and pyrolysis unit, an optimal particle size range is probable. For all the tested coal
samples in this miniature spouted-bed pyrolysis unit, the best size appeared to be —250 + 125 um. Coals, such as
Fording, Minto and Devco which display arelatively high free-swelling index (FSI >6) tend to agglomerate with sand in
the spouted bed and eventually prevent spouting, even at a high inlet gas velocity. For Fording coal, limited success
has been gained only by conducting pyrolysis runs at very low feed rates (3 g/hr) with runs lasting ten minutes or less.
Evidence was found of coal particles agglomerating with each other or adhering to the walls of the reactor, which
suggested that the coal had undergone very rapid heating to above its transition mesophase on injection into the hot
spouted sand bed. Gas analyses were generally repeatable, and since the tars were collected over the duration of the
run for conditions where blockage had not occurred, it is believed that results are reliable where caking coals were
used.

Gaseous Products

For subbituminous Forestburg coal, CO, and CO were produced in considerable quantities compared to the yields of
methane, ethane, ethylene and acetylene. Undoubtedly, this is due to the high oxygen content (17.7 wt % dmmf) in-
the coal. Temperature effects on methane and ethylene gas yields were not changed significantly by the feed rate for
the particle size range —250 + 125 um (Fig. 2). When smaller particles, —125 + 75 um were pyrolyzed, the methane
yield almost doubled; however, ethylene production seemed not to be affected. Ethane yields were low compared to
methane and ethylene, and were found to decrease with increasing temperature, suggesting possible thermal
cracking of ethane at temperatures higher than ~500-600°C. Acetylene appeared in detectable quantities only at
temperature >500°C and increased in quantity as the temperature rose.

For the bituminous Fording coal (Fig. 3a), methane was evolved in the largest proportion of the total gas produced.
Because of the low oxygen content (4.3 wt %, dmmf basis) of this coal, CO, and CO yields were considerably lower.
The ethane and ethylene profiles generally followed those for Forestburg coal pyrolysis runs. Acetylene gas appeared
in detectable quantities at temperatures >550°C and increased as the temperature rose. For Onakawana lignite (Fig.
3b), the production of CO, and CO exceeded that of methane at temperatures >500°C. Ethane, ethylene, acetylene
and hydrogen were evident also in small or trace quantities, and their composition profiles closely resembled those of
Forestburg or Fording coals.

Pyrolysis results of the high-sulphur (7.0 wt % dmmf basis) bituminous Minto coal (Fig. 3c) showed similar composi-
tion profiles for methane production to Fording coal. CO and ethylene were produced in considerably higher quantities
than CO,, in particular at temperatures >700°C. Production of hydrogen, ethane and acetylene was found to increase
with increasing temperature, particularly above 700°C. H,S was produced in appreciable quantity.

In the case of low ash (2.1 wt % dried basis) bituminous Devco coal (Fig. 3d), the production of ethane exceeded that
of methane, CO and CO, above 700°C. CO and CO,, were found to be present in about equal amounts. The acetylene
was produced in considerable quantities even at the low temperature of 450°C.

The ratios of C,H,/C,Hg and C,H,/C,H, were calculated as a function of the pyrolysis temperature (2). As expected
from the thermolysis of pure ethane, ratios of C,H, and C,H, relative to C,Hy usually increased substantially as
pyrolysis temperature increased from 500-600°C. Higher feed rate and smaller particle size for Forestburg coal
somehow favour the formation of C,H, and CH,,. Fording coal and Onakawana lignite both produce more unsaturated
species at higher temperatures. Minto coal shows some scatter in the ratio of C,H,/C,Hg, which might be due in part to
its high sulphur content (ca. 7.0 wt % dmmf basis). The high concentration of H,S in the gaseous products seems to
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inhibit acetylene formation. It has been demonstrated that the H,S has a profound effect on hydrocarbon pyrolysis and
alters the rate of hydrocarbon cracking, hence affecting product distribution.

[n summary, the formation of H,, CH,, CO and CO, in the gaseous products is always favored at temperatures higher
than 550-600°C. Perhaps this tendency is at the expense of fixed carbon via the various gasification processes. Rapid
spouted-bed pyrolysis also favored the formation of C,- gases. In the presence of high H,S and possibly other
S-containing gaseous species concentrations, as reflected in the case of Minto, promotion of hydrogen, CH, and
C,-gases yields seems very likely.

Char and Tar Yields

Char quality is best assessed by comparison with the parent coal from which it was produced. Definitely its calorific
value increases with fixed carbon content, while the volatile matter decreases with increasing severity of the pyrolysis.
TGA analysis of chars derived from Forestburg, Fording, and Onakawana lignite, Devco and Minto coals have been
reported (2). For a given particle size range, as feed rate goes up the volatiles remaining in the char increase, and the
fixed carbon decreases.

Comparison of the volatite contents of chars from Onakawana lignite and Forestburg subbituminous coal suggests
that at the same pyrolysis temperature, devolatilization proceeds to a lesser extent in the lignite. For example,
devolatilizations of Forestburg coal at ~440 and 660°C are ~47 and ~60%, respectively, while Onakawana fignite
proceeds only to about 35 and 40% under the same conditions. This is rather surprising if one relates reactivity to rank
and/or H/C ratio. However, the degree of volatile depletion is not a true refiection of the tar-producing potential of a coal.

Table 2 shows the two highest tar yields from each of the tested coals. Tar liquid yield as high as ~40% can be
achieved; the average is ~34% yield on coal fed basis. The net dry tar constitutes 20% to 80% of the collected tar
liquids. The trend of the volatile contents associated with the chars and the general trend of gas yield increases with the
rise of pyrolysis temperature, suggest that tar yield increases substantially with temperatures in the range ~500-700°C
for the three bituminous coals (cf. Fording, Devco and Minto). For the subbituminous Forestburg coal, tar yields seem
to be less dependent on the pyrolysis temperature over the range 500-600°C. Lignite seems very poor in net dry tar
yield as water is the major component (>>70%) in tar liquids. This is strongly related to the highly oxygenated aliphatic
contents associated with the structure (3a).

CHARACTERIZATION OF HYDROCARBONS IN COAL TARS

Among the many publications in the current literature on coal pyrolysis, several (2-11) indicate the complexity of the
hydrocarbon groups in the coal and its pyrolysis tar liquid products. The structures of coal tar liquids can differ
substantially with the rank of the coal, and to a lesser extent with the pyrolyzing conditions. Coal tar liquids, despite
severe bond-breaking in the pyrolysis process, are mixtures of widely different compounds. These compounds fall into
four major categories: aliphatic hydrocarbons, aromatic hydrocarbons, polar aromatic compounds with functional
groups, and heteroaromatic compounds and their derivatives.

Adaption of the American Petroleum Institute (AP1) RP-60 methods to the characterization of coal-derived liquids is
possible, provided that a sample of 5g or more is available for the elementary boiling range separation into three boiling
cuts (b.p. <200, 200-325, 325-475°C) and a residuum (475°C + ). With the small tar samples (<2 g) obtained in this
work, solvent fractionation is more appropriate, and though its nature is different from that of boiling point, yet it
complements the boiling curve information. Solvent fractionation forms the elementary process of separating tar
liquids into oiis (n-hexane soluble fractions), asphaltenes (benzene-soluble fractions) and pre-asphaltenes (THF-
soluble fractions) prior to detailed and sophisticated chromatographic sub-fractionation and characterization. In this
paper, the emphasis is on the detailed characterization of aliphatic, alicyclic and aromatic hydrocarbons (1 to 5 ring
system).

Small samples of hexane soluble fractions and hexane insoluble-benzene soluble fractions were prepared. These
fractionated liquids were subjected to detailed compositional analysis by high-resolution capillary gas chromatograph
(HRGC) in combination with high-performance liquid chromatography (HPLC) and HRGC-mass spectrometry (MS).
Detailed characterization and hydrocarbon-type analyses were conducted with particular emphasis on compound
identifications. The benzene insoluble-tetrahydrofuran soluble fractions have not been characterized.

PONA analysis using high-performance liquid chromatography (HPLC) provides a rapid, accurate method of charac-
terization and is applicable to samples of various complexity and boiling ranges (13-16). These techniques, with
suitable modifications, can be applied to hydrocarbons derived from coal liquids. PONA analysis by HPLC can also
provide clean subfractions of hydrocarbon classes for further detailed characterization by other analytical techniques,
such as HRGC and GC-MS (17-18). The main purpose of any high-resolution chromatographic system is to resolve
mixtures of components or compounds into the constituted pure components. In general, the chromatographic system
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can provide retention (time) data (19) which can serve as complementary information to GC-MS for the positive
identification of the resolved or separated components. The availability of computerized capillary HRGC and GC-MS
systems has led to an enormous increase in the use of this technique in fossil fuel research (10,18). Although solvent
extracts and boiling cuts from fossil fuel sources can be fractionated into compound classes by highly selective
chromatographic methods, such as PONA-type HPLC separations, identification of individual components usually
requires the use of high-resolution capillary GC coupled with fast-scanning quadrapole mass spectrometers. The
breakdown products from pyrolysis of coals are thus studied by GC-MS and related to the structural features of coals.
In this study GC-MS identified 100~200 aliphatics and simple and polynuclear aromatic components. Oxygen,
nitrogen and sulphur-containing compounds in coal liquids are under investigation.

Forestburg Coal Tars

Table 3 gives the tar yield and solvent fractionation resulits for a series of pyrolysis runs at different temperatures.
Although the total yield of water and tar is about constant over the temperature range 500-600°C, the water fraction of
the tar increases with temperature, and thus the desirable tar fraction decreases. The hexane soluble fraction of tar is
over 80% of the total water-free tar, and is relatively independent of temperature between 500 and 600°C This fraction
was characterized in depth.

The HRGC chromatograms for the hexane soluble fractions obtained from five pyrolysis runs at different temperatures
are shown in Figure 4. These chromatograms show a marked resemblance to each other given the different pyrolysis
conditions. The HPLC hydrocarbon group type PONA analysis shown in Figure 5 also reveals the same. These HPLC
PONA analyses, however, cannot provide as detailed compositional data compared to HRGC and GC-MS analyses,
yet in their unigue way were able to offer an insight into the trend of the various hydrocarbon classes present in these
solvent fractions. The separation of aliphatic plus alicyclic hydrocarbons from the aromatics represented by
alkylbenzenes, alkyinaphthalenes and alkylphenanthrenes in particular can be achieved. These HPLC and HRGC
chromatograms provided sufficient evidence to demonstrate that the hexane soluble oif fractions from Forestburg tar
liquids derived under different pyrolysis conditions have very similar hydrocarbon classes but are varied in their
distribution.

Figure 6 shows the assigned HPLC PONA chromatogram of the hexane fraction derived from pyrolysis run FO3 (feed
rate 20.9 g/hr, particle size —250 + 125 um, ~500°C). The 14 collected HPLC sub-fractions were concentrated
carefully and analysed by HRGC and/or GC-MS. The HRGC chromatograms are shown in Figure 7. Sub-fraction #1
indicates larger aliphatic molecules elute first, followed by lower molecular weight members. Sub-fraction #2 shows
an interesting feature in the 1-alkene/n-alkane pairs. Fifty-eight aliphatic hydrocarbons were identified in sub-fraction
#2 by means of GC-MS. Normal alkanes from Cg to C,g were found and exhibit maxima, at C,5 and C,5 on the
selective ion monitoring traces (Fig. 8). The relative intensity of 1-alkene/n-alkane pairs favored the presence of 1-
alkenes for carbon number <13, whereas for carbon number >13, n-alkanes predominate. Sub-fraction #4 beginsthe
domination by the alkene-alkane pairs. Some 22 alkylbenzenes, together with a few cycloalkane derivatives and C,g,
C,5 to Cyg n-alkanes, were identified by means of GC-MS. Selective ion monitoring (Fig. 8) clearly demonstrated the
presence of toluene, ethylbenzene, xylenes, 6 Cz-benzenes and 11 C,-benzenes. In sub-fraction #7, 37 C, to C,
alkylnaphthalenes were identified along with 7 C, and C, alkyl/dibenzofurans, seven alkylbiphenyls and three
hydroaromatics. Sub-fractions #8 to 14 are made up of 2-3 ring aromatics, dominated by alkyl-substituted
naphthalenes and phenanthrene with some biphenyl, fluorene and anthracene derivatives. Since no GC-MS.data are
available, the number of compounds appearing in the HRGC chromatograms of these sub-fractions #8 to 14 can only
be estimated. The number is expected to be in the order of about 30 to 50 per sub-fraction. Since the collection time of
each sub-fraction was two minutes, compounds close to the chromatographic cuts usually also appear in the following
sub-fraction.

The most distinctive feature of all the high-resolution gas chromatograms for the 14 separated HPLC PONA sub-
fractions (Fig. 6 and 7), together with the detailed study of three GC-MS traces, was the presence of a large number of
well-resolved chromatographic peaks corresponding to about 400 different species (2). Calculations based on the
peak area counts for the total chromatographic peaks, excluding the solvent peak, and estimated weight per cent
distribution of the amounts of materials present in the 14 eluted sub-fractions, are summarized in Table 4. It is
interesting to note that the aliphatic hydrocarbons in sub-fractions #1, 2 and 3 amounted to about 50% by weight
(hexane soluble basis) and alkylbenzenes and some biphenyls accounted for 24% (sub-fraction #4, 5 and 6), followed
by alkylnaphthalenes 15% (sub-fraction #7 and 8). The remaining sub-fractions are likely to be dominated by alkyl-
substituted fluorenes, phenanthrenes, anthracenes and benzofurans.

From the solvent fractionation data the tar liquids contained considerable proportions of hexane soluble oils in the
order of 70-85 wt % (dried tar basis), which in turn are dominated by the alkylbenzenes (~40-55%). Undoubtedly,
pyrolysis of this Forestburg coal under the most favourable conditions could provide an important source of
alkylbenzenes in the approximate range of 3-5 wt % (as-received basis).
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Semi-quantitative analysis of HPLC fractions of the hexane soluble fraction at two temperatures show the following
breakdown in classes.

Run # FO2 FO3

Feed rate, g/hr {pyrolysis temp, °C) 7.1 g/hr (543°C) 20.1 g/hr (497°C)
Particle size —125 +75 pm -250 +125 pm
Aliphatics and cycloalkanes 10% 50%
Alkylbenzenes 55% 24%
Naphthalenes, biphenyls 23% 16%

Fluorenes, phenanthrenes, anthracene 5% 19%

Summary data from the detailed GC-MS characterization of the hexane insoluble-benzene soluble fraction from FO3
tar liquids are presented in reference (2). The GC-MS trace given in Figure 9 shows the benzene fraction to be
dominated by polynuclear aromatics of ring number 3 and 4. High 1-alkenes and n-alkanes (C,5-Cyg) are also found,
as are appreciable amounts of oxygenated species. Some 130 compounds have been identified.

Fording Coal Tars

The small quantities of tar liquids generated from some limited pyrolysis runs created some problem in getting the
solvent fractionation results. More than 200 compounds were identified in the whole hexane soluble fraction from
pyrolysis run FC2. Approximately 85% of the species in this solvent fraction were identified by the GC-MS method
(Fig. 10). The majority of the identified compounds are alkylbenzenes, some alkyl-substituted benzofurans, alkenes
and alkanes (n-C,, to ~n-C,;), alkyl-substituted naphthailenes, fluorenes, phenanthrenes, anthracenes, fluo-
ranthene, and some benz(a)anthracene, chrysenes, pyrenes, benzo(a)pyrenes and benzo(c)phenanthrenes. The
molecular weight of the identified compounds spans from 100 to ~250. The average molecuiar weight of aliphatics in
this tar is ~30 units higher than that of the aromatics. The l-alkene and n-alkane series exhibit a maximum at C,, and
C,s (Fig. 11). The alkene and alkane distribution is similar to the reported hexane fractions of Forestburg tars (see
Figure 8) except that in the latter case a second maximum at ~C,5 was also found. Unlike the hexane fractions of
Forestburg coal tars, such as FO2, FO3 and FO6 which are enriched in lighter aliphatic and aromatic hydrocarbons,
the polynuclear aromatic hydrocarbons (3-5 rings) associated with the Fording hexane fraction seem considerably
higher. The abundant presence of these polynuclear aromatics might well reflect the mature metamorphism associ-
ated with bituminous coals, since similar finds were also noted for the eastern Bituminous Minto coal. In addition, the
presence of some alkyl-substituted benzofurans reflects a low degree of oxidation with this coal. The benzofurans in
pyrolysis are formed via dehydration coupling of a phenolic group with another hydroxyl or phenolic group.

Devco Coal Tars

in order to identify the hexane soluble and benzene soluble fractions on a more routine basis by high-resolution
capillary gas chromatography, it was decided to use an improved chemically bonded silica-capillary column DB-5 to
substitute for the SE-30 capillary column used for the Forestburg coal tar samples. Detailed identification for the
aromatic and some heterocyclic components was attempted with the aid of the chromatographic retention index
system of Lee et al. (19). Calibration standards (naphthalene, phenanthrene, chrysene and picene) were used in
conjunction with some key compounds such as anthracene, acenaphthylene, acenaphthene, biphenyl, fluorene,
fluoranthene, pyrene, benz(a)anthracene and some of their derivatives. With the aid of a computerized data system,
some efforts have been made to integrate the retention index method and calibration standards, together with the
knowiedge of some of the GC-MS studies. An attempt has been made to achieve automatic identification of aromatic
and heterocyclic compounds present in the coal-derived pyrolysis liquids, in order to generate an automatic
compound type classification.

In the pyrolysis temperature range of 550-670°C, the overall tar yield increases; however, the hexane soluble fraction
goes through a maximum. Benzene solubles decrease monotonically. The tetrahydrofuran soluble fraction is mark-
edly higher for the 670°C sample. Higher pyrolysis temperatures seem to favour thermal cracking into lighter products
and condensation-polymerization into material less soluble in hexane and benzene. The capillary HRGC chro-
matographic study of the hexane and benzene fractions concluded that the changed pyrolysis temperature does not
greatly influence the major chromatographic patterns and hence the classes of polynuclear aromatic hydrocarbons
and heterocyclic components present.

Benzene and alkylbenzene distributions in hexane and benzene fractions for the three pyrolysis runs DV02, 03 and 04
were studied. Yields of simple benzene, toluene and xylene compounds were low. About 45-50% of the hexane
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soluble fraction, and about 36-47% of the benzene soluble fraction, have been accounted for (2). Alkyl-substituted
naphthalenes, biphenyls, phenanthrenes and N-heterocycles represent the most significant species in the hexane
fractions. In the benzene soluble fraction, benzene, phenanthrene, N-heterocycles and pyrene are most common.
The overall results were combined according to the solvent fractionation distribution and are shown in Figure 12 on the
effect of pyrolysis temperature. From the plots it seems that the devolatilization of alkylbenzenes reached a maximum
of ~550° and slowly declined towards higher pyrolysis temperatures. Devolatilization for most of the char polynuclear
aromatics and heterocycles is seen to decrease with the rise in temperature. These observations might be attributed to
the thermal cracking of larger molecules at higher temperature into simple species, such as gaseous products and
benzenes.

For the benzene soluble fraction more than 180 GC-MS peaks were observed, among which some 160 compounds
were identified. Selective ion monitoring has been used to assign the alkene and alkane series, and normal alkanes
and 1-alkenes from C, , to C,, Were found. Isoprenoid paraffinic hydrocarbons, 2,6,10-trimethyltetradecane (C,,) have
been identified. The majority of the identified compounds are alkyl-substituted benzenes, naphthalenes, biphenyls,
fluorenes, fluoranthenes, anthracenes, phenanthrenes, pyrenes, and benz(a)anthracenes, together with some
phenols and benzofurans. Selective ion-monitoring traces for several classes of alkyl-substituted polynuclear aro-
matic hydrocarbons as well as for indoles, carbazoles, and acridines have been conducted to verify the presence of
these homologs.

This examination of Devco pyrolysis tars can be summarized as follows:

1. Asin the case of Forestburg, temperature variations in pyrolysis tend to shift the molecular weight
distribution, but do not greatly affect the major chromatographic patterns observed. Effects on
solubility in various solvents can be marked. :

2. lIdentification has been made of about 45% of both the hexane solubie fraction, and the benzene
soluble fraction. Naphthalenes, biphenyls, phenanthrenes, pyrenes and a group of N-heterocycles
are prominant. The effect of pyrolysis temperature on the amounts of these species has been
illustrated.

3. Some 160 compounds have been identified.

In comparison with Forestburg tars, Devco tars are higher in THF soluble, markedly lower in hexane
solubles, and markedly higher in benzene solubles. Thus three-, four- and five-ring compounds are
more prominant than with Forestburg pyrolysis tars.

Minto Coal Tars

Combined hexane and benzene fractionated product distributions for Minto tar liquids are plotted against temperature
in Figure 14. As the temperature increases from 500 to 700°C, both the hexane soluble and the THF soluble fractions
decrease, while the benzene fraction increases. The marked difference between tars produced at 700°C and 600°C
should be confirmed by additional experiments. Yields of alkylbenzenes, in particular toluene and xylenes, seem to be
favored at higher temperature. About 49-62% of the hexane soluble fraction, and about 52-56% of the benzene soluble
fraction have been accounted for (2). Figure 14 shows fluorenes, biphenyls, anthracenes, quinolines, N-heterocycles,
and in particular the phenanthrenes represent the most significant classes in the combined hexane plus benzene
soluble fractions. As for the case of Forestburg and Devco coal tars, the different pyrolysis temperature does not
greatly influence the classes of polynuclear aromatic and heterocycles. However, at high temperatures there is an
obvious parallel increase of N-heterocycles with PAHSs.

Solvent fractionation distributions show that the benzene soluble fraction dominates the high-temperature tars. This
trend reflects the increase with pyrolysis temperature of certain compound classes (Fig. 14), in particular the
phenanthrenes, fluorenes, anthracenes and N-heterocycles. The benzene and alkylbenzenes seem to level off at
~700°C. The presence of high H,S concentration in the pyrolysis gas atmosphere and the association of species high
in sulphur with the parent coal might have a role in influencing the trend of product distributions. The advantage or
disadvantage of high-sulphur contents on the product distribution from rapid pyrolysis process, and therefore the
quality of the pyrolysis tar liquids, needs to be further evaluated.

Overall the resulits illustrate that for tars from Minto coal:
— In comparison with Forestburg tars, Minto tars are markedily lower in hexane solubles (20% vs 80%),
and strongly enriched in the benzene plus THF fractions.

— Low molecular weight benzene and alkyl benzenes account for less than 6% of the hexane plus
benzene fraction.
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— Between 50 and 60% of both the hexane and benzene soluble fractions have been identified; major
constituents are the three- and four-ringed aromatics, with significant contribution from N-, S- and O-
heterocycles. Aliphatics have not been reported and further work is required to complete the charac-
terization.

CONCLUSIONS

Rapid pyrolysis runs on the spouted bed have been conducted for five Canadian coals from different geological
regions. The relative importance of the coal rank, feed rate, coal particle size and pyrolysis temperature on the quality
of tar has been studied in depth in terms of the detailed compositional analysis of the tar in conjunction with the other
characterization, such as char proximate analysis and gas analysis. Rapid spouted-bed pyrolysis for smaller coal
particles followed by rapid quenching of the hot volatiles is essentially responsible for the higher tar yield during the
process. As a result, preservation of larger molecular fragments is probable upon their departure from the coal matrix.

Lignite is unlikely to be suitable for tar production by the continuous spouted-bed rapid pyrolysis, because of the low tar
yield and the tar quality. Highly caking bituminous coals were not easily handled on the miniature scale, although prior
work had shown feasibility on the bench-scale. The subbituminous coal, such as Forestburg, and probably the
bituminous Devco coal seem to be suitable candidate coals for this type of process, in terms of tar yield, tar quality and
ease of handling of the coal. From the viewpoint of oxygen and sulphur species, respectively, these two coals need
more study.
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TABLES

Table 1 -~ Proximate and ultimate analysis of coal

PROXIMATE ANALYSIS ULTIMATE ANALYSIS
Dried Basis Analysis, wt % (a)
Coal Type (a) | Analysis Residual | Volatile Fixed Ash | Ash C H N S O(b)
Method (b) | Moisture | matter ~ Carbon Ash
Forestburg ASTM 16.16 41.51 51.21 7.28|17.82 6153 3.65 1.31 0.41 15.28
TGA 12.09 40.67 52.03 730 - 76.19  4.52 1.62 0.50 17.67
Fording ASTM 1.40 26.06 64.00 994 | 989 7884 467 1.25 0.64 4.7
TGA 1.32 22.08 65.88 1204 | - 88.27 5.23 1.40 0.71 4.33
Onakawana | ASTM 16.37 38.38 36.16 2546 | 30.72 51.97 2.14 0.96 203 1149
TGA 17.41 42.35 32.38 2537 - 7777 320 1.44 293 1759
(c) 23 39.9 33.3 26.8
Minto ASTM 0.75 26.84 61.63 11.53 | 11.48 73.41 473 N.A. 6.22 4.16(c)
TGA 1.11 35.00 53.65 1135 | - 83.80 5.40 N.A. 7.03 10.8 (c)
Devco ASTM 1.10 29.16 68.73 211 | 217 8373 538 1.80 1.46 5.46
TGA 0.95 38.32 59.53 215 | - 85.74 551 1.84 1.49 5.42
(c) 1.90 375 59.7 2.8
(a) All coal samples were grinded to pass Tyler #60 mesh (@) C, H, N on dmmf (Parr) basis; S on daf basis
screen (i.e. — 250 um) (b) O (by difference) = 100 —(C + H + N + S)ondry
(b) ASTM method was performed by Mr. Peter Kampe of basis
Mining Engineering(U.B.C.) on a Fischer Coal Analyser O (by difference) = 100 —(C + H + N) for dmmf
(model 490); TGA method was performed in-house on a basis
Perkin-Elmer Thermal Analyser (TG-2) (¢) Including N

(c) Recalculated from reference (by E. Furimsky et al.)

Table 2 — Maximum tar yield from spouted-bed pyrolysis of some Canadian coals

Coal Type VM in parent Run # Pyrolysis Feed Max. Tar Comment
coal, wt % (a) Temp, °C Rate Liquid Yield
(ASTM) g/hr wt % (a)
Forestburg 41.5 FO3 497 20.9 26.8 Moisture 38%
FO6 600 14.1 23.6 Moisture 50%
Fording 26.1 FC3C 603 3.0 40.8(b) -
FC3B 551 3.0 31.0(b)
Onakawana 38.4 ONO4 498 6.8 29.4 Moisture
ONOS5 548 6.0 26.7 70-80%
Devco 29.2 DVO2 672 0.8 38.7 -
DVO1 596 6.2 24.2
Minto 26.8 MNO3 690 11 20.1 Heavy tar
MNO2 498(c) 4.1 15.1 Heavy tar

(a) As-received basis; tar liquid referring to raw tar contains water
(b) Estimated values
(c) Temperature indicated might be lower than actual temperature, due to agglomeration problem
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Table 3 — Solvent fractionated product distribution from Forestburg coal tars

Run # FO2 FO3 FO4 FO5 FO86
Conditions
Pyrolysis Temp, °C 448-647(b) 497 502 549 599
Feed Rate, g/hr (a) 11.8 20.94 13.20 13.02 14.07
Normalized Tar 25.2 26.8 22.3 23.3 23.6
Liguid Yield wt %(c)
Water Content, 47.4 37.5 443 46.9 504
wt %(d)
Solvent Fraction, wt % dried tar basis
Hexane Soluble 79.0 70.2 83.4 83.4 84.9
Benzene Soluble 23.5 13.1 13.2 12.4
21.0
Tetrahydrofuran 6.3 . 35 3.4 2.7
Soluble

(a) Coal particle size range = —250 +125 wm for all runs, except FO2 (-125 +75 um)
(b) Mixed temperature run at 448, 503, 532, 596, and 647°C (5 minutes/temperature point)
(c) As-received basis, tar liquid = organic tar + water

(d) Whole tar basis

Table 4 — Estimation of weight per cent distribution of HPLC-PONA sub-fractions from micro-preparative
separation of FO3 hexane soluble fraction

Approximate

Estimated wt % Major alkyl
Collection time distribution hydrocarbon substitution
Sub-fraction min (a) (normalized) class or (carbon #)
1 6.6-8.5 14.5 alkane (~Cg —Cyg)
2 8.6-10.5 28.1 alkene + alkane (~Cg —Cyy)
3 10.6-12.5 8.7 cycloalkane (?) (~C,s —C307)
4 12.6-14.5 7.1 benzene 1
5 14.6-16.5 10.8 benzene(b) (Cy —Cy)
6 16.6-18.5 6.4 benzene(b)
7 18.6-20.5 11.3 naphthalene(b)
8 20.6-22.5 3.9 naphthalene(b) (Cy —C,/Cy)
9 22.6-24.5 0.8 naphthalene E
10+ 11 24.6-28.5 5.9 Fluorene + 1
12 28.6-30.5 1.9 phenanthrene (Cy —C4Cy)
13 30.6-32.5 1.2 anthracene +
14 32.6-34.5 1.4 benzofuran, efc.

(a) Micropak PONA column (7.2 mm x length 30 cm); hexane flow rate = 1.2 ml/imin
(b) Might contain some biphenyls
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SESSION lll: PAPER 12
THE CANMET COAL HYDROPYROLYSIS PROJECT

A.J. Last and C.F. Peczeli .
Ontario Research Foundation, Mississauga

PL. Sears*
Canada Centre for Mineral and Energy Technology
Energy, Mines and Resources Canada

ABSTRACT

Pyrolysis and hydropyrolysis are relatively simple methods whereby liquid hydrocarbons may be produced from coal.
In order to study these processes on a 1 kg/hr scale, CANMET has had constructed a flash hydropyrolysis unit at the
Ontario Research Foundation, Mississauga. The equipment has been used in a short preliminary series of experi-
ments on the hydropyrolysis of Forestburg subbituminous coal. Results from these experiments are discussed, along

with plans for future use of the unit.

*denotes speaker
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PRESENTATION 12

LE PROJET DE CANMET SUR L’'HYDROPYROLYSE DU CHARBON

A.J. Last et C.F. Peczeli
Fondation de recherche de I'Ontario, Mississauga

PL. Sears*
Centre canadien de la technologie des minéraux et de I'énergie
Energie, Mines et Ressources Canada

RESUME

La pyrolyse et I'hydropyrolyse du charbon sont considérées depuis longtemps comme de méthodes relativement
simples pour extraire des matiéres liquides du charbon. Pour étudier les procédés al'échelle de 1 kg/h, CANMET a fait
construire une installation d’hydropyrolyse a I'éclair, & la Fondation de recherche de 'Ontario, 4 Mississauga etony a
utilisé des charbons sous-bitumineux de Forestburg. La communication présente les résultats de ces expériences et
les projets visant I'utilisation future de l'installation.

*indique le conférencler
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THE CANMET COAL HYDROPYROLYSIS PROJECT

INTRODUCTION

Coal pyrolysis has been used for many years for the production of burnable gas, hydrocarbon liquids and coke. More
recently, much interest has been shown in rapid or flash pyrolysis of coals both in inert atmospheres and in hydrogen.
The latter process is usually known as hydropyrolysis. The influence of heating rate on the quantity and quality of
products from coal pyrolysis was studied in small-scale apparatus by Squires et al. (1,2) who used U.S. coals, and by
Stangeby and Sears in a similar study of Canadian coals (3,4).

The major reason for the slowness in development of flash hydropyrolysis of coal is probably the hydrogen pressure
required to achieve worthwhile improvement over straight pyrolysis. A minimum of about 7 MPa hydrogen pressure
has been found to be necessary, and this considerably complicates the engineering problems in developing a
commercial-scale process. However, if hydropyrolysis can provide a sufficiently attractive product slate, then it will be
of interest.

Coal flash pyrolysis processes have been developed up to commercial scale, most notably by Lurgiin Germany and by
Occidental and Tosco in the U.S.A. Both the Lurgi and Occidental processes use spent char as the heat carrier for
pyrolysis of fresh coal, while in the Tosco Toscoal process ceramic balls are used. Yields of volatile material from the
coal fed to these processes exceed significantly those expected from Fisher assays. All these processes are quite
usable, but interest in their application has waned considerably with the fall in oil prices in the early part of this decade.
This situation is unlikely to be permanent though, and when oil prices rise again interest in this type of process is likely
to be renewed.

Hydropyrolysis is very much less developed, with work so far restricted to relatively small-scale equipment. Amounts of
coal fed are now of the order of a few kilograms per hour, which falls far short of commercial-scale operation. In the
U.S.A., Rockwell International, Cities Service Co. and Brookhaven National Laboratory have ail worked on about this
scale for some years, but similar studies in Canada are only just beginning. Both CANMET and the Alberta Research
Council now have equipment similar in basic design to that at the Brookhaven National Laboratory.

The CANMET hydropyrolysis project was begun in 1980 when Kilborn Ltd. of Toronto undertook a contract that
involved the construction of a 1 kg/h coal flash hydropyrolysis unit. This unit is now complete and is being operated
under contract by Ontario Research Foundation personnel at the premises of O.R.F. in Mississauga.

A preliminary series of hydropyrolysis experiments using Forestburg subbituminous coal has been carried out, and in
the light of results from these experiments, procedures for operation of the unit and analysis of the products are being
revised in preparation for further work which will begin shortly.

OBJECTIVES

The primary objective of the program is to investigate the processing of Canadian coalis in this type of unit. The long-
term goal is to develop a process which could be used to skim off high-value liquid fuels from coals which are destined
for combustion. The opportunity to use a significant fraction of a bituminous coal as liquid fuel or chemical feedstock is
now lost when the raw coal is burnt in its entirety. Achievement of this objective is also dependent on the demonstration
of reliable burning in a furnace of the char resulting from the pyrolysis or hydropyrolysis process.

THE CANMET FLASH HYDROPYROLYSIS UNIT

The CANMET flash hydropyrolysis unit is based on a heated vertical tubular reactor at the top of which finely divided
coal enters and meets preheated hydrogen. Both the coal and the gas flow downwards in the reactor, and at the bottom
any solid material falls into a collecting chamber, while gases and vapours pass into a series of condensers. The coal
particles in the reactor are in free fall. Figure 1 shows a flow diagram of the unit.

Hydrogen is supplied from cylinders at 6000 psig, and led through pressure and flow regulators into a preheater.
Originally, a compressor was built into the system to permit purchase of hydrogen in regular cylinders. However, it
proved more practical to use hydrogen which is supplied at high pressure. A helium supply is available for flushing the
system.

The gas preheater is of the direct resistance type, where a large current is passed through the tube carrying the gas. In
the unit as originally constructed, the tube was heated by a conventional oven. but this proved ineffective and was
replaced. The direct resistance method requires the use of an electrical isolator in the line upstream of the heater.
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Coal is stored in a pressurized hopper at the top of the reactor tube, and is fed to the reactor by a motor-driven worm
feeder at the bottom of the hopper. The rate at which the coal is supplied by this feeder is not as stable as was hoped,
and this part of the system is being reconstructed. The bottom section of the hopper system is water cooled to avoid
excessive heating of the coal.

Coal fed into the reactor meets the hot hydrogen and flows with it down the reactor. This reactor has an I.D. of 32 mm
and a length of 3.7 m. Four ovens maintain the temperature of the top part of the reactor at the required value, which is
usually the same as the inlet gas temperature. The lower part of the reactor is not heated, and if necessary may be
cooled by passing cold gas through another tube coiled about it. This section of the reactor is used to lower the
temperature of the reactants and thus quench the reaction. At intervals down the reactor tube are sample ports to
permit sampling of the gas stream at intermediate stages in the reaction. This facility has not been used as yet.

At the bottom of the reactor the char trap collects solid material and the gaseous stream passes into a series of two
condensers. The first of these is water cooled and the second is maintained at —70°C by a liquid nitrogen cooling
system. These condensers are vertical tubes through which the gases flow from top to bottom, and condensed liquids
are collected in traps at the bottoms of each. The remaining gas is vented through a pressure control system and a
meter. Samples are taken for analysis.

Because of the dangers involved in the use of high temperatures and high-pressure hydrogen, the unit is equipped with
an emergency dump valve, through which the gas may rapidly be vented to the outside. The unitis enclosed in a room
which is closed to everyone while a run is in progress, and which is equipped with hydrogen sensors to detect leaks
and a ventilation system to remove any hydrogen which does escape.

OPERATION

After the inevitable commissioning problems the unit is now operating smoothly. In spite of the high pressure of gas
involved only one point in the system caused significant sealing problems. This was the junction between the low-
temperature condenser and its collection trap. On several occasions this junction leaked and subsequently reclosed,
leaving no trace of the source of the problem. It was finally realised that this part of the system must be fully cooled
before high pressure was applied, to avoid leaks caused by differential contraction of the junction.

In normal operation the feed hopper is loaded with coal, the unitis sealed and then pressurised with helium at 14 MPa.
A check is made for leaks, and any that are found are rectified. With a slow flow of helium through the system, the
reactor ovens are switched on and the reactor brought up to operating temperature. As the preheater has a very small
thermal mass, it is not necessary to switch it on until a few minutes before the start of the run.

When the reactor temperature is near the value required, the helium flow is replaced by hydrogen at the desired
flowrate, and the gas preheater is switched on. The temperatures of the reactor and preheater are then allowed to
equilibrate while the hydrogen clears the helium from the system. When the situation is stable the coal feeder is
switched on.

Two methods of measuring the gas flow are used: the pressure in the hydrogen cylinders and the corresponding time
are recorded at approximately six-minute intervals during the run, and the quantity of effiluent gas which has left the
system is simultaneously noted. A run is defined as the period from the beginning of feed of coal to the end of feed. A
mass flowmeter was also included in the hydrogen supply system, but this has so far proven unsatisfactory.

Several samples of effluent gas are taken during the run, but no other product can be collected until the run has ended
and the equipment has cooled. The high pressure must be released quite slowly to avoid the loss of volatile material
with the gas remaining in the system after the run.

Solid and liquid products are collected and weighed. Analysis of the solid char in the trap at the bottom of the reactor is
straightforward, but the liquid in the first condenser trap contains two phases which sometimes tend to form an
emulsion. This is not easy to separate. One phase is basically water and the second is a dark, foul-smelling liquid
which constitutes the bulk of the hydrocarbon liquid product. The second condenser trap contains a much lighter

organic liquid phase without any significant amount of water. The main constituents of this are benzene, toluene and
xylenes.

RESULTS AND DISCUSSION

To date, a total of fifteen successful runs have been carried out in the unit. Five of these were the commissioning runs
immediately following completion of the unit, and the rest were part of a preliminary contract for its operation, The
amount of information gained from each run increased as experience was gained. The primary purpose of the
commissioning runs was to achieve acceptable mass balance for the process, so little analytical information was
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recorded for these. For some of the preliminary contract runs, separation of the water and organic phases from the first
trap was not achieved, so the amounts of water and heavy organic material remain unknown. The amounts of lighter
aromatic compounds were determined.

Once the type and grind of coal to be used have been decided, four independent variables may be chosen for each run.
These are coal feed rate, gas feed rate, pressure and temperature. It is also possible to use different temperatures in
different parts of the system, e.g., preheater and main oven, but results from this type of run are of less interest. The
residence time of a coal particle in the reactor is dependent on the other variables. An estimate of this may be
calculated.

A series of runs were carried out, in each of which only one of the major variables was altered. Of these variables,
temperature and pressure could be controlled most accurately. The hydrogen flowrate was set to a value which was
calculated to give the desired particle residence time, and the coal feeder motor was driven at a speed which was
expected to give the required feedrate. The actual rate could be measured after the event with a fair degree of accuracy,
but setting it was only approximate.

The coal used in these experiments was Forestburg subbituminous. lts analysis and particle-size distribution are given
in Table 1.

Figure 2 shows the percentage weight loss of the coal on passage through the unit, as a function of temperature in the
range 490 to 800°C. Results from experiments carried out at 1000, 1250, 1500 and 1750 psig are shown. The data from
experiments at 1000 psig show a smooth curve rising from 15% at 490°C to an apparent maximum of approximately
50% at about 800°C. The effect of higher hydrogen pressure is clearly to increase the weight lost, but it may be seen
that the effectis not large and that the data do not permit a detailed assessment of the effect. No account is taken here
of the differing coal or hydrogen feedrates used in these experiments.

Figure 3 shows the percentage of carbon in the original coal which was detected as hydrocarbons in the gas product.
This shows that conversion of the coal carbon to gas increases both with temperature and with hydrogen pressure. The
dependence on pressure is shown more clearly in Figure 4, where the data for 800°C are plotted against pressure.

Significant amounts of carbon are converted to carbon oxides, which also appear in the gas analyses. The total
amounts of carbon converted to the oxides are shown in Figure 5. Here it is clear that this parameter has no very strong
relationship with either temperature or pressure in the 700 to 800°C range. At 490°C the amount of reaction was so
small that virtually no gaseous products were detected.

Yields of benzene, toluene and xylenes were measured for ten runs. These data were plotted against temperature in
Figure 6. The scatter in this diagram is quite bad, possibly because of the effects of variations in the flowrates of gas
and coal, both of which are not being taken into consideration. Nevertheless, it appears that the yields of BTX are
increased by increased pressure and temperature in this range. Significant quantities of naphthaiene are also
produced, as much as 2% of the coal carbon being converted to this material.

Products which were not adequately separated in this initial study were water and heavy hydrocarbons. From the four
runs in which a separation was achieved, indications are that the amount of heavier liquid organic material was from
about one to three times the amount of BTX. Separation and analysis of this material is the first objective of the next
series of experiments.

The amount of hydrogen in the inlet gas stream is much larger than the amount that reacts with the coal, so the
difference between the hydrogen flows in the inlet and outlet streams is relatively small. This makes determination of
the overall mass balance for the process somewhat difficult. However, the amount of hydrogen is much smaller than
the amounts of other elements, so errors in the hydrogen data are relatively unimportant. The mass of products
recovered lies in most cases in the range 95% to 102% of coal reacted. Since some hydrogen has been added, it is
clear that product material is being lost, but this is not a very large amount, and the resuits are quite consistent. There
are some indications that the problem is a loss of volatiie liquids during system shutdown, and it is hoped that this can
be rectified in the next experimental program.

Samples of char resulting from three of the runs were sent for petrographic analysis, with a sample of the original coal
for comparison. These runs were carried out using identical hydrogen and coal feedrates and the same hydrogen
pressure (1000 psig). The only variable was the temperature, which was 650, 750 and 800°C for the three runs.

Results from the petrographic analyses indicated that the maceral structures of the particles had been completely
changed, and that there was no unaitered coal at all. This indicates that the particles had been heated throughout
during their passage through the reactor. The small amounts of liptinite and inertinite present in the coal had been
completely destroyed, leaving just the huminite macerals. The huminite macerals were converted to vesicular
material, which was classified at the analysing laboratory into vesicular and high vesicular categories. It was noted that

235




the proportion of the latter rose markedly with reaction temperature. Reflectance measurements showed that the
mean reflectance of the coal rose on hydropyrolysis and rose further with increasing temperature.

The residence time of the coal particle in the reactor depends on all the reaction conditions except coal feedrate. A
figure can be calculated for a particle of any given diameter by assuming free fall in the moving gas in the reactor.
However, the coal used in these experiments was not of completely uniform size, and the smaller particles have longer
residence times, which results in more complete reaction for them. Particle-size analysis on the coal and chars
indicates that the smaller particles do indeed lose more material than do the large ones, thus becoming still smaller
and slower falling. This situation can result in complete disappearance of the smallest particles. Care is required in the
interpretation of calculated particle residence times.

CONCLUSIONS

The CANMET hydropyrolysis unit has shown itself to be a reliable piece of equipment which is quite straightforward to
operate. Problems remain to be solved, the major ones being product recovery and workup, but the unit may now be
run on aroutine basis. The results obtained so far are consistent with those from earlier small-scale work and show that
quite substantial yields of liquid products can be obtained. lt is important now to develop methods whereby the heavier
liguid products may be characterized, and then to optimize production of useful liquid while minimizing the amount of
hydrogen which is used in the formation of gaseous hydrocarbons.

High-volatile bituminous coals will be processed in the unit, as these may be expected to provide the best yields of
liguid products. This will require solutions to the problem of caking which can easily occur with these coals.

Finally, if conditions can be found which provide a good product slate, it will be necessary to develop a process for the
hydropyrolysis of larger quantities of coal. This will present new difficuities, a major one being the transfer of heat to
reactants in a large reactor vessel. This stage of development is still some way off.
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TABLE

Table 1 - Coal analysis

Component

Fixed carbon
Volatiles

Ash

Moisture

Carbon
Hydrogen
Oxygen
Nitrogen
Sulphur

Size range (um)

>297
210-297
177-210
149-177
105-149
<105

Weight per cent

48.14 mf

39.87 mf

11.99 mf
2.36

67.96 maf
4.91 maf
25.69 maf
1.19 maf
0.25 maf

Weight per cent

3.7
245
32.2
15.8
18.8

4.9

237




8ee

FIGURES

COOLING
JACKET

o
@_
i

VACUUM

P
VE%

HELIUM
CYLINDER
2000 psi

B

~~— ISOLATOR

+| —

COoAL
FEEDER

LP

VENT

SYMBOLS

Pl PRESSURE INDICATOR
PS PRESSURE SWITCH

PO PNEUMATIC OPERATED

SO SHUT OFF VALVE
SV SAMPLING VALVE
LP LOW PRESSURE

HP HIGH PRESSURE

=K MAN.OPER. GATE VALVE Lp
={3q= BALL VALVE VENT

=@ PRESSURE CONTROL VALVE

T 2. PRESSURE REDUCING
HEATER ‘ .ow
R ol | PRESS. RELIEF PO
] L CYLINDER —I<I- RUPTURE DISC
PREHEAT 1 ﬁ——w £ crecx e
"~
ONDENSER
v HEATER CONDENSERS
bt —— A
k= ouT out
'— sV > WATER > Low TEMP
COOLED
HEATER =(>E=‘
SV
L] L N7
1 1 sv
HEATER )
SV
L1 sV
Q=&>—:
coou.ws! 553
mmocen:'.; = ! % T ] I
S COOLIN REFRIG-
v WATER | ERANT IN =
IN g:
CHA ;
Ch A§ PRODUCT TAPS
HYDROGEN
CYLINDER FHP
6000 psi REACTOR

Fig. 1— CANMET and Ontario Research Foundation process flow diagram - flash hydropyrolysis pilot unit




6ee

PSR §

70 S R — o rne v 4 + —+ —4- —t
X 1000 psig
4+ 1250 psig
1 1500 psig
60 TA 1750 psin
! ]
3e
A
. 950 + o] f X &
tn X
g X
~ 40 | *
pe
9 X
» 30
=z
-
5 20 ]L
(5]
i X
10 +
!
0 -1———~ ----- B e i e e — +
450 500 550 600 50 700 750 800

Temperature °c

Fig. 2 — Coal weight loss, temperature dependence

850




ove

% Conversion

35

30

o n AV
o o o
U

[
o

0

T___m_...-__..-__-—.__-—._ —
X 1000 psig

i 4+ 1250 psig
i I 1500 psig
A 1750 esig

450 500 550

S N,

+
4
s B
1
A Cl
a +
X
X ¥ ]
1
{
e T e e s R -- + - -—--I-
600 650 700 750 800 850

Temperature OC

Fig. 3 — Coal carbon converted to hydrocarbon gas, temperature dependence




tve

% Conversion

35

30 |

25 1

20

15 |

10 §

800

1000 1200 1400 1600

Pressure, psig

Fig. 4 — Coal carbon converted to hydrocarbon gas, pressure dependence at 800°C

180C



cve

% Conversion

o1

1N

w

>

1 >K 1000 ps;ig o o B - i
4+ 1250 psig
0 1500 psig
T A 1750 p3ig 4
+
X
' g
A
+ a A X A 1
X &
X
T X 1
i il
+ 4
450 500 550 600 650 700 750 800

Temperature °c

Fig. § — Coal carbon converted to CO and CO,, temperature dependence

850



eve

% Conversion

12

Tx 1000 psts T T
11 ++ 1250 psig
0] 1509 pf}g
10 i A 17530 p3lg
9 |
8 1
7 1 A
6 |
5 1 A
W X
41
31
21
11
0 L R
600 650 700 780

Temperature °C

Fig. 6 — Coal carbon converted to BTX, temperature dependence

D

850






SESSION lll: PAPER 13

THE CHARACTERIZATION OF COAL LIQUEFACTION FEEDSTOCKS
AND RESIDUES BY PETROGRAPHIC ANALYSIS

B.D. Kybett, W. McDougall, V. Nambudiri and J. Potter*
. Coal Science Group, Energy Research Unit
University of Regina
Regina, Saskatchewan S4S OA2

ABSTRACT

Reflected light, optical microscopy has been used to study coal feedstocks and the solid products of coal/bitumen
coprocessing, spouted-bed pyrolysis, flash hydropyrolysis and low-temperature liquefaction. The coal feedstocks
were characterized by the maceral composition and the reflectance of the vitrinite/huminite components. The solid
products were characterized by the unaltered coal, altered coal, and highly altered coal constituents and the
bituminous components; they were further classified on the basis of optical character, as non-liquefiable (inerts,
semicoke, coke and char) and liquefiable products (coal-derived and bituminous solids). The effects of variable
operating conditions on the composition of the residues, were also demonstrated.

*denotes speaker
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PRESENTATION 13

DETERMINATION DES CARACTERISTIQUES DES MATIERES PREMIERES ET DES
RESIDUS SOLIDES DE LIQUEFACTION DU CHARBON PAR L’ANALYSE
PETROGRAPHIQUE

B.D. Kybett, W.M. McDougall, V. Nambudiri et J. Potter*
Groupe de recherche sur le charbon, Unité de recherche sur I'énergie
Université de Regina, Regina (Saskatchewan) S4S OA2

RESUME

Le Groupe de recherche sur le charbon a utilisé la microscopie optique & lumiére réfléchie pour étudier les matieres
premiéres et les produits solides dérivés du co-traitement du charbon et du bitume, de [a pyrolyse sur lit a jet, de
I'hydropyrolyse éclair et de la liquéfaction a basse température. Les matiéres premiéres ont été caractérisées par la
composition maceérale et la reflectance des composés vitrinite-huminite. Les produits solides ont été caractérisés par
le charbon non altéré, le charbon altéré et les composés de charbon trés altérés etles composés bitumineux; ils ont de
plus été classés d'aprés leur caractére optique comme produits non liquéfiables (matiére inerte, semi-coke, coke et
produits de carbonisation) et produits liquéfiables (dérivés du charbon et solides bitumineux). On a également
déemontré les effets de conditions de marche variables sur la composition des résidus.

*indique le conférencier
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THE CHARACTERIZATION OF COAL LIQUEFACTION FEEDSTOCKS
AND RESIDUES BY PETROGRAPHIC ANALYSIS

INTRODUCTION

The Coal Research Group at the University of Regina has used reflected light optical microscopy to study coal
feedstocks, product residues and distillation residues from coal conversion processes. These studies, which beganin
1980, have been largely funded by Energy, Mines and Resources Canada, through the CANMET coal liquefaction
program. Samples generated from a variety of ‘in-house’ studies at the Energy Research Laboratories, CANMET and
by numerous CANMET coal conversion contractors, have been examined and characterized during the course of this
work.

Standard terminology, (International Committee for Coal Petrology, 1.C.C.P.; 1965, 1975) is applied to the micro-
scopical components of a variety of coal feedstocks ranging from lignites to high-volatile bituminous coals. It was
necessary to develop terminology for the residue components which was both meaningful to coal conversion
technologists and applicable to various coal conversion processes ranging from low-temperature liquefaction to
pyrolysis, and from coal conversion to coal/oil and coal/bitumen coprocessing.

In this paper we would like to report on some of the petrographic characteristics of the Canadian coal feedstocks and
solid products from (1) flash hydropyrolysis; (2) spouted-bed pyrolysis; (3) liquefaction at low temperatures using long
residence times; and (4) coal/bitumen coprocessing using H,S/H,, that were investigated under DSS Contract No.
0SU83-00127 (Energy Research Unit, 1984). In doing so we would like to address the following applications of organic
petrography to coal conversion studies:

— variations in coai type and rank that affect the liquefaction potential

— variations in the characters of the solid residues that affect liquid yields (unaitered coal, partially
liquefied coal, coal char, semicoke and coke)

— identification of coal-derived and bitumen-derived solids in the residues from coal/bitumen coprocess-
ing
— the effects of variable operating conditions.

TERMINOLOGY

Coal feedstocks

Coal feedstocks are assessed according to coal rank and coal type. Rank determinations are based on vitrinite/
huminite reflectance (in this case Rg random) measurements, obtained by standard petrographic procedures
(1.C.C.P, 1965). Correlations between vitrinite reflectance and other rank parameters for high-rank coals have already
been made (van Krevelen, 1981) but reliable reiationships have not yet been established for low-rank coals. Nev-
ertheless, huminite reflectance is empioyed as an approximate rank indicator for coals of lignite and subbituminous
rank. It is particularly useful in coal liquefaction studies for measuring relative chemical differences between coal
macerals and their solid products.

Coal type refers to the petrographic composition of the coal which is expressed in terms of the relative abundance of
coal macerals. The International Committee for Coal Petrology recognises two classifications for coal macerals: one
for brown coals (lignites and subbituminous) and another for hard coals (bituminous). A simpiified, combined
classification and some of the optical properties are shown in Table 1. The dominant constituents of low-rank coals are
the huminites; these are reactive macerals which on geochemical maturation would normally become the vitrinites of
higher ranking coals. The liptinite group comprises very reactive macerals with high H/C ratios; they alter very
gradually during the coalification process and are the precursors of the exinite macerals in hard coals. Inertinites are
inert or semi-inert macerals which can exist in all ranks of coal. Inertinites is a petrographic term for macerals derived
by oxidation of vegetal materials; they are not necessarily chemically unreactive. Mineral matter is usually included in
coal-type analysis; this term applies only to identifiable crystalline, inorganic minerals that are inherent in the coal.
Some of the more common minerals are included in Table